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Many countries are now facing acute water scarcity problems and the impact of climate 
change is further worsening the water crisis. With the rapid increase in the world's 
population, the water demand is all set to increase further indicating that the water crisis is 
going to become even more severe in the future. Desalination is therefore going to play an 
increasingly significant role in solving the water crisis. There are several state-of-the-art 
desalination technologies however, all these technologies are capital and energy intensive 
processes making desalination either unaffordable or not a cost-effective option especially 
for large-scale irrigation purpose. Agriculture sector accounts 60 for 70% of the world's total 
water consumption and therefore water shortage could have a devastating consequence on 
the world's food security. Reverse osmosis (RO) process is currently the most energy 
efficient desalination technology however; it remains unaffordable to many societies in the 
world and certainly not for irrigation use. The high capital and operating costs associated 
with the RO technology are because of the need to operate the process at a high hydraulic 
pressure. 
Recently, there have been efforts to develop alternative desalination technologies that 
operate at low or no hydraulic pressure and potentially reduce the capital and operation 
costs. Forward osmosis (FO) process has emerged as one of the most promising candidates 
for desalination with a potential to consume much lower energy than the conventional 
processes depending on the types of applications. The FO process relies on the osmotic 
pressure difference across the semi-permeable membrane as the driving force to separate 
salt from the saline water sources instead of hydraulic pressure in the RO process. The 
osmotic driving force is generated by using a concentrated draw solution (DS) on one side of 
the osmotic membrane and feed solution (FS) or the impaired water such as saline water on 
the other side of the membrane. The water moves from the lower concentrated FS towards 
the higher concentrated DS by natural osmosis due to osmotic pressure difference without 
using any external energy. The DS finally becomes diluted but it cannot be used directly for 
potable purpose unless the draw solute is separated and removed from the pure water. A 
post-treatment process is essential for the FO process which could still require energy. 
Finding an ideal draw solute for FO process is therefore still a big challenge at the moment 
for potable water desalination.  
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FO is however found ideal when the presence of draw solutes adds value and as such the 
diluted DS can be applied directly without the need to separate the draw solutes from the 
water. Fertiliser drawn forward osmosis (FDFO) process is one of such application in which 
saltwater is converted into nutrient rich water for fertigation using fertiliser solution as DS. 
The FDFO process has been recently recognised and studied as one of the most practical 
applications of FO process for irrigation. Since the fertiliser is needed for the growth of the 
crops/plants, the question of separation of draw solutes from pure water does not arise 
unlike for the potable water purpose. 
In this study, the performance of recently developed polyamide thin film composite hollow 
fibre forward osmosis (HFFO) membrane module was assessed for the desalination of 
brackish groundwater for fertigation. Four different fertilisers were used as draw solution 
(DS) with real BGW from the Murray–Darling Basin in Australia. Membrane charge and its 
electrostatic interactions with ions played a significant role in the performance of the HFFO 
module using fertiliser as DS. Inorganic scaling occurred both on active layer and inside the 
support layer depending on the types of fertiliser DS used resulting in severe flux decline 
and this study therefore underscores the importance of selecting suitable fertilisers for the 
fertiliser drawn forward osmosis (FDFO) process. 
For the potable water purpose: the RO desalination plants consume significantly less energy 
than it was decades ago due to the efficient energy recovery devices and improved 
membrane materials, desalination still remains an energy-intensive process. Besides, the 
energy required for RO desalination has almost reached its thermodynamic limit and the 
remaining opportunities to further reduce its energy consumption will require additional 
processes which ultimately increase the total cost of the final water. Moreover, RO still 
suffers from severe membrane fouling; affecting its long-term performance and the cleaning 
of membranes not only has considerable environmental issue but also pose a significant 
plant downtime. Therefore, any novel low-cost desalination technology that could 
circumvent those issues will have significant impact in sustaining the water and energy 
sources. 
In the last decade, several hybrid FO systems (i.e. FO coupled with another process) have 
been developed for various applications, including mainly seawater and brackish water 
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desalination, wastewater treatment and both (i.e. simultaneously). For the latest, the hybrid 
FO-RO system has attracted increased attention since FO can be used as an advanced 
desalination pretreatment process to dilute the seawater and therefore moderate the 
energy requirement during RO desalination. Besides, the low salinity of most wastewaters 
makes them suitable candidates for this osmotic dilution. The main advantage of this hybrid 
process is that the FO process operates in the osmotic dilution mode (i.e. both the 
concentrated feed and diluted draw solutions are the target) which eliminates the energy 
associated with the DS recovery process. This hybrid process can be further extended if, 
after the RO process, the second FO process is used to further concentrate the wastewater 
which can be then used for agriculture applications (e.g. nutrient recovery) and, at the same 
time, dilute the RO brine for sustainable discharge. 
We investigated the possible underlying mechanism of the low fouling potential in the 
forward osmosis (FO) process during the osmotic dilution of seawater as part of the 
simultaneous desalination and wastewater reuse by FO and reverse osmosis hybrid system. 
Long-term experiments revealed an interesting water flux pattern highly dependent on the 
different operating parameters. The most interesting observation made was the 
spontaneous increase in the FO permeate flux at regular time interval during the FO 
operation using synthetic wastewater as feed and seawater. This sinusoidal FO flux pattern 
related well with the build-up of loose fouling layer and their natural peel-off from the 
membrane surface upon reaching certain layer thickness due to crossflow velocity shear. 
Moreover, influence of various operating conditions (DS concentration, FS pH, crossflow 
rates and pressure) on fouling behavior and cleaning efficiency were extensively evaluated. 
The synthetic wastewater (SWW) that simulates effluent organic matter and generally found 
in the biologically treated sewage effluent (BTSE) was used as FS. At higher FS pH the system 
attaints the maximum membrane-particle interaction by formations of the small aggregates 
that promote membrane fouling with lower cleaning efficiency. Different cross-flow rates 
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The United Nations estimates that the world population, which stood at 6.8 billion in 2009, 
has already crossed 7 billion in 2011 and is expected to reach about 9 billion by 2050 [1]. 
Therefore, one of the most crucial challenges of the 21st century is to meet the increasing 
demand for potable water and adequate food supply to meet this enormous population 
growth [2]. The current estimate is that more than one third of the world’s population lives 
in water-stressed countries and this figure may rise to nearly two thirds by 2025 [3]. Water 
shortages are exacerbated by the impact of climate change resulting in frequent drought 
and unpredictable rainfall events in many parts of the world, creating further uncertainty 
about water availability and food security [4, 5].  
In the face of climate change and the increasing global water crisis, the prospecy of scientific 
solutions playing a crucial role in solving water issues is increasing [6], including making 
water available from non-conventional sources such as saline water. One such area is 
through the application of membrane technologies for water purification [7]. The current 
generation of membrane technologies, particularly reverse osmosis (RO), has significantly 
improved the scope for the use of saline water and impaired wastewater effluent as an 
alternative source of water to augment fresh water or to reduce pressure on freshwater 
resources. Desalination technologies are therefore seen as a promising alternative in 
alleviating water scarcity in arid and densely populated regions of the world [3, 8]. 
While desalination for drinking water supplies has become part of the commonly adopted 
water management policies of many governments all over the world, desalination for large-
scale irrigation is rarely studied. In fact, a survey of literature on desalination for irrigation 
purpose indicates that desalination technology for irrigation is comparatively less studied 
than desalination for potable purposes. Desalination using currently available technologies 
such as distillation and RO is still seen as an energy intensive process and therefore not an 
economically viable option for large-scale irrigation purposes [9]. Depending on the cost of 
the power, energy accounts for 30 to 45% of the total cost of the final product water from a 
desalination plant [9]. Moreover, the economic competitiveness of the desalinated water 
for irrigation is normally compared against fresh water which is available at almost 
negligible cost from natural sources. Given dwindling freshwater supplies and the 
competition from other beneficial uses, desalination for irrigation could become a viable 
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option for irrigation of high value crops. However, when water, energy and environmental 
issues are interrelated [8], a desalination technology that consumes much lower energy is 
essential, especially for large scale irrigation purposes. Addressing global water scarcity 
problems therefore calls for extensive investment in research to identify robust and new 
methods of purifying water at lower energy and cost [10]. If low cost desalination 
technologies were made available, their impact on the agriculture sector would be 
significant for drought stricken countries like Australia where saline water is abundant in the 
form of seawater in coastal areas and brackish groundwater in inland areas.  
Recent efforts have focused on developing new desalination technologies that require much 
lower energy than conventional technologies such as RO. Forward osmosis (FO) is one such 
emerging technology that promises low energy consumption [8, 11, 12]. Unlike the RO 
process, which separates water from salt using a semi-permeable membrane at very high 
hydraulic pressure, FO separates saline water sources by simply using a concentration 
gradient. A highly concentrated draw solution (DS) that generates high osmotic pressure is 
used to draw water from a saline water source. Depending on the end-use of the product 
water, the diluted DS is usually further processed to separate and recover the draw solutes. 
Recent studies indicate that membrane fouling in the FO process is not as problematic as it 
is experienced in the RO process [13, 14]. 
 
Although the novel concept of FO desalination using a natural osmotic process was 
conceptualised as early as 1968 [15], it has not been advanced since mainly due to a lack of 
suitable FO membranes and draw solutes. The current asymmetrical membranes used for 
pressure based filtration result in concentration polarisation (CP) effects that severely 
decrease the net driving force or osmotic pressure between the two solutions and hence 
lower the water flux across the membrane significantly [16-19]. Several research 
breakthroughs have been reported recently in FO membrane fabrication, however, 
particularly with thin film composites, carbon nanotube and few other composite 
membranes [20, 21] that may provide lower CP effects [22-25]. These recent developments 
in FO membrane fabrication have significantly elevated research interest for the application 
of the FO process for various purposes.  
Challenges remain in finding a suitable draw solutes for the application of the FO 
desalination process for potable water. In the FO desalination process, water is extracted 
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using a highly concentrated DS however; the draw solute has to be separated once water is 
drawn from the saline water for reuse and recycling. The presence of draw solutes in the 
water is undesirable for human consumption. Separation and regeneration can be an 
energy-intensive process in an otherwise low energy process, and is one of the major 
limitations that prevents wider use of the FO process for drinking water applications [8, 26, 
27]. The success of FO desalination in the future, especially for drinking purposes, will 
largely rely on how easily and efficiently the DS can be separated and recovered from the 
desalinated water [28].  
Where the fate of the DS after desalination by the FO process is irrelevant, or when a DS is 
used that adds value to the product water, FO offers a promising scope of applications over 
RO desalination [27]. In such cases, the diluted DS can be used directly as is, and fresh draw 
solutes can be added to the system to create additional product, thereby avoiding the need 
for additional separation and recovery steps. Eliminating the draw solute separation and 
regeneration steps can save a significant energy cost in FO desalination technology [27]. This 
merit of the FO process has been exploited to provide a nutritious energy drink that uses 
sugar as the draw solute [16, 27] and for agriculture which uses fertilisers as the DS [29]. 
This process for nutrient-rich drinks has already been commercialised and used for life-
saving equipment in the boats or during emergencies such as natural calamities [16]. Other 
FO applications of non-potable purpose include the concentration of industrial wastewater 
[30], the concentration of anaerobic digester [31], sucrose concentration [32] and 
dewatering of press liquor derived from orange production [33], all of which have the 
potential to use seawater or RO concentrate as the DS without the need for a separation 
process. Recently, FO desalination has been investigated for drinking water augmentation 
using a hybrid FO system using seawater as the DS and impaired water as feed water [34]. 
Recently, the first commercial FO desalination plant with a capacity of 100 m3/day was built 
and operated in Oman since 2010 while another 200 m3/day was recently commissioned in 
the same country [35].  
The same advantage has been capitalised in the proposed fertiliser drawn forward osmosis 
(FDFO) desalination process based on the concept initially proposed by Moody and Kessler 
[29]. In this concept, fertiliser solutions are used as DS to extract water from the saline 
water sources by FO process. The novelty of FDFO desalination is that the diluted fertiliser 
DS, after desalination, can be directly used for fertigation (fertilised irrigation) because it 
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contains essential nutrients for plant growth. This avoids the need for the separation and 
regeneration of draw solutes and therefore represents an additional gain in terms of energy 
savings. The FO process is already a low energy technology and the avoidance of an 
additional separation and recovery process is another milestone in achieving irrigation 
water quality using much less energy. This would revolutionise the agricultural industry in 
arid regions such as much of Australia, where water scarcity is acute and there are no 
alternative sources of water for food production.  
For the potable water purpose, reverse osmosis (RO) is the most employed membrane 
process for desalination around the world. Although the RO desalination plants consume 
significantly less energy than it was decades ago due to the efficient energy recovery devices 
and improved membrane materials, desalination still remains an energy-intensive process 
[36, 37]. Dilution of saline water provides another method to reduce energy demand during 
RO desalination of highly saline water; dilution decreases the osmotic pressure that must be 
overcome to produce RO or NF permeate [38]. For the latest, the hybrid FO-RO system  has 
attracted increased attention since FO can be used as an advanced desalination 
pretreatment process to dilute the seawater and therefore moderate the energy 
requirement during RO desalination [34, 39-41]. 
1.2 Research motivation  
The following subsections outline the motivation behind this particular research.  
1.2.1 Water scarcity issues  
The fresh water resources of the world are depleting, while world population is deemed to 
increase every year. This calls for science and technology to play a significant role in solving 
water scarcity issues, which are becoming increasingly evident in many parts of the world. 
Desalination technology in particular is expected to play a crucial role in solving the water 
issues in the future, because it can provide additional new water from an unlimited saline 
source on the planet.  
1.2.2 Desalination as an alternative source of water  
Agriculture accounts for the highest water usage of up to 70% of the world’s total fresh 
water consumption [6]. As much as water is important for potable use, it is equally 
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important for food production to sustain the livelihoods of a rapidly growing population. In 
Australia, agricultural usage varies between 50% and 70% while household use, including 
sewerage and drainage, uses less than 30%, and industry the remaining 20% [42].  
As fresh water becomes more scarce, priority for the water supply usually goes first to 
domestic water supplies, while agriculture is a lower priority. For the same reason, most of 
the efforts in developing technologies for desalination currently remain focussed on 
domestic supplies and a few industrial applications, not on food production. If low cost 
desalination technologies could be made available, even a small saving of fresh water from 
agricultural water use might make substantial quantities of water available for other 
beneficial uses for communities and the environment [43]. The current cost of desalinated 
water is still comparatively higher than the cost of natural fresh water resources however; 
recently the cost of desalinated water has been falling gradually driven by the increased 
adoption of desalination technology and increased efficiency. This study is an initiative 
towards decreasing the energy consumption of desalination to increasing the prospects of 
desalination technology for high value food production.  
1.3 Objectives and scope of the research  
The main objective of this study is evaluating a suitable and practical application as a low 
energy desalination technology for irrigation and fresh water. The following are some of the 
specific objectives of this particular study:  
o Evaluate the performance of the commonly used fertilisers as draw solutes through 
bench-scale and semi pilot scale experiments using a thin film composite (TFC) 
hollow fibre and flat sheet FO membranes 
o Evaluate the FO-RO hybrid process for simultaneously seawater desalination and 
wastewater reclamation by using synthetic seawater as draw solution and synthetic 
wastewater as feed solution.  
o Investigate the FO performance over diluting seawater through wastewater reuse 




o Identify the impact of membrane fouling on membrane performance and cleaning 
efficiency during diluting seawater through wastewater reuse 
1.4 Structure of the Study (Thesis outline)  
This thesis consists of eight chapters with the background, research motivation, objectives 
and scope of the study included in Chapter 1 (Introduction).  
Chapter 2 presents a comprehensive literature review of the subject matter.  
Detailed explanations of the experimental investigations common to all the chapters are 
described in Chapter 3, while an experimental description of specific studies can be found in 
their respective chapters.  
Desalination of brackish groundwater for fertigation is elaborated in Chapter 4. 
Chapter 5 evaluates the performance of forward osmosis and reverse osmosis hybrid 
process for seawater desalination and wastewater treatment simultaneously. Also 
investigates the membrane self-cleaning phenomenon for first time in FO process also 
concerns how to improve the membrane self-cleaning efficiency during long term FO 
process in FO-RO hybrid system 
Chapter 6 evaluates the influence of process parameters on the forward osmosis 
performance over diluting seawater through wastewater reuse.  
Chapter 7 evaluates the influence of process parameters on the forward osmosis membrane 
fouling and cleaning over diluting seawater through wastewater reuse.  
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This chapter includes a brief review of literature relevant to the low energy desalination 
technology for irrigation and drinking water. It begins with a brief review of water scarcity, 
followed by wastewater treatment and desalination. The review identifies the critical roles 
of water desalination that play key role in solving water issues. The global warming and 
climate change caused the energy has been identified as an important factor to any new 
technology, which affects food security and water availability.  
Later in the review, the forward osmosis (FO) process and its different potential 
applications, including wastewater treatment and seawater desalination, are discussed. The 
detailed challenge of the FO desalination process is also covered.  
2.2 Global water scarcity 
Clean water is a scarce resource in many parts of the world and has been recognised as a 
critical global issue, 1/6 world’s population have lack access to safe water and 5,000 children 
die from waterborne disease every day [7, 44-46]. This gloomy fact is forcing water 
authorities to find the solution to produce drinking water in higher quantity, higher quality 
and at lower cost [47, 48].  
In fact, water and energy are closely linked together since the production of clean water is 
still an energy-intensive process [49, 50]. About 97% of the earth water is in the form of 
saline water and is not useful for direct human consumption and only about 0.5% of the 
total fresh water is available for human use [51].  
Even as clean water resources are limited, the demand for water supply is increasing each 
year; because of rapid population growth that has been cited as the main reason. The 
current world’s population (7 billion) will reach to 9 billion by 2050 (UN, 2009) with 
population growth mostly occurring in developing and under-developed countries. 
Therefore, lack of adequate access to clean water and sanitation is one of the most 
significant and challenging issues worldwide [52, 53].  
The issue of worldwide water problems is well known and well documented, and the 
problem is expected to grow worse in coming decades, especially in developing countries 
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where population is growing more rapidly and economies are expanding swiftly [52, 53]. 
The current estimate is that more than one third of the world’s population lives in water-
stressed countries, but that this figure may rise to nearly two thirds by 2025 [3]. Population 
growth brings increased demand for water supplies for drinking, food production and 
industrial needs. The increasing demands placed on the global water supply has put 
tremendous stress on our limited fresh water resources, thereby threatening biodiversity 
and the supply of water for food production and other vital human needs [54]. One of the 
most crucial challenges of the 21st century, therefore, is to meet the increasing demand for 
potable water and food supplies to cater for this enormous population growth [2]. The 
majority of these issues affect people living in the developing and underdeveloped regions 
of the world [55]. Climate change due to anthropogenic activities has created further 
uncertainty regarding water availability and food productivity by altering the global 
hydrological cycle [56].  
Agriculture consumes the largest share of fresh water resources of up to 70% in the world, 
and even more in the United States. For example, approximately 1,000 litres (L) of water are 
required to produce 1 kilogram (kg) of cereal grain, and 43,000 L to produce 1 kg of beef 
[55]. However, food availability may soon be limited by water availability and the optimum 
management of global water resources presents a crucial challenge [6]. 
The world population will continue to grow while fresh water resources may remain the 
same or simply decrease, with the latter most likely to be the prevailing scenario. To support 
the growing population and its economic needs, water demand must be met and this raises 
the prospect of scientific solutions playing a crucial role in meeting the increasing water 
demand [6]. This calls for an extensive research efforts to identify robust and new methods 
of purifying water using less energy and at lower cost, while at the same time minimising 
the environmental impact [52].  
Two major options are usually implemented to solve the increasing water crisis: 






Figure 2.1: Potential combination of wastewater reuse and seawater desalination to support 
potable water needs 
These options are briefly discussed below: 
2.3 Wastewater reuse 
The wastewater reuse involves capturing water directly from these non-traditional sources 
and restoring them to potable water quality [52, 57]. It has been acknowledged that 
wastewater reclamation and reuse is an efficient and valuable way to cope with water 
scarcity and the severity of water pollution [58]. However, the impaired water or 
wastewater contains a wide range of contaminants, including pathogenic micro-organisms 
which must be removed before the water can be used for potable purposes [7, 59].  
Decades of research effort have produced technological options that can produce treated 
wastewater of reusable quality including treatments using membrane processes. Although 
the significance of community acceptance for a successful water reuse program is widely 
acknowledged, there is still a lack of social research on understanding the basis of public 
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perceptions of water reuse and the psychological factors governing their decision making 
processes [60]. Nevertheless, treated wastewater has already been used for indirect potable 
reuse, such as being mixed with fresh water and ground water recharge [57] and non-
potable applications such as irrigation [59]. Tertiary effluent from a wastewater treatment 
plant can suitably be used for the irrigation of ornamental plant nurseries where the 
nutrient content in the effluent provides food for plant growth [61]. 
2.4 Desalination 
The concept of separating salt from water is an ancient one and dates back to a time when 
salt, not water, was a precious commodity [62]. Desalination is the only available option 
that can create new water from saline and impaired water sources which are otherwise 
unusable waters. Desalination is the process of converting saline water, such as seawater or 
brackish water, into potable or fresh water by removing the salt from the salt solution.  
Desalination was used for thousands of years by Greek sailors who boiled water to 
evaporate fresh water away from the salt, and Romans used clay filters to trap salt. On the 
basis of the development of desalination technologies, the past four decades can be divided 
into three phases [63]:  
 Discovery of desalination technologies (1950s)  
 Research on desalination technologies (1960s) 
 Commercialisation of desalination technologies (1970s-1980s) 
In the early 1970s, the industry began to concentrate on commercially viable desalination 
applications and processes, and the first reverse osmosis (RO) water treatment plant of 
significant size was constructed in the 1970s in Florida [63]. During the last three decades, 
there have been significant advances in membrane materials and RO desalination 
technology has greatly improved the cost effectiveness and performance capabilities of the 
processes. RO membrane processes are increasingly used worldwide to solve a variety of 
water treatment problems. The RO membrane technology is the most popular technology. 
Seawater desalination represents 60% of the globally installed desalination capacity [62, 64]. 
The RO desalination process continues to grow quickly because of advances in the 
technology, especially in the development of a more efficient and less expensive 
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membranes, and also due to significant reductions in the energy requirement compared to 
two or three decades ago [65]. In some countries such as the USA, Spain, Cyprus and Malta, 
the RO process is the only technology used for desalination [66]. 
2.5 Desalination for Agriculture 
Agriculture sector account for 70% of the world’s total water consumption [67] and 
therefore water shortage could have a devastating consequences on the world’s food 
security [68]. 
Water desalination is a well-established technology used mainly for drinking-water supply in 
water scarce regions. Irrigation with brackish water is a widespread practice in regions 
where freshwater is in acute shortage and where ample brackish water resources exist, but 
such practices have severe soil degradation consequences due to increased salinity and 
sodicity [69]. Desalination for agricultural irrigation will be an important contributor to 
satisfying growing water demands in water scarce regions [70].  
Desalinated water is more expensive than conventional water resources and is only 
affordable for high value crops, especially where subsidies on capital costs are provided 
[71]. The cost of desalinated water has been reported to be about 3.5 times higher than the 
cost of natural fresh water [72] and is an inhibiting factor in the application of desalination 
for large-scale irrigation. Based on the cost considerations, brackish water desalination is 
more suitable for agricultural production than seawater desalination [71]. However, with 
water demand expected to rise unabated in the future, competition for limited fresh water 
resources will also rise, driving up the cost of available fresh water resources. With more 
countries adopting desalination as a reliable option, technological improvements will 
decrease its cost significantly over time, the assumption being that desalinated water may 
eventually achieve near cost parity with available fresh water resources [73].  
As desalinated water is comparatively more expensive than the natural fresh water 
resources, irrigation with desalinated water will provide an incentive to improve water use 
efficiency, thereby driving a more innovative and efficient irrigation system in the market. 
Only 3% of the world’s total desalinated water in 2000 was used for irrigation, mostly in 
countries such as Spain [71, 74], the United Arab Emirates [75], and Israel. In these 
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countries, the integration of the national water carrier of the large desalination plants 
located along the Mediterranean coast ensures that large quantities of desalinated water 
are delivered to farmers for irrigation [69, 76].  
36 
 
Guidelines for evaluation of water quality for irrigation are given in Table 2.1 [77, 78]. 
Table 2.1: Guideline of water quality for irrigation  
Water parameter Symbol Unit Usual range in irrigation water 
SALINITY 
    
Salt Content 
    
Electrical Conductivity ECw dS/m 0 – 3 dS/m 
Total Dissolved Solids TDS mg/l 0 – 2000 mg/l 
Cations and Anions 
    
Calcium Ca++ me/l 0 – 20 me/l 
Magnesium Mg++ me/l 0 – 5 me/l 
Sodium Na+ me/l 0 – 40 me/l 
Carbonate CO--3 me/l 0 – .1 me/l 
Bicarbonate HCO3
- me/l 0 – 10 me/l 
Chloride Cl- me/l 0 – 30 me/l 
Sulphate SO4
-- me/l 0 – 20 me/l 
NUTRIENTS 
    
Nitrate-Nitrogen NO3-N mg/l 0 – 10 mg/l 
Ammonium-Nitrogen NH4-N mg/l 0 – 5 mg/l 
Phosphate-Phosphorus PO4-P mg/l 0 – 2 mg/l 
Potassium K+ mg/l 0 – 2 mg/l 
MISCELLANEOUS 
    
Boron B mg/l 0 – 2 mg/l 
Acid/Basicity pH 1–14 6.0 – 8.5 
 





2.6 Reverse osmosis process 
Reverse osmosis (RO) is a water purification technology that uses a semipermeable 
membrane to remove  molecules from drinking water. In reverse osmosis, an applied 
pressure is used to overcome osmotic pressure, a colligative property, that is driven 
by chemical potential differences of the solvent, a thermodynamic parameter. Reverse 
osmosis can remove many types of dissolved and suspended species from water, including 
bacteria, and is used in both industrial processes and the production of potable water. The 
result is that the solute is retained on the pressurized side of the membrane and the 
pure solvent is allowed to pass to the other side (Figure 2.2) [79].   
In the late 1950s, the work of Reid showed that cellulose acetate membranes were capable 
of separating salt from water by reverse osmosis, even though the water fluxes obtained 
were too small to be practical at that time [80-82]. RO became practical in the early 1960s 
after Loeb and Sourirajan developed a method for synthesising asymmetric cellulose acetate 
(CA) membranes that have relatively high water flux and salt rejection [83]. Since then, a 
new-generation of thin-film composite (TFC) membranes for the RO process have been 
developed that not only perform well in terms of water flux and salt rejection but also offer 
other advantages over CA RO membranes [84]. TFC membranes are resistant to wide ranges 
of pH and temperatures and even resistant to harsh chemical environments. Besides 
seawater and brackish water desalination, other modern applications of RO membranes 
include wastewater treatment, the production of ultrapure water, water softening, and food 
processing, as well as many others [85]. 
Recently, significant advancement has been made in the RO technology for desalination, 
particularly in terms of the properties. The salt rejection property of the RO membrane has 
increased seven-fold over the last 30 years and its water permeability has increased 
significantly. The current generation of RO membranes have high mechanical, biological and 
chemical strength and high fouling resistance. All these properties have contributed to more 
than tenfold reduction in the membrane cost per unit volume of water produced since 
1978. Today, the RO process is the most widely used desalination technology in the world 




Figure 2.2: Reverse osmosis process 
2.7 Forward osmosis process 
There is other way of making the water move through a semi-permeable membrane from 
the dissolved solution such as saline water at low or no hydraulic pressure and potentially 
reduce the capital and operation costs. Recently, forward osmosis (FO) has received 
increased interest as an emerging low-cost desalination technology. In the FO process, the 
draw and feed solutions are passed through a semipermeable membrane to promote 
freshwater transport across the membrane from the low-concentration to the high-
concentration solution [16, 87]. 
Because of the concentration gradient between the two solutions, the water from the saline 
water will move towards the concentrated solution by natural osmosis. FO process can be 
used for treating wastewater (Table 2.2). The FO process is in fact an engineered osmotic 
process in which an artificially high concentrated solution, termed a draw solution (DS), is 
used on one side of the semi-permeable membrane and the water to be treated is on the 
other side of the same membrane. Forward osmosis (FO) process has emerged as one of the 
most promising candidates for desalination with a potential to consume much lower energy 
than the conventional processes depending on the types of applications [88, 89]. Although 
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FO is based on the principle of osmosis, the term ‘forward osmosis’ (FO) has been probably 
coined to distinguish it from RO, which is the term that has generally used for the 
membrane desalination process for many decades. The semi-permeable membrane, usually 
made from polymeric materials, acts as a barrier that allows small molecules such as water 
to pass through while blocking larger molecules such as salts, sugars, starches, proteins, 
viruses, bacteria, and parasites [90]. 
Both the RO and FO processes use a semi-permeable membrane to separate water from 
dissolved solutes effectively, although their driving forces are different. The main difference 
between the two processes is that the driving force in the RO process is created by hydraulic 
pressure, while the driving force in the FO process is created by the concentration or 
osmotic gradient. 
Pressure-retarded osmosis (PRO) is a closely related process and it has been tested and 
evaluated since the 1960s as a potential process for power generation [16, 91-93]. PRO uses 
the osmotic pressure difference between seawater, or concentrated brine, and fresh water 
to pressurise the saline stream, thereby converting the osmotic pressure of seawater into a 
hydrostatic pressure that can be used to produce electricity. PRO is viewed as an 
intermediate process between FO and RO [16]; however, the net water flux is still in the 
direction of the concentrated draw solution (similar to FO). 
The general equation describing water transport in FO, RO, and PRO is given by the 
following equation [16]. 
Jw = A (σ∆π - ∆P) 
Where, Jw is the water flux, A is the water permeability constant of the membrane, σ is the 
reflection coefficient defined as the ratio between the negative solute-water 
phenomenological coefficient divided by the pure water permeability [94] and ΔP is the 
applied hydraulic pressure. 
The following conditions describe each process of the equation:  
For RO process, ΔP >Δπ  
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For FO process, ΔP=zero  
For PRO process, Δπ >ΔP 
Figure 2.3 describes the flux directions of the permeating water in the RO, FO and PRO 
processes, while the different points each describing the RO zone, point of FO process and 
PRO zone along with the flux reversal point are illustrated in Figure 2.3. The flux directions 
and driving forces for these three processes were characterised by Lee et al. [95] and are 
described later in greater detail.  
The main feature of the FO process is that the water transport across a semi-permeable 
membrane does not require hydraulic pressure, therefore the energy consumption is 
significantly less (compared to conventional desalination processes) [11, 96, 97]. Moreover, 
due to the absence of hydraulic pressure, the severity of the fouling problem in the FO 
process is also less likely to be a major issue, unlike the RO process in which fouling is often 
a major problem. Fouling in the FO process is observed to be physically reversible; hence, 
chemical cleaning may be only seldom required in the FO process [13, 31, 98]. Depending on 
the properties of the membranes used, FO offers similar advantages to RO desalination in 
processing the rejection of a wide range of contaminants and lower membrane-fouling 
propensities. In addition, for food and pharmaceutical processing, FO concentrates the feed 
streams without requiring high pressures or temperatures, which become detrimental to 
the quality of the solutions under treatment. Hence, there has been a growing interest in 
exploiting this natural process for various applications, particular for desalination, because it 





Figure 2.3: Principles of osmotic processes: forward osmosis (FO), pressure retarded 
osmosis (PRO) and reverse osmosis (RO). Adapted from [16] 
 
Figure 2.4: The direction and magnitude of water flux as a function of applied pressure in 
FO, PRO and RO [95]. Adapted from [16] 
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The FO process is based on the principles of the natural osmotic phenomena observed first 
by Nollet [101] and the mathematical expression of osmotic pressure later derived by Vant’t 
Hoff [102]. The osmotic pressure (π) of the ideal dilute solution is given by Van’t Hoff’s [102] 
equation shown below. 
π = nCRT (1) 
where n is the number of moles of solute in the solution, C is the solute molar 
concentration, R is the gas constant (R = 0.0821) and T is the absolute temperature of the 
solution. The standard water flux in the FO process is given by the following equation [103]. 
Jw = Aσ [π D  - π F] = Aσ∆π (2) 
where A is the pure water permeability (PWP) coefficient of the membrane, r is the 
reflection coefficient (usually considered to be unity for calculations assuming a perfect 
barrier to solutes), π D  and π F are the bulk osmotic pressures of the DS and the FS 
respectively and Dp is the net osmotic pressure or net osmotic gradient. In the FO process, 
∆π is the driving force that drives water across the membrane similar to the hydraulic 
pressure in the RO process. Eq. (2) therefore shows that the osmotic pressures of the DS and 
the FS are the major factors controlling water flux in the FO process. 
Eq. (2) is however valid only when the semipermeable membrane used is symmetric [103]. 
Most commercially available polymeric membranes, particular the salt rejecting membranes 
are asymmetric in design. They are composed of thick support layer on which a thin active 
layer is placed that is responsible for salt rejection. Other than providing mechanical 
support, the function of the support layer in separation process is in fact limited. While the 
presence of support layer does not affect the performance of any pressure based 
membrane processes, it has a significant influence on the FO process [16, 17, 103]. 
In the FO process, two independent solutions are present on each side of the membrane as 
opposed to only single solution in RO process and because of this process design, the FO 
process suffers from concentration polarization effects some of which are unique to FO 
process [16, 18, 104]. On the membrane surface facing the concentrated DS, the incoming 
water flux dilutes the DS immediately reducing the osmotic pressure at the membrane 
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surface. On the other side of the membrane facing the FS, the phenomenon is concentrative 
as the solute concentration on the membrane surface increases as water permeates 
towards the DS. Since the membrane used in FO process is asymmetric, these two CP 
phenomena can occur either on the membrane active layer or on the support layer 
depending on how the asymmetric membrane is oriented in FO process. The CP 
phenomenon that occurs on the surface of the membrane active layer is called as external 
CP or ECP and while the one that occurs within the membrane support layer is called as 
internal CP or ICP. These CP effects severely hamper the performance of the FO process [19, 
103, 105]. Because ICP occurs inside the membrane support layer, CP effect cannot be 
mitigated simply by improving hydrodynamic conditions as in ECP [17]. 
FO desalination is mainly operated with the membrane active layer facing the FS and the 
porous support layer facing the DS. This leads to dilutive ICP within the membrane support 
layer facing the DS and concentrative ECP at the active surface of the membrane facing FS. 
The model for dilutive ICP and concentrative ECP has been extensively discussed elsewhere 
[18, 103, 106]. Eq. (2) can be modified to take into account the dilutive ICP and 
concentrative ECP for FO process operated with support layer facing DS and active layer 
facing FS [106]: 
Jw =A[πD,b ƒ
(-Jw K) – πf,be
(-Jw/Kf)    (3) 
where K is the solute resistance to diffusion within the membrane support layer and kF is the 











  (5) 
where t, τ and ε are the thickness, tortuosity and porosity of the membrane support layer 
respectively, DD and DF are the diffusion coefficients of the draw and feed solutes 
respectively, S is the structural parameter of the membrane support layer, dh the hydraulic 
diameter and Sh the Sherwood number.  
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The first term in Eq. (3) refers to dilutive ICP as it occurs in the membrane support structure 
facing the DS and the negative term indicates that the phenomenon is dilutive in nature. 
The second term in Eq. (3) refers to concentrative ECP as it occurs on the membrane 
rejection layer facing FS. Although, osmotic process can occur in any of the membrane 
orientations, for clarity, the process is usually termed as FO mode if the active layer faces FS 
and support layer faces DS. However, when the FS faces the support layer and DS faces the 
active layer, the process is termed as pressure retarded osmosis or PRO mode. FO mode is a 
typical membrane orientation for any membrane separation process while the PRO mode of 
operation is usually applied for osmotic power generation [16,19]. 
The polymeric membranes are not an ideal membrane which cannot completely reject the 
solutes and therefore the solute transfer can occur on both sides of the membrane [107-
109]. The reverse diffusion of draw solutes towards the feed is measured in terms of reverse 
solute flux (RSF) and specific reverse solute flux (SRSF) while the forward rejection of feed 
solute is measured in terms of rejection rate similar to RO process. The RSF measures the 
amount of DS lost per unit area of membrane per unit time, while SRSF represents the ratio 
of RSF to the water flux (Jw) indicating the amount of DS lost per unit volume of water 
extracted by FO process. The term RSF has been commonly adopted because the diffusion 
of draw solutes occurs in reverse direction to water flux. Assessing RSF is important in FO 
process, as it not only indicates the loss of draw solutes that increases replenishment costs 
but it also could complicate the management of feed concentrate [20]. The solute flux of an 
individual solute (Js) through any semipermeable membranes is governed by concentration 
gradients between the two solutions and is commonly described using Fick’s law [110]: 
Js = B∆C = B(CD – CF)  (6) 
Where B is the solute permeability coefficient of the membrane, DC is the concentration 
gradient between the DS (CD) and FS (CF). Eq. (6) indicates that the ∆C between the DS and 
the FS could play a significant role on the RSF and the feed solute rejection in FO process. 
2.7.1 Draw solutions for FO process 
A draw solution (DS) is any aqueous solution which exhibits high osmotic pressure. In the FO 
process, the DS should provide sufficient driving force to cause a net flow of water through 
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the membrane and therefore form an integral part of the FO process. As the osmotic 
pressure of the DS is the driving force in the FO process, it is crucial to select an appropriate 
concentrated solution prior to any application [93]. A solute with small molecular weight 
combined with high water solubility can generate higher osmotic pressure and therefore 
can lead to higher water fluxes [97]. The performance of the FO process also depends on the 
selection of suitable draw solutes because it is the main driving force in this process. The 
draw solute must be highly soluble and must generate osmotic pressure that is much higher 
than the feed solution.  
Based on past and current studies of the FO process, it is clear that the selection of a 
suitable DS depends on many criteria. Before running bench scale experiments, an initial 
screening of DS is carried out. Thermodynamic modelling software can be useful for 
determining basic properties, such as water solubility, pH, speciation and osmotic pressure; 
these are important criteria that greatly affect FO process performance as discussed earlier. 
It is important to ensure that the DS is inert, of near neutral pH, stable and non-toxic, 
especially when FO is used for drinking water production [111]. Another important factor to 
assess is that the DS should not chemically or physically alter the membrane through 
reaction, adsorption, dissolution or fouling. Lastly, to ensure the economic viability of the 
process, the DS should not be expensive. Once this preliminary screening has been carried 
out, experiments can be conducted to assess DS performance in terms of water flux, reverse 
salt transport and water recovery – the three main parameters used to assess the 
performance of the FO process. Another important criterion in most FO applications is the 
separation and recovery of the DS after it has been diluted. This process should be able to 
reconcentrate and recover the DS at a low energy cost, otherwise full-scale implementation 
will not be financially viable compared to other pressure-driven processes that have already 
been commercialised [111].  
Finally, the FO process should be tested at full-scale with the selected DS, and a life cycle 
assessment should be conducted to ensure that each stage of the process (from the 




2.7.1.1  The properties of the draw solution  
Draw solution, providing the driving force for separation, is a key component for successful 
FO applications. In general, an appropriate draw solution for FO applications should 
generate high osmotic pressure, minimize reverse diffusion and be compatible with suitable 
re-concentration processes [93]. The first two properties of this list are of particular interest 
to the rejection of emerging organic contaminants in the FO process. 
Similar to the pressure-dependent water flux behaviour in pressure driven NF and RO 
membrane processes, an osmotic pressure generated by the draw solution also governs 
water permeate flux in an FO process. Water flux has been found to increase non-linearly 
with draw solution concentration (i.e., osmotic pressure) due to ICP [103]. This increase in 
water flux resulted in an increase in feed NaCl rejection [112]. NaCl rejection increases with 
increasing water flux due to the “dilution effect”, which is consistent with the “dilution 
effect” observed in pressure driven NF and RO processes [113]. In fact, Alturki et al. [114] 
observed an increase in rejection for most neutral emerging trace organic contaminants 
when they compared their rejections at two water fluxes using 0.5 and 2 M NaCl draw 
solutions. This result implies that the well-established diffusion-solution mechanism used in 
pressure driven RO membranes is also applicable to the transport of emerging organic 
contaminants in FO. 
Water flux is coupled to a reverse permeation of the draw solute through a non-ideal FO 
membrane (with less than 100% solute rejection). Recently, several studies have been 
conducted to understand this mechanism [85, 105] and to quantify this bi-directional mass 
transfer [108, 109, 115]. This reverse transport of draw solute significantly impacts solute – 
solute interaction in an FO process and thus influences the rejection of feed solute. Xie et al. 
[116] observed a lower adsorption of hydrophobic trace organic chemicals and thus a higher 
rejection in FO than that in RO. This has been attributed to a phenomenon termed 
“retarded forward diffusion”. This occurs when reverse permeation of the draw solute 
hinders forward diffusion of feed solutes, thereby increasing the rejection of feed solutes. A 
similar “retarded forward diffusion” phenomenon was reported by Kim et al. [117] when 
they examined boron rejection in FO using a set of draw solutions with different reverse 
draw solute fluxes. Alturki et al. [114] attributed notably higher rejection of neutral 
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emerging trace organic chemicals in FO than that in RO to the “retarded forward diffusion” 
effect. As a result, retarded forward diffusion could be evoked to assess the rejection of 
neutral feed solutes by measuring the reverse draw solute flux in an FO process. This effect 
also has an important implication in the selection of a draw solution as there could be a 
trade-off between the rejection of feed solute and the loss of draw solute. 
2.7.2 Concentration polarisation phenomenon in the FO process 
Earlier studies on the FO process using traditional salt-rejecting RO membranes showed that 
there was very low flux, even with a DS containing that contained very high osmotic 
pressure [6,14]. The lower than expected water flux is attributed to the modification of the 
solute concentrations at the boundary layer with the membrane surface, known as 
concentration polarisation (CP) effects (Figure 2.4) [12, 106, 107].  
CP is the dynamic accumulation of retained feed solids at the surface of a membrane due to 
the balance of convective transport toward the membrane and the rate of back diffusion 
away from the membrane [118]. Because of the asymmetric membrane design of FO 
membrane, two distinct CP phenomena occur depending on the orientation of the 
membrane to the two solutions during the FO process. The CP phenomenon that occurs 
within the support layer of the asymmetric membrane is termed an internal CP or ICP, and 
that which occurs on the active layer side of the membrane is termed an external CP or ECP 
[16]. Concentrative CP occurs only on the feed solution side of the membrane, while dilutive 
CP occurs on the DS side of the membrane [112]. The dilutive CP phenomenon is unique to 
the FO process, whereas the concentrative CP effects are similar to any pressure based 
membrane process.  
As described earlier, water transport through any membrane process is described by the 
following standard equation [16]:  
Jw  = A(σ∆π - ∆P)  (7) 
All the variables have been defined previously. For the FO process, ΔP is zero while for the 
RO process, ΔP > Δπ and for the PRO process, Δπ >ΔP. Therefore, the following standard 
equation applies for the water flux in the FO process:  
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Jw = A ∆π = A [ πD,b – π F,b ]   (8) 
where πD,b is the bulk osmotic pressure of the DS and πF,b is the bulk osmotic pressure of the 
FS. Eq. (8) predicts flux as a function of driving force only in the absence of concentrative or 
dilutive ECP, which may be valid only if the permeate flux is very low for very dilute solution. 
When flux rates are higher, this equation must be modified to include both the 
concentrative and dilutive CP effects.  
Determination of the concentration of the feed at the active layer surface is not easy, 
though it can be calculated from experimental data using boundary layer film theory [99]. 
For a rectangular channel, the Sherwood number has been found to be useful to derive the 
concentrative ECP [94, 99, 119].  
Sh = 1.85 (Re Sc 
𝑑ℎ
𝐿
 )   0.33 (for laminar flow)   
Sh =0.04 (Re) 0.75 (Sc)0.33 (for turbulent flow) 
where Re is the Reynolds number, Sc the Schmidt number, dh the hydraulic diameter and L 
the length of the channel. The mass transfer coefficient ‘k’ is related to the Sherwood 




  (10) 
where D is the diffusion coefficient of the feed solute. The concentrative ECP modulus is 






)    (11) 
Here, Jw represents the experimental water flux while πF,m and πF,b are the osmotic pressures 
of the FS at the membrane surface and the bulk solution, respectively. The exponential term 




The water flux model in the FO process in equation (7) does not consider the influence of 
the CP effects. By taking into consideration the modified boundary conditions due to CP 
effects, the water flux can be represented by the following:  
Jw = Aσ [ π D,m – π F,m ] (12) 
One of the major drawbacks of FO is the severe internal concentration polarization (ICP) in 
the porous membrane support [16]. The low FO flux can be attributed to ICP, i.e., either the 
accumulation/concentration of solutes from feed water or the dilution of draw solution in 
the porous support layer [95, 99]. Consequently, the effective driving force in an FO process 
is significantly lower than the apparent driving force [16].  
 
Figure 2.5: Concentration polarisation in an asymmetric membrane in: (a) Forward osmosis 
mode where an active layer faces FS and a support layer faces DS (concentrative ECP and 
dilutive ICP) and (b) pressure retarded osmosis mode where an active layer faces DS and a 
support layer faces FS (concentrative ICP and dilutive ECP). C: refers to the solute 
concentrations that generate osmotic pressure. Subscripts D, F, b and m refer to the DS, FS, 
bulk solution and membrane boundary layer respectively. Δπb refers to the net bulk osmotic 





Concentration polarization may affect membrane flux performance via several ways: 
 1. A severe concentration polarization of dissolved solutes can cause the osmotic pressure 
near the membrane surface to be significantly higher than that in the bulk solution, which 
results in a lower permeate flux. 
2. When there is a porous foulant cake layer on the membrane surface, the back diffusion of 
solutes can be further hindered by the unstirred cake layer [120, 121]. This can significantly 
enhance concentration polarization with dramatic flux loss.  
3. The foulant concentration near the membrane surface is higher than that in the bulk 
solution as a result of concentration polarization. At high membrane flux, an irreversible 
transition may occur where a new solid phase emerges [122, 123]. Increased colloidal 
concentration near membrane surface is also known to increase the rate of fouling. 
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Table 2.2: Summary of FO studies for wastewater treatment. 
Year Membran
e 
Operational conditions Performance Ref. 














solution (~ 6.2 
M NaCl) 
FO 7.4 N.A. 95 Final discharge in 





2005 CTA Synthetic 
wastewater 





95 Urea rejection of 51.3% [125] 
2005 CTA Synthetic 
wastewater 
1-1.7 M NaCl FO 0.8 N.A. N.A. Near complete rejection of 
urea 
[126] 







Initial of 1.2 M 
NaCl to 0.34 M 
NaCl 
FO 12.5 (initial) 
to 5.5 (end) 
N.A. 70 Rejection of estrone and 
estradiol up to 95% 
[127] 
2007 CTA Digested 
sludge 







N.A. 72 Rejections of ammonia, TKN 
e and orthophosphate were 
88.0, 89.1 and 99.8%, 
respectively 
[31] 
2009 CTA RO 
concentrate 
with 
0.9 M NaCl FO 12 (initial) to 
4 (end) 
 
N.A. 80 N.A. [128] 
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TDS d of 
7.5g/L 






FO 5.5 (initial) to 
3.5 (end) 
500 mg/L as 
TDS 
63 Rejection: diclofenac>99%, 
gemfibrozil>80%, 
naproxen>90%, and salicylic 
acid>72% 
[34] 














N.A. Moderate rejections for 
hydrophilic neutral 
compounds (44-95%), and 
hydrophobic neutral 
contaminants (48-92%); and 




2011 CTA MBR 
permeate 
0.5 M NaCl FO 7.5 (initial) to 
4 (end) 
N.A. N.A. Almost all contaminants 
were highly rejected 
[130] 






FO 13.8 N.A. N.A. Boron rejection of 40% [131] 
2012 CTA,TFC Synthetic 
wastewater 
2 M NaCl FO 11.8 and 
29.3, 
respectively 
N.A. N.A. Rejection: carbamazepine 




2012 CTA Synthetic 
wastewater 









2012 CTA Synthetic 
wastewater 










2012 CTA Synthetic 
wastewater 
2 M NaCl FO 14.4 14.5 
mg/m2h 
N.A. Boron rejection of 50% [117] 
2012 CTA Synthetic 
wastewater 
0.5 and 2 M 
NaCl 
FO 6 and 10, 
respectively 
4 and 8.5 
g/m2h, 
respectively 
50 Rejection of 13 charged 
compounds from 80 to 
100%; rejection of 27 
neutral compounds varied 
from 20 to 100% 
[114] 
2013 CTA, TFC Synthetic 
wastewater 






25 Rejection of charged 
contaminants above 90%, 
rejection of neutral 
contaminants varied from 
40 to 98% 
[134] 
2013 CTA Drilling 
wastewater 
1.3 M NaCl FO 15 (initial) to 
2.4 (end) 
N.A 80 All USEPA primary drinking 
water regulated 











FO 2.6 N.A. 64 Product water met the 
water quality standards for 
surface discharge in the 





2.8 Forward osmosis membrane fouling 
The FO fouling can be divided into four broad groups: (1) organic fouling, which is caused by 
macromolecular organic compounds such as alginate, protein, and natural organic matters 
[137]; (2) inorganic fouling, which is due to crystallization of sparingly soluble mineral salts 
when the salt concentration exceeds saturation; such as CaCO3, CaSO4, silicate, NaCl, 
calcium phosphate, etc. (3) biofouling, which involves bacteria deposition, attachment, and 
subsequent growth to form biofilm [55, 56]; and (4) colloidal fouling, which results from the 
deposition of colloidal particles [57, 58]. This review includes a literature review of these 
four kinds of FO fouling and influence of different parameter in FO fouling and the end will 
discuss about water flux recovery and membrane cleaning. 
 
 
Figure 2.5: membrane fouling 
2.8.1 Type of membrane fouling 
2.8.1.1 Organic fouling  
Organic fouling is the adsorption/deposition of dissolved organic matters on the membrane 
surface that related to the feed water employed. Wastewaters are comprised of effluent 
organic matter (EfOM), which includes both soluble microbial products and natural organic 
matter (NOM). NOM has been found to be a serious fouling agent in many membrane 
processes including FO [98, 137]. NOM can adsorb on the surface of the membrane through 
different mechanisms such as specific chemical affinity, and electrostatic and hydrophobic 
interactions [138]. NOM deposition can: (a) adsorb or deposit inside the pores of the 
membrane, either partial or complete blocking, so that water passageways are reduced; (b) 
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form a separate gel-like layer on the surface of the membrane, thus blocking the pores, and; 
(c) bind particles and NOM together forming a low permeability particle/NOM layer on the 
surface of the membrane [139].  
Organic foulants, such as sodium alginate or alginic acid, bovine serum albumin (BSA), 
Aldrich Humic Acid (AHA) have been used to test the severity of NOM fouling on FO 
membranes [19, 140-142]. Alginate relates to the hydrophilic fraction of EfOM, AHA 
represents humic acids and BSA the protein portion. Mi and co-workers have investigated 
flat sheet FO membrane fouling by model foulants such as protein, humic acid, and alginate 
[143-146]. Tang et al. [19] also reported the AHA fouling effect on ICP and flux decline [19]. 
These studies revealed that the organic fouling by protein, alginate and humic acid would 
significantly affect the FO membrane performance. 
Mi and Elimelech [141] observed a severe water flux decline at the early stage of filtration 
when the feedwater contained model organic foulants (i.e., alginate, humic acid and bovine 
serum albumin) at a high initial permeate flux. Similar observations were also reported by 
Tang et al. [19] and Zou et al. [147] who examined the fouling behaviour of humic acid and 
alginate as a function of initial permeate flux. In addition, direct microscopic observation of 
membrane fouling in FO also highlighted the effect of initial permeate flux on fouling 
behaviour. 
 Mi and Elimelech [141] found calcium ions to enhance alginate (humics) fouling, severely 
declining the flux, compared to alginate fouling in the absence of calcium ions. This humics–
calcium deposition on the membrane surface has been observed using RO brine [148], 
showing that calcium-binding enhances the intermolecular adhesion between foulants, 
increasing membrane fouling. The fouling behavior of HA is affected by the pH and ionic 
strength of the solution, concentration of monovalent and divalent ions, membrane surface 
properties and structure, and the operating conditions. The pH of a solution has significant 
effect on HA fouling. HA has a negative charge for a wide range of pH and its charge density 
increases at higher pH [149]. A study showed an increasing negative charge of the 
membrane surface at pH 4, which was attributed to the adsorption of HA, but the 
membrane became less negative when the concentration of calcium in the solution was 
increased [150]. The influence of different parameters such as pH, ionic strength and 
56 
 
divalent ion concentration on HA fouling was investigated. In a FO process the presence of 
divalent ions caused a higher reduction in water flux. The Ca2+ acted as a binding agent, 
which complexes with the negatively-charged carboxyl groups of HA, leading to the 
formation of bigger aggregates [150].  
2.8.1.2 Inorganic fouling 
Inorganic fouling is usually termed as scaling, being the deposition of precipitated hard 
minerals from the feed solution that involves both crystallization and transport mechanisms.  
Scaling of RO and FO membranes can occur when the concentration of sparingly soluble 
solutes such as silica, calcium sulfate, calcium carbonate and other salts in the feed water 
exceeds their solubility levels [144, 151]. As a result, precipitation of these salts may occur 
near or on the membrane surface, leading to severe membrane flux decline [11]. Scaling in 
membrane processes can be governed by one of the two different mechanisms: (1) 
heterogeneous or surface crystallization, during which crystals grow directly on membrane 
surface, and (2) homogeneous crystallization, where crystals are formed in the bulk solution 
and then deposit on membrane surface [152]. However, it was found in the previous study 
that variation in membrane materials/surface properties may alter the dominating scaling 
mechanism from homogeneous to heterogeneous crystallization [152]. The flat sheet 
membrane surface is usually negatively charged that enhance the absorption of divalent 
cations such as Ca2+ and Mg2+. Based on this, might contribute to surface (heterogeneous) 
crystallization, while neutrally charged FO hollow fiber facilitated more bulk (homogeneous) 
crystallization than surface crystallization (Figure 1) [153] . Gypsum scaling cannot be 
controlled by simple pH adjustments, and is also affected by the membrane material, i.e. 
heterogeneous/surface crystallisation on PA membranes causes severe flux decline [144]. 
Like all other membrane process, scaling is one of the major challenges that hinder the 
forward osmosis desalination process. However scaling was not observed on the FO 
membrane in an osmotic membrane bioreactor with synthetic wastewater as the feed 
[154]. 
Wang et al. [155] observed a dramatic increase in the amount of latex particles deposited 
onto the membrane surface when the initial permeate flux was greater than 28 L/m2h. 
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Silica is the most common inorganic salt in natural waters with low solubility in water that 
causes membrane scaling [156]. Open ocean seawater contains much less silica than 
brackish water.  Silica is generally found in water supplies in three different forms, namely, 
dissolved silica, colloidal silica and particulate silica [157]. Lay et al. (2010) employed a 
silicon dioxide nanoparticle as a model foulant and explained a slow flux decline 
phenomenon in FO [158]. Y. Wang et al. (2010) used a latex micro particle as a model 
foulant and observed the surface coverage of the FO membrane by latex particles [155]. The 
hydroxyl group in CTA could play a role in attracting the silica to the membrane surface 
while presence of magnesium, calcium and iron in sea water can facilitate the 
polymerization of silica [159, 160]. Polymerization of silica would be significantly accelerated 
by increased concentration of silica with the presence of calcium and magnesium [159]. 
Gypsum scaling was also able to form on the membrane during the FO process [144]. When 
activated sludge was used as the feed in an osmotic membrane bioreactor, both reversible 
and irreversible fouling were not found on the FO membrane under selected operational 
condition [13].  
The combined effects from the CTA membrane properties (containing hydroxyl group), SW 
properties (pH, salt content) and hydrodynamics of the FO process led to a rapid and 
prevailing formation of inorganic fouling on the surface of the FO membrane [160]. The 
membrane surface conditioning by organic foulant (such as, alginate and AHA) can greatly 
accelerated scaling. Such a difference suggests that the effect of organic conditioning on 
scaling may largely depend on the properties of the specific type of organic 
macromolecules. Therefore, it is important to identify properties that are responsible for 
causing more severe scaling [152].   
Also the interactions between organic macromolecules and inorganic calcium ions may play 
a very important role in the crystal formation of inorganic fouling on different membrane 
surfaces. Most likely the mechanisms underlying such interactions are also different [152].  
Gypsum scaling was also able to form on the membrane during the FO process, but was fully 
reversible by water rinsing [97]. The lack of hydraulic pressure in FO helps improve 




Figure 2.6. Schematic representation of the surface (heterogeneous) and bulk 
(homogeneous) crystallization mechanisms on flat sheet and hollow fiber membrane. 
2.8.1.3 Biofouling 
Biofouling or biological fouling is the accumulation and growth of microorganisms or algae 
on the membrane surface that affects the permeability of the membrane, leading to loss of 
productivity and other operational problems. Biofouling has been known as a contributing 
factor to more than 45% of all membrane fouling [161] and has been reported as a major 
problem in nanofiltration (NF) and reverse osmosis (RO) membrane filtration [162]. 
Biofouling is influenced by the feed water quality, membrane physicochemical properties 
and operating conditions. In an FO-MBR study biofouling did not affect the water 
permeability much, however the mass transfer coefficient was reduced severely, enhancing 
ICP [163]. In seawater FO membrane biofouling via transparent exo-polymer particles (TEP) 
can occur [137, 164]  . 
Zhang et al. [163] investigated the combined effect of membrane biofouling and inorganic 
scaling on the flux decline and the enhanced ICP. They found that the biofilm only decreased 
the overall water permeability marginally but severely reduced the mass transfer 
coefficient. In this FO process, the presence of combined structures of bacteria and 
extracellular polymeric substances (EPS) covered the membrane substrate surface and 
plugged the porous membrane support layer. As an additional part of the porous membrane 
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substrate of the FO membrane, the fouling layer would hinder the back diffusion of retained 
solutes in the porous support due to the tortuous paths within the biofilm layer [165]. 
Zhang et al.[166] shows that under high aeration, the membrane was only slightly fouled, 
while low aeration resulted in significant biofouling. As reported previously, FO membranes 
are designed to be smooth and hydrophilic [19], and there is no hydraulic pressure exerted 
on membrane, thus it is relatively resistant to fouling. However, when the membrane 
surface is covered with foulants, the organic matter and the attached microbes causes the 
membranes to become more hydrophobic and rough. If the shear force is not strong 
enough, the membrane can lose fouling resistance, and eventually becomes fouled. The 
diversity and richness of microbial communities as assessed by 16S gene pyrosequencing 
varied under high and low aeration. The composition of the bacterial communities in the 
suspended sludge and the sessile biomass on the membrane surface as assessed by NMDS 
plots was significantly different under high aeration but was more similar under low 
aeration. Phylogenetic information gained through pyrosequencing can reveal the 
contribution of the individual bacteria to membrane fouling and the characteristics of the 
biofilms formed on the membranes. 
Zou et al. [167] investigated the fouling behaviour of micro-algae as a function of initial 
permeate flux and observed significant deposition of algae when the initial permeate flux 
was above 10 L/m2h. 
In order to develop effective strategies for the control of biofouling, a more thorough 
understanding of the biofouling process is required. Many studies on biofouling in 
conventional MBRs have focused on visualization of cake morphology [168] and 
identification of bacterial community structure [169]. Pyrosequencing allows rapid 
characterization of microbial communities at great depth [170] as it can generate 400,000 
reads using multiplex barcoding. This technology has been widely applied to a variety of 
environmental samples, including marine water [171], soil [172] and the human body [173]. 
Pyrosequencing has been recently used to investigate the microbial diversity and ecosystem 
function of engineered environments. For example, pyrosequencing revealed clear 
geographical differences between activated sludge samples from Asia and North America 
[174]. Lim et al. [175] investigated biofouling in an MBR to determine how the microbial 
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community influences the fouling process. Pyrosequencing indicated that Enterobacter 
cancerogenus was a dominant community member of the biocake on the membrane.The 
authors report that this species had a preference for attachment and growth on the 
membrane due to its quorum sensing activity, which was closely associated with biofouling. 
Similar to biofilms in submerged MBRs, bacterial clusters and polysaccharides contribute to 
the biofouling in an FOMBR [176]. The biofilms in the FOMBR system have a slightly higher 
biomass biovolume, but slightly lower biovolume of polysaccharides. So there was no 
significant difference in the amount of biofoulants between the conventional MBR and 
FOMBR. Furthermore, in an MBR [177] biopolymers not only adsorbed to the membrane 
surface, but also entered the membrane pores and could not be removed by regular 
physical washing. However, the fouling layer on the FOMBR membranes was not tightly 
attached and was removed by immersion in water without any pressure after removal from 
the bioreactor. Therefore, the structure of the FOMBR biofilms was not significantly 
different from those in an MBR, but the removal of the fouling layer is much easier in the 
FOMBR compared to traditional MBRs. 
The National Aeronautics and Space Administration (NASA) of the United States has further 
proposed to implement FO in an algae photobioreactor that receives sewage for algae 
cultivation and subsequently biofuel production in a project named Offshore Membrane 
Enclosure for Growing Algae (OMEGA) [109, 178]. In this project, the semi-permeable FO 
membrane is used to retain algal biomass as well as the nutrients required for their growth, 
while the contaminant-free water is extracted through the FO membrane by the high 
osmotic pressure seawater. Since the primary objective of the OMEGA project is for algae 
biomass harvesting and naturally abundant seawater is used as draw solution, the difficult 
task of draw solution regeneration can be avoided. A significant challenge in FO applications 
is membrane fouling, algal bloom is usually linked to severe biofouling of pressure-driven 
membranes [179]. 
2.8.1.4 Colloidal fouling 
Colloids can be defined loosely as fine particles roughly in the size range of 1–1000 nm [180-
182]. Buffle and coworkers [181, 183, 184] have extensively studied colloids in natural 
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aquatic environments. These authors proposed that colloids in natural waters can be 
classified into rigid inorganic colloids and organic macromolecules.  
It appears that the majority of studies on RO and NF fouling by inorganic colloids were 
based on silica colloids. Additional inorganic colloids studied include ferric hydroxide [185], 
aluminium oxide [186], and calcium phosphate colloids [187]. Other colloids, such as organic 
latex particles [188], have also been used in fouling tests and their behavior is similar to 
typical inorganic colloids. These inorganic colloids and macromolecules are also frequently 
found as membrane foulants [189-193]. 
In addition to the naturally occurring colloids, some colloids may be formed during the 
pretreatment steps or during the membrane separation itself. For example, amorphous 
ferric hydroxide or aluminium hydroxide may be formed due to the use of ferric/aluminium 
based coagulants [194]. Similarly, Ning et al. [187] suggested that calcium phosphate 
colloids may be formed during wastewater reclamation by RO. 
In pressure-driven membrane systems, these fine particles have a strong tendency to foul 
the membranes, causing a significant loss in water permeability and often a deteriorated 
product water quality [195]. 
A more recent study investigated colloidal fouling in FO focusing on the role of reverse salt 
diffusion [196]. Similar to organic fouling, colloidal fouling induced elevated salt 
concentration near the membrane surface at feed side, primarily due to reverse salt flux 
from the draw to the feed side, which resulted in significant reduced water flux. However, in 
the absence of particle destabilization by increased salt concentration, the colloidal fouling 
layer was reversible upon increasing the crossflow rate [196]. 
As a means of advancing FO technologies, experimental research to elucidate intractable 
problems, particularly fouling, has been strongly conducted. For example, Lee et al. [98] 
introduced a comparison of organic and colloidal fouling between FO and RO processes and 
found that cake-enhanced osmotic pressure (CEOP) is a primary fouling mechanism in the 
FO process. In addition, it was also found that fouling in FO processes has a higher 
reversibility than for RO. And Boo et al. [196] experimentally studied the impact of reverse 
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draw solute diffusion on CEOP due to colloidal fouling; as a result of their studies, the 
reverse draw solute permeation could encourage salinity-rich environments in the vicinity of 
the cake layer and accelerate the destabilization of colloidal particles. Moreover, it is 
expected that this destabilization would induce a lower reversibility of colloidal fouling. 
Colloidal fouling adversely influences the amount of permeate flux by enhancing the 
hydraulic resistance and impeding solute diffusion within the cake layer [120, 195, 197]. In 
general, the hydraulic resistance enhanced by the cake layer can be described by the 
Kozeny–Carman equation [198]. 
Park et al. [199] investigated a numerical model for calculating the flux decline due to 
colloidal fouling. That shows, foulant concentration and permeate flux play crucial roles in 
determining the rate of flux decline due to colloidal fouling because convective flux 
increases the foulant deposition. Based on the accuracy of the developed model, it was 
confirmed that the amount of deposited foulant is proportional to the foulant concentration 
of the feed solution and the permeate flux. Also the effects of reverse draw solute diffusion 
were not significant in the flux decline, even when CEOP is the dominant mechanism for the 
flux decline and the characteristics of the draw solute such as diffusivity and interaction 
force may be more important in determining the rate of flux decline due to colloidal fouling. 
Kim et al. [200] showed, in colloidal fouling, the high salt concentrate on near the 
membrane surface, particularly caused by the reverse diffusion of draw salt, made silica 
colloids very unstable in the alkaline solution, which decreased particle–particle interaction 
and enhanced silica particle deposition on the membrane surface [196, 201, 202]. 
Regardless of feed solution pH, however, the colloidal fouling layer was readily removed by 
simple physical cleaning as with the single organic fouling. 
The fouling layer hindered the diffusion of feed TrOC solute back to the bulk solution, 
resulting in an elevated concentration of feed TrOC solute within the stagnant compact 
fouling layer [120]. Consequently, the cake-enhanced concentration polarisation led to an 
elevated concentration gradient of feed TrOC across the membrane, and hence, a lower 
rejection. In fact, a similar decrease in TrOC rejection was also observed in NF and RO 
filtration. Nghiem et al. [203] attributed the decrease in rejection of bisphenol A by a humic 
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acid fouled membrane to cake-enhanced concentration polarisation. Vogel et al. [204] 
proposed cake-enhanced concentration polarisation to be responsible for the dramatic 
decrease in rejection of sulfamethoxazole, ibuprofen and carbamazepine by a colloidal 
particle fouled membrane. 
Xie et al. [205] indicate that the initial permeate water flux has a significant impact on the 
fouling behaviour and TrOC rejection in the FO process. Fouling behaviours of humic acid 
and colloidal particles were markedly different at initial permeate fluxes of 9 and 20 L/m2 h. 
Water flux decline was relatively insignificant for fouling at the low initial permeate flux of 9 
L/m2h, whereas substantial decrease in water flux was observed for fouling at high initial 
permeate flux (20 L/m2h). More importantly, the water flux recovery after physical cleaning 
of the fouled membrane was consistently higher for fouling runs at the lower initial 
permeate flux value (9 L/m2 h) than that at 20 L/m2 h. Thus, it is hypothesized that the 
fouling layer structure transitioned from a fluid-like loose layer at an initial water flux of 9 
L/m2 h to a stagnant compact layer at an initial permeate flx of 20 L/m2h. As a result, a fluid-
like loose layer that was formed at initial permeate flux of 9 L/m2 h caused pore blockage 
and thus enhanced steric hindrance, thereby leading to an increase in TrOC rejection. By 
contrast, the cohesive and compact fouling layer that was formed at an initial permeate flux 
of 20 L/m2h exacerbated cake-enhanced concentration polarisation and resulted in a 
decrease in TrOC rejection. 
2.8.1.5 Combined fouling 
In real-world situations, different types of foulants almost always coexist in natural waters. 
In addition to organic fouling by the prevalent natural organic matters, gypsum scaling is 
also possible due to membrane permeation-induced supersaturation of calcium and sulfate 
ions, which are common in ground or brackish water. Therefore, membranes are most likely 
fouled by different foulants simultaneously. The individual fouling behaviors alone are 
already very complex. The co-existence of organic foulants and sparingly soluble inorganic 
minerals may lead to even more complicated, unique fouling behavior in membrane 
processes. Fouling studies on RO membranes have demonstrated that, compared to fouling 
by individual foulants, combined fouling often exhibits dramatically different behavior and 
involves different mechanisms [206-209]. Different organic foulants could interfere with 
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each other or one foulant affects the interactions between another foulant and membrane 
surface. On the other hand, organic fouling could also be affected by other types of foulants. 
For instance, it has been shown that the presence of inorganic calcium ions may accelerate 
organic fouling by bridging organic molecules to form a network structure in pressure-driven 
membrane processes [210-214]. 
 A combined fouling experiment was then conducted with both sodium alginate and gypsum 
in the feed solution to study whether a synergistic effect exists between the two different 
types of fouling [140]. When both alginate and gypsum are present in FO membrane 
process, a rapid flux decline occurs even at the beginning of the fouling experiment. In 
contrast, superposition of the flux decline curves associated with individual foulants leads to 
a much slower initial decline. The faster initial flux decline in the combined fouling 
experiment clearly indicates that a synergistic effect exists between alginate fouling and 
gypsum scaling. That is, the effect of the co-existence of these two types of foulants on flux 
decline is greater than the algebraic sum of their individual effects. Accordingly, it is 
important to understand mechanisms that underlie the synergistic effect in order to develop 
future effective strategies for controlling the combined fouling [140]. 
Analysis of flux decline results and SEM images indicate that alginate molecules act as large 
nuclei in gypsum crystal growth, thus significantly increasing the size of gypsum crystal and 
shortening the initiation time for crystallization. It is also revealed that the dominating 
scaling mechanism switches from bulk crystallization (in the absence of alginate) to surface/ 
heterogeneous crystallization (in the presence of alginate). In the combined gypsum and 
alginate fouling, alginate molecules are first absorbed onto membrane surface, and then 
used as nuclei for heterogeneous crystallization, resulting in a combined network of gypsum 
crystal and alginate gel [140]. 
Kim et al. [200] Fouling experiments with combined organic–colloidal foulants were carried 
out to elucidate FO fouling behavior under various solution chemistries. Specifically, 
combined fouling behavior was examined with a mixture of alginate and silica colloids to 
study whether synergistic effects exist between these different types of foulants [200]. 
Overall, when both alginate and silica colloids were present in the feed solution, a rapid flux 
decline occurred, even at the very beginning of the fouling runs [200]. The rapid flux decline 
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for combined fouling suggests synergistic effects between organic and colloidal fouling [140, 
206, 207]. In other words, the effect of the co-existence of these two types of foulants on 
flux decline was greater than the algebraic sum of their individual effects [140]. 
Despite its importance, there are only limited works that discuss combined fouling, both in 
reverse osmosis (RO) and FO processes. Combined organic-organic [215-218] and organic-
inorganic [186, 219] fouling had been investigated in RO systems. The findings indicated that 
membrane performance could be greatly affected by a synergistic effect between foulants. 
BSA-lisozyme, BSA-alginate and humic acid-aluminum oxide aggregates could synergistically 
enhance fouling of RO membranes [186, 216-218]. On the contrary, Higgin et al., [219] 
reported that specific interactions between alginic acid and silica could mitigate fouling. Li et 
al., [157] used natural seawater as feed and suggested that fouling of FO flat sheet 
membrane could be promoted by reaction between dissolved silica and natural organic 
matter. Further to this finding, a more recent work reported that the FO flux decline of feed 
containing a mixture of small and large silica nanoparticles was more prominent than the 
flux drop of a monodisperse colloidal suspension [196]. Arkhangelsky et al. [220] showed 
that membrane fouling was governed by synergistic effect of foulants present in the system. 
2.8.2  Factors affecting FO fouling 
The structure and thickness of the fouling layer are the main factors controlling the flux 
decline behavior during FO fouling [98]. The structure of the FO fouling layer is affected by 
both chemical parameters such as; pH, ionic strength, and divalent cations and physical 
parameters such as; initial permeate flux, cross-flow velocity, and applied pressure during 
FO fouling [221, 222].  
FO fouling studies in terms of the effect of solution chemistries revealed that feed solution 
(FS) pH and divalent cations noticeably affect membrane fouling behavior [186, 223, 224]. 
These factors significantly affect natural organic matter (NOM) fouling [150, 211]. Functional 
groups of organic matters such as carboxyl (−COOH) and phenolic groups (−OH) are affected 
by the feed water pH and divalent cation concentration. Organic fouling is usually 
accelerated with decreasing pH and increasing divalent cation concentration [206, 225]. The 
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accumulate organic matters on the membrane surface enhance the foulant–membrane and 
foulant–foulant interactions [150, 211].  
Furthermore, hydrodynamic condition is a crucial factor during FO fouling formation as it 
affects membrane fouling extent and rate for example the structure of FO fouling layer 
significantly affected by applied pressure [98, 143, 147, 157, 205].  
Also it was revealed that surface characteristics such as functional groups, roughness, 
surface charge, hydrophobicity and heterogeneity of the FO membrane surface are 
important factors that affect membrane fouling rate and extent [98, 142, 205, 226]. 
Mi and Elimelech [141], studied on the effect on initial flux on fouling of BSA, AHA and 
alginate. Since membrane orientation shows no influence on flux decline with alginate, they 
conclude that hydrodynamic interactions do not play a dominant role in alginate fouling. 
Instead, chemical interactions (calcium binding) play a more important role. Calcium binding 
results in a highly structured gel layer which is relatively unaffected by changes in 
hydrodynamic conditions, for BSA and AHA, however, the calcium-binding effects are less 
significant, and the influence of hydrodynamic interactions becomes more important [141]. 
In PRO mode, the absence of cross-flow within the membrane porous support layer 
prevents shear force as a mechanism to drive foulant away from the membrane. Therefore, 
fouling with BSA and AHA is more severe in the PRO mode than in the FO mode. The marked 
flux decline with AHA in the PRO mode is attributed to cake layer formation due to lack of 
shear force as well as hindered back diffusion of AHA aggregates in the porous structure 
[141].  
2.8.2.1 Physical factors 
The effect of physical parameters such as flux level, membrane orientation, and cross flow 
velocity on FO fouling is reported in this section. 
2.8.2.1.1 DS concentration 
As FO is an osmotically driven membrane process, the DS concentration plays a critical role 
in FO performance [19, 227].  
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Wang et al. [155] have selected four different DS concentration (0.5, 2.0, 3.0, and 4.0 M) to 
study the effect of DS concentration on FO membrane fouling [155]. They observed, the 
foulant deposition on the FO membrane was nearly negligible for a 0.5 M DS, during FO 
fouling and significantly higher surface coverage by latex particles was observed for a 3.0 M 
DS. That shows the draw solution concentration played a critical role in FO fouling [155]. 
Corresponding to the dramatic particle deposition at higher DS concentrations, the flux 
decline was also more severe for the 3 and 4 M DS. Similar effect of draw solution 
concentration has been previously reported by Tang and co-workers [19] for FO membranes 
fouled by humic acid, who observed that the flux reduction was much more severe for more 
concentrated draw solutions. The greater fouling propensity at higher DS concentrations 
may be explained by the higher flux levels as a result of increased FO driving force. For 
pressure-driven membrane processes, it is well-known that elevated flux levels inevitably 
lead to severe permeability loss [149, 228]. In contrast, fouling is minimal when flux is below 
some threshold values a phenomenon known as the critical flux behavior [149, 228]. The 
surface coverage is plotted against the initial FO flux [155]. The accurate determination of 
the FO critical flux requires further clarification of the draw solution concentration [155]. 31 
Higher DS concentration leads to more membrane foulant deposition that generally 
accompany with more severe flux loss. Also the additional flux loss is more moderate 
compared to severe initial flux loss [167]. This might be partially attributed to the reduction 
in ICP level as a result of the reduced flux, which tends to compensate for the flux loss [19].  
Zou et al. [19] have observed a critical flux behavior for FO with negligible to moderate 
fouling at low flux and a more severe flux decline at higher flux [19]. For pressure driven 
membranes, the critical flux behavior arises from the greater convective transport towards 
the membrane, the increased drag force on foulant particles, and the increased 
concentration polarization of the foulant particles near the membrane surface at higher flux 
[195, 228]. Since these mechanisms are also applicable in FO/PRO fouling [19, 147, 155]. 
One may further associate the critical flux with a new term ‘‘critical DS concentration’’ [229, 




The higher DS concentration leads to higher reverse draw solute flux as it is a direct function 
of concentration gradient (DC) and the rate of scale formation at the membrane surface also 
increases, resulting in more severe flux decline [100, 109, 196, 231].  
2.8.2.1.2 Initial permeate flux 
Initial permeate water flux could alter the structure of the fouling layer and thus result in 
notably different fouling behaviour in the FO process. 
The fouling layer at low initial permeat flux is less cohesive compact than that at the higher 
flux [205]. Also Kim and Hoek [232] concluded that the structure of any colloidal fouling 
layer was highly dependent on the initial permeate flux. In a later study, Chen et al. [233] 
simulated the transition of a colloidal fouling layer from fluid-like to solid-like structure 
when the initial permeate flux increased.  
The initial flux plays a vital role in fouling. A high initial flux would increase the extent of 
fouling and the rate of fouling. In addition, the effects of initial flux are more significant than 
the reverse salt flux in pressurized PRO processes. Since the initial flux reduces much faster 
than the increment of reverse salt flux, membranes used in pressurized PRO processes for 
osmotic power generation may have lower fouling tendency [234]. 
Mi and Elimelech [141] observed a severe water flux decline at the early stage of filtration 
when the feedwater contained model organic foulants at a high initial permeate flux. Similar 
observations were also reported by Tang et al. [19] and Zou et al. [147] who examined the 
fouling behaviour of humic acid and alginate as a function of initial permeate flux. In 
addition, direct microscopic observation of membrane fouling in FO also highlighted the 
effect of initial permeate flux on fouling behaviour. Wang et al. [155] observed a dramatic 
increase in the amount of latex particles deposited onto the membrane surface when the 
initial permeate flux was greater than 28 L/m2h. Zou et al. [167] investigated the fouling 
behaviour of micro-algae as a function of initial permeate flux and observed significant 
deposition of algae when the initial permeate flux was above 10 L/m2h.  
Clearly, the flux loss due to fouling was more severe at higher flux levels. Similar results have 
been reported previously for pressure-driven membrane processes [149, 150]. Tang and 
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coworkers [149, 235] observed drastic flux loss of RO and NF membranes due to humic acid 
fouling at high initial flux conditions, which was attributed to the greater hydrodynamic drag 
force for promoting foulant deposition. Similarly, Field et al. [236] suggested that there 
exists a critical flux below which significant fouling does not occur for pressure-driven 
membranes. 
Xie et al. [205], were investigated the role of initial permeat flux on impact of organic and 
colloidal fouling on trace organic contaminate rejection by forward osmosis. They found 
that Different initial permeate flux values resulted in notably different water flux decline for 
humic acid and colloidal particles [205]. The water flux decline was relatively small at the 
low initial permeate flux (9 L/m2h) for both humic acid and colloidal particles, with 
normalized water fluxes (Jw/Jw,0) for humic acid and colloidal particles at the conclusion of 
the fouling experiments attaining values of 0.89 and 0.81, respectively. Also the fouling layer 
at low initial permeat flux was much less cohesive compact that at higher flux that resulted 
notably higher recovery [205].  
Zou et al. [147] have observed further increase in the initial flux resulted in severe flux 
reduction with respect to the baseline, which might be explained by the greater permeate 
drag force experienced by the foulant at increased flux [228, 235]. Similar flux-dependence 
of membrane fouling has been well documented for pressure driven membranes [228], and 
has also been previously reported for the concentration driven FO membrane [19, 141]. 
Indeed, the current study may suggest that the critical flux concept, which was originally 
developed for pressure driven membranes and which states that significant membrane 
fouling occurs only if the flux is above some critical value may also be applicable to the 
concentration driven FO membrane [228].  
Xie et al. [205] have observed two distinct stages of water flux decline could be seen for 
both humic acid and colloidal fouling at the high initial water flux. Water flux decreased 
significantly during the first ten hours of filtration for humic acid [205]. This severe water 
flux was initiated by adsorption of humic acid to the membrane surface, followed by a 
continuous build-up of a cohesive and compact humic acid fouling layer [203, 237]. Similarly, 
water flux decreased dramatically to 12 L/m2h within three hours for colloidal fouling. 
Similar water flux behaviour has been reported by Boo et al. [196] who examined silica 
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fouling in FO and ascribed it to formation of a cohesive silica fouling layer on the membrane 
surface. We hypothesize that foulants accumulated on the membrane surface transitioned 
from a fluid-like, sparse, loose fouling layer at low initial permeate flux to a more compact 
and cohesive fouling layer at high initial permeate flux [238].  
2.8.2.1.3 Cross flow velocity 
Cross-flow velocity greatly affects the water flux behavior and membrane fouling in the FO 
process [98, 144, 157, 239]. Higher crossflow velocity provided greater shear stress and 
vortex, that not only inhibiting the formation of a fouling layer on the membrane surface 
but also reduced ECP on both sides of the membrane by enhancing the back diffusion and 
convection of salts from the surface of the membrane or fouling layer to the bulk feed or DS 
[157]. On the other hand, the formation of fouling layer on the membrane is more severe 
with low crossflow velocity [157].  
Lee et al. [98] reported that flux decline in FO process can be reduced significantly by 
increasing the crossflow velocity. When the crossflow velocity was increased from 8.5 to 
about 34.2 cm.s−1, they found that the FO flux was improved significantly and stable over 
the testing period [98].  
Zou et al. [147] have tried to optimize the cross flow condition to achive improved FO 
efficiency. They observed a baseline flux of ∼25 L/m2h was maintained at a cross flow 
velocity of 22.5 cm/s, the baseline value was nearly 40% lower at a cross flow velocity of 2.3 
cm/s. The reduced flux efficiency suggests that the external concentration polarization (ECP) 
was likely important at the lower cross flow velocity [147]. According to McCutcheon and 
Elimelech [99], both ECP and ICP can adversely affect the FO water flux. A lower cross flow 
velocity increases the boundary layer thickness and thus the extent of ECP. When 
microalgae were present in the feed water, the fouling curves were nearly identical to the 
respective baselines. Reduced cross flow usually tends to promote fouling following by 
dramatically reduced FO baseline water flux, which has the effect to reduce fouling 
tendency [228]. As a net result, no significant FO fouling was observed at the low cross flow 
velocity of 2.3 cm/s, though at the expense of a low baseline flux [147].  
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On the other hand, crossflow velocity had a greater impact on ECP rather than ICP. The 
formation of fouling layer on the membrane is more severe with low crossflow velocity 
while it could be reduced, but not eliminated, by high crossflow velocity. Therefore fouling 
related resistance and CICP negatively affected the flux with both high and low crossflow 
velocities, and this negative effect was more significant with low crossflow velocity [157].  
2.8.2.1.4 Effect of membrane orientation 
Since the FO membrane has an asymmetric structure, characterized by a dense active layer 
on top of a porous support layer, membrane fouling occurs on different surfaces in FO and 
PRO modes [141]. In FO mode, with the membrane active layer against the feed solution, 
foulant deposition/accumulation occurs on top of the active layer. Foulant deposition is 
affected by both permeation drag and shear force, resulting from the permeate flux and 
bulk cross-flow, respectively. In PRO mode, however, with the membrane porous support 
layer against the feed solution, foulant deposition takes place within the porous structure of 
the membrane [141]. Since cross-flow velocity vanishes within the porous support layer, the 
influence of hydrodynamic shear forces is absent at the initial stage of fouling in PRO mode. 
As the two membrane orientations provide different hydrodynamic conditions during 
membrane fouling, the effect of membrane orientation can be used as an indicator for the 
role of hydrodynamic conditions in membrane fouling [141].  
When the FO membrane is being operated in the PRO mode a higher flux is expected to be 
observed compared to the FO mode. This is because the concentrative ICP phenomenon 
occurring in the PRO mode is less severe than the dilutive ICP occurring in the FO mode 
[148]. The higher water flux, the greater the extent of fouling. Could also be attributed to 
the large pore-sized porous layer of the membrane that allows foulants from the feed 
solution to be trapped within it easily (i.e., pore blocking) and hence causing rapid fouling in 
the PRO mode. On the other hand, the tighter and smoother structure of the dense layer 
eliminates pore blocking, resulting in a lower fouling propensity in the FO mode [148]. 
 Hence, while there shall be excessive fouling on the porous side of the membrane, the 
denser side shall have lesser fouling. Based on the application intended, the FO membrane 
could be utilized either in the PRO or the FO mode [148]. The PRO mode is preferred for 
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power generation, while the FO mode is utilized in applications such as emergency drinking 
water, controlled drug release and food processing applications [16]. 
Research on combined internal concentration polarization (ICP) and fouling effects on the 
FO membrane has been deduced that the PRO mode faces a greater fouling extent 
compared to the FO mode [19]. The foulants could clog the porous layer facing the feed 
solution in the PRO mode. The FO mode is subject to a greater ICP effect owing to the draw 
solution facing the porous layer [19].  
In the absence of organics, the PRO water flux (33 L/m2h) was 27% higher than the FO water 
flux (24 L/m2h) [148]. In the presence of organics, the PRO water flux dropped significantly. 
With 50 ppm of organic load, the PRO water flux dropped from an initial value of 33.0 to 
18.0 L/m2h after 20 h, while the FO water flux only dropped slightly from 24.0 to 19.2 L/m2h 
[148].  
The FO mode demonstrated superior flux stability against fouling. This is in good agreement 
with prior studies [19, 31, 240] that concentration-driven FO process had less fouling 
propensity as compared to pressure-driven membrane processes such as reverse osmosis 
(RO). Tang et al. [19] have observed the lower FO fouling propensity to the smoother FO 
membrane surface as well as the lack of hydraulic pressure in FO. Interestingly, the PRO 
mode suffered severe flux loss due to fouling although no hydraulic pressure was applied in 
this configuration. In this membrane orientation, the porous support layer is exposed to the 
foulant-containing feed water, which is likely to induce severe internal clogging of the 
support layer [141]. In contrast, fouling in the FO mode happens on the dense rejection 
layer and is dominated by cake layer formation [141].  
Parida et al. [148], have found the pore blockage effects that led to rapid fouling in the PRO 
mode, the rougher membrane surface also contributed toward fouling significantly [148]. 
The flux decline results fit well with the hypothesis made by Li et al. [217] that the variation 
in the membrane surface roughness affects the adhesion of the foulant molecules to a great 
extent. The rougher surface allows foulant molecules to attach easily compared to the 
smooth  surface. Also the different fouling behaviors of the rougher and more porous layer 
compared to the dense and smooth surface layer of FO membrane [148]. The dense layer of 
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the FO membrane, owing to its smoother and tighter structure would foul at a slower pace 
compared to the rougher porous layer. This clearly indicates excellent flux stability and 
resilience of the FO membrane dense layer against foulants for the operating conditions 
tested [148].  
In summary, flux in the FO mode is inherently stable due to the smooth FO membrane 
surface and ICP self-compensation effect. However, such flux stability is achieved at the 
expense of severe initial ICP and flux inefficiency. In contrast, although it suffers less from 
initial ICP, the AL-facing-DS configuration is inherently prone to membrane fouling and flux 
loss due to the combined internal clogging (reduced A value) and pore clogging enhanced 
ICP effect (increased S value). There is a trade-off between the initial ICP level and the 
longterm flux stability depending on the FO orientation. Also the FO mode is the preferred 
configuration under severe fouling environment to prevent drastic flux reduction, while PRO 
may be preferred under light fouling environment due to its less severe ICP[19, 141, 148]. 
One promising way to prevent internal FO clogging and the consequent enhanced ICP is to 
prepare double-skinned FO membranes, with a dense rejection layer facing the draw 
solution. The second skin layer that faces the feed water, which may resemble the skin layer 
of an ultrafiltration, nanofiltration, or even RO membrane, can prevent foulant entering into 
the porous support layer. Such double-skinned FO is not yet commercially available and 
further research works on FO structural optimization respect to ICP and fouling are needed 
[19].  
Arkhangelsky et al. [241] have examined the possible scaling mechanisms unther PRO mode 
orientation of hollow fiber. They found a high water flux provoked faster flux drop for the 
FO hollow fiber, as more CaSO4 crystals might penetrate or form inside the substrate, which 
blocked the pores in the substrate and caused more severe ICP [241]. The penetration of 
CaSO4 crystals in to the porous layer could damage the surface structure of the support 
layer, i.e. ,increases of surface pore size and the number of pores, which in turn are 
responsible for 100% flux restoration due to easy removal of the crystals out of the 
substrate in the backwashing [241]. 
Jin et al. [242] have demonstrate that flux loss caused by alginate fouling was similar for the 
two membrane orientations with different flux behavior.  
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Zhang et al. [163], observed a 45% permeat flux decrease in FO MBR hollow fiber in PRO 
mode [163]. When the configuration was reversed with the active layer facing the feed 
solution (FO mode), a negligible flux decline was obtained by applying intermittent tap 
water flushing to the membrane surface, which suggests that the FO mode orientation is 
favorable for FOMBR operation [163].  
Zou et al. [167] have shown compared to the PRO mode, much lower FO water flux was 
observed in FO mode at the same DS concentration. The flux was only 20 L/m2h when 5M 
NaCl DS was used [167].  
Wang et al. [155] have indicated that the FO mode was more fouling resistant compared to 
PRO mode. This is in good agreement with earlier studies on FO fouling [19, 141]. Both Mi 
and Elimelech [141] and Tang et al. [19] reported better flux stability in the AL-FS 
orientation, which could be attributed to (1) the lower flux levels in this orientation due to 
the more severe internal concentration polarization [243], (2) the relatively smoother 
surface of the active layer compared to the “support skin” [19], and (3) the avoidance of 
foulant entrapment inside the porous support layer by orienting the dense active layer 
toward the feed solution. 
2.8.2.2 Effect of membrane properties 
Membrane properties (material, design, pore size, porosity, charge, and 
hydrophobic/hydrophilic character) greatly affect the forward osmosis process. Membrane 
materials are known to affect foulant–membrane interactions, thereby influencing the initial 
stage of membrane fouling and the efficiency of membrane cleaning [143]. Selecting FO 
membrane with higher selectivity can be a possible way to reduce the rate and extent of 
membrane fouling.  Most existing FO fouling studies were performed with the cellulose 
triacetate (CTA) FO membranes [19, 141, 155]. On the other hand, recent developments in 
thin film composite (TFC) polyamide FO membranes show these membranes can have 
significantly higher water flux and better solute rejection compared to CTA FO membranes 
[244-246]. In addition, TFC membranes are also superior to CTA membranes in terms of 
their better pH stability and resistance to hydrolysis and biological degradation [247, 248]. 
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Despite the great potential of TFC membranes for FO applications, their fouling behavior is 
rarely reported in the literature.  
Membrane surface morphology is known to play a role in membrane fouling. Therefore the 
AFM have used to characterize the surface properties of the FO membrane [141]. The 
membrane has some bumpy areas on the surface, which is primarily caused by the 
embedded polyester mesh. Depicts a roughness on the order of several tens of nanometers 
[141]. The surface roughness of the FO membrane does not differ much from a typical 
RO/NF membrane [249].  
Arkhangelsky et al. [241], were compare the performances of TFC FO, flat sheet and hollow 
fiber membrane. They have observed that the water fluxes of the FO hollow fiber were 
noticeably higher than those of flat sheet membrane [241]. For example, the initial water 
fluxes of the FO hollow fiber were 19 and 17 L/m2h, while the initial water fluxes of flat 
sheet membrane were 10 and 8 L/m2h, in the PRO and FO mode, respectively [241]. For 1 M 
NaCl as draw solution the water permeability coefficient of the FO hollow fiber is almost 3.5 
times higher than that of flat sheet membrane. Also significant flux decline was observed 
with hollow fiber during scaling experiments, meanwhile moderate water flux have 
observed in FO mode. The difference in water flux is related to different scaling mechanisms 
[241]. By comparing the results from baseline and scaling experiments, it is interesting to 
observe that the fluxes of scaling tests were identical to those of baseline tests with the 
exception of FO hollow fiber in the PRO mode [241].  
These phenomena suggested that a higher osmotic driving force incensed faster flux drop 
for the FO hollow fiber in compare of flat sheet membrane. Also they observed that, despite 
the fact that the initial water fluxes of flat sheet membrane at 5 M draw solution and the FO 
hollow fiber at 1M draw solution were almost the same (18.4 vs. 19.2 L/m2h) [241]. It 
appears that the performance of scaled FO membranes is governed not only by the initial 
water flux, but also by scaling mechanisms [241].  
Within the pH range of 4.3–10.2, the zeta potential values of FO hollow fiber did not 
significantly vary and were close to zero [241]. In contrast, the flat sheet membrane surface 
was negatively charged (from 24 to 41 mV) in the pH range of 5.7–11.2. Based on these 
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results, it can be deduced that the specific interaction between negatively charged flat sheet 
membrane and Ca2+ ions might contribute to surface (heterogeneous) crystallization, while 
neutrally charged FO hollow fiber facilitated more bulk (homogeneous) crystallization than 
that on the membrane surface [241].  
The CTA FO membrane is made of cellulose acetate, which has a relatively narrow range of 
pH tolerance and lower hydraulic permeability and salt rejection [143]. In contrast, the thin-
film composite polyamide (PA) membrane is more robust and has higher salt rejection (and 
therefore it has been most widely used in the RO membrane industry) [250]. The TFC FO 
membrane has a much higher water permeability coefficient and a slightly higher salt 
permeability coefficient compared to asymmetric cellulose triacetate FO membranes that 
were used extensively in previous FO studies [205].  
The initial fouling rate of the PA membrane appears to be slightly faster than that of the CA 
membrane. It suggests that the PA membrane surface is more susceptible to foulant 
adsorption than the CTA membrane. However, the overall flux decline is very similar for the 
two membranes, indicating that the fouling (except for the initial stage) is mainly controlled 
by foulant–foulant interactions [143]. The subsequent cleaning of the membranes shows 
that the flux recovery of the CTA membrane is about 10% higher than that of the PA 
membrane, demonstrating that the PA membrane is also harder to clean than the CTA 
membrane [143]. The heterogeneity of the membrane surface is believed to contribute to 
the different fouling and cleaning behavior of the PA membrane, as demonstrated in 
previous studies [251, 252]. The PA membrane has a much rougher or more heterogeneous 
surface than the CTA membrane [143].  
In the absence of membrane fouling, similar baselines were observed for the CTA and TFC 
membranes. The slightly lower water flux of CTA membrane can be attributed to its higher 
solute permeability over water permeability (B/A) ratio, which causes more severe reverse 
diffusion of solute from the draw solution into the feed solution and thus accelerated flux 
decline [19, 147, 253]. For feed solutions containing either ALG alone or LYS alone, it is 
evident that the TFC membrane was more prone to fouling compared to the CTA 
membrane: (1) The TFC membrane showed more severe flux decline compared to the CTA 
membrane; (2) While the CTA membrane experienced little fouling deposition for FSs 
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containing a single foulant type, the PA membrane had a deposited foulant mass of 200 
mg/cm2 for the ALG feed and that of 100 mg/cm2 for the LYS feed [147]. The low fouling 
tendency of the CTA membrane confirms prior literature reports that CTA based commercial 
FO membranes have low fouling tendency [143, 229]. In addition, the higher fouling 
tendency of the TFC membrane is also consistent with the past experience in the reverse 
osmosis (RO) field e PA RO membranes are more prone to fouling compared to cellulose 
acetate RO membranes [195]. The greater fouling propensity of the PA FO membrane can 
be attributed to its much greater surface roughness [143, 226]. Existing literature reports 
that the ridge-and-valley roughness structure of PA membranes has a great tendency to 
promote foulant deposition [217, 249, 254]. The surface roughness plays a more dominant 
role over surface hydrophilicity in membrane fouling, noting that the PA membrane was 
more hydrophilic than the CTA membrane [226]. In addition, the deposited foulant mass 
and composition for the two membranes were nearly identical. In both cases, the 
unfavorable interaction between the foulant species in the feed solution led to a large 
amount of foulants depositing onto the membrane surface, which caused severe flux loss 
[226]. The reduced importance of membrane properties on fouling under this condition can 
be explained by the dominance of foulant-fouled-membrane interaction. For an unstable 
feed solution, severe fouling causes the membrane surface to be completely covered by the 
foulant cake layer [254, 255]. Consequently, the membrane properties are completely 
masked by the foulant layer [255], such that the deposition of additional foulant is largely 
governed by the interaction between foulant in the solution and the already deposited 
foulant on the membrane surface. In contrast, foulante membrane interaction governs the 
fouling behavior under mild foulant conditions such that fouling was more membrane 
dependent [226]. This study suggest that: (1) Under mild FO fouling conditions, PA FO 
membranes can have greater fouling tendency compared to CTA FO membranes due to 
their greater surface roughness; (2) Under severe FO fouling conditions, membrane surface 
properties play a less important role; (3) Although FO is believed to have superior fouling 
resistance in the AL-FS orientation, severe fouling can occur even at moderate flux levels, 
especially for PA membranes or for unstable feed solutions. With the shift towards the use 
of PA membranes [246] and the development of new applications that involves complicated 
feed compositions [154, 240]. FO fouling remains as an important operational issue that 
deserves attention from the membrane community. 
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Scaling of the PA membrane causes more severe flux decline than the CA membrane in both 
the FO and RO modes. In FO mode, the flux decline rate for the two membranes appears to 
be the same at the initial and intermediate stages [144]. The relatively slow flux decline rate 
in FO is likely attributed to the relatively low initial flux. However, after about two days of 
the scaling experiment in FO, a drastic flux decline was observed for the PA membrane, with 
the flux decreasing to almost zero within a very short period. In contrast, the flux decline 
rate of the CA membrane remained unchanged for the entire duration of the experiment. 
The faster flux decline for the PA membrane indicates much more severe gypsum scaling 
compared to the CA membrane [144]. The gypsum scale formed on the CA membrane has a 
much looser structure with larger crystals than that on the PA membrane [144]. Since the 
structure of gypsum scale formed on the PA membrane is more compact, it is hypothesized 
that the surface characteristics of the PA membrane induce more severe heterogeneous 
crystallization than the CA membrane [144]. 
Previous fouling studies have revealed that the CTA membrane has better fouling resistance 
than the PA membrane in gypsum scaling and organic (alginate) fouling [144]. The results of 
silica scaling experiments demonstrate that flux decline rates are very similar for both CTA 
and PA membranes. However, the results of cleaning experiments show that flux recoveries 
for the two membranes are quite different. The recovered flux after cleaning is about 80% 
of the original flux for the CTA membrane, while almost no flux recovery is achieved for the 
PA membrane [250]. The similar flux decline rates for the CTA and PA membranes indicate 
that the initial silica deposition controlled by membrane-foulant interactions does not result 
in observable differences in flux decline; instead, the flux decline in silica scaling is mainly 
controlled by foulant-foulant interactions. Since foulant-foulant interactions, together with 
other factors that may affect the scaling layer structure, are the same in CTA and PA 
membrane scaling, the silica layer formed on both membranes should have similar 
structures [250]. Therefore, the different flux recovery rates for the CTA and PA membranes 
can only be attributed to the differences in membrane-foulant interactions [250].  
It is hypothesized that the difference is mainly due to the varied capabilities of CTA and PA 
materials in forming hydrogen bonding with the silica particle. Hydrogen bonding plays a 
very important role in establishing the adhesion force between silica particles and 
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membrane surface [256]. Also the CTA membrane has a high density of –OH groups, which 
can form hydrogen bond with the –OH groups on the silica particle surface, resulting in 
relatively strong adhesion force. In contrast, the PA membrane has a low density of 
functional groups that can form hydrogen bond with the –OH groups on silica particle, 
leading to low adhesion force [250].  
The fact that force measurement with supersaturated silica gives a much higher adhesion 
force for the PA membrane than for the CTA membrane indicates that the silica gel layer is 
more strongly bonded to the PA membrane than to the CTA membrane [144, 250]. Note 
that the force measurement data are in good agreement with the cleaning behavior of the 
two different membrane materials: the PA membrane has a much lower flux recovery than 
the CTA membrane [250]. 
2.8.2.3 Effect of spacer 
The feed side spacer in the FO process can also influence on the membrane fouling and the 
FO performance. Similar to Wang et al. [155], Zou et al. [167] the inclusion of an FS spacer 
improved baseline flux by reducing external concentration polarization. There is no 
significant flux decline during fouling compared to the corresponding baseline fluxes for DS 
concentrations up to 0.75 M [167]. However, further increase in DS concentration (and flux 
level) led to some microalgae deposition and flux decline. The compares micrographs of 
fouled membranes with and without the presence of FS spacer at an identical DS 
concentration of 2M, Clearly shows the amount of algal biomass deposition was reduced by 
the inclusion of FS spacer [167]. In addition, the FO critical flux was enhanced by the FS 
spacer: the critical flux was 21 L/m2h for the case with spacer, whereas that was between 
9.3 and 15.5 L/m2 h in absence of spacer [167]. Similar beneficial effects have also been 
reported for pressure-driven membrane processes, which are attributed to the increased 
turbulence and improved mass transfer by spacer [167]. Thus, the use of FS spacer in FO 
provides the dual benefits of improved initial flux level and reduced membrane fouling 
tendency [167]. For PRO applications, the FS spacer design may further affect the 
mechanical stability of the membrane [155, 257].   
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Wang et al. [155] have investigated the effect of spacer on FO fouling behavior, cross-flow 
FO filtration was performed with and without a spacer in the feed solution channel for the 
PRO mode. Dramatic flux improvements were achieved by simply including a spacer on the 
feed solution side [155]. The beneficial effect of feed spacer is well-known for cross-flow 
pressure-driven membranes thanks to the improved mass transfer over the membrane 
surface [258]. No significant flux loss with respect to the baseline was observed when the 
feed spacer was inserted in the FO test cell, despite its much higher initial flux. Similar 
effects of spacers have been reported for particulates in microfiltration [259] and colloids in 
RO [260]. Also a strong positive effect of using feed spacer on the FO flux have revealed 
[155]. In the presence of a feed spacer, however, significant particle deposition was found 
near and under the spacer filament [155]. Such particle accumulation was likely due to the 
local hydrodynamic condition as well as physical blockage. Particle deposition was negligible 
away from the spacer [155]. Interestingly, the particle accumulation near the spacer 
filament did not seem to cause any flux decline. It may be hypothesized that the membrane 
area underneath the spacer had relatively insignificant contribution to the overall permeate 
water such that local deposition of particles had little effect on the flux stability [155]. 
2.8.3 Chemical Factors 
Solution chemistry has a marked effect on the electrokinetic properties of fees solution and 
draw solution, and hence, on the rate of fouling in membrane separation [186, 224, 261, 
262].  
2.8.3.1 FS Chemistry 
Feed properties play a determinant role in the FO performance [45]. The osmotic pressure 
of the FS directly influences the driving force; likewise the presence of various solutes (i.e. 
inorganic, organic) in the FS can affect the foulant-foulant interaction and membrane-
fouling interaction therefore directly affects the performance of the FO process. Feed 
properties, which influence the fouling, include nature, the kind and concentration of 
foulants present in the feed water, pH, ionic strength of the solution and presence, 
concentration of divalent cations. From this point of view, many authors used different 
organic macromolecules such as alginate, bovine serum albumin (BSA), and Aldrich humic 
acid (AHA) as model foulants.[19, 141, 143, 263] or studied the influence of the inorganic 
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composition such as gypsum on fouling in FO process [144, 234]. Some authors studied on 
biofouling and colloidal fouling in FO process [13, 147, 166]. 
The effect of divalent cations (Ca2+ and Mg2+) has been well documented for reverse 
osmosis and nanofiltration membrane fouling [212] and has also been reported for FO 
fouling by organic foulants [19, 141, 212]. These studies suggested that divalent ions may 
affect membrane fouling by forming complexes with certain functional groups such as 
carboxylate groups. 
Phuntsho et al. [231] have illustrated, significant scale formed during FDFO experiment by 
using diammonium phosphate (DAP), didn’t observed in absence of Mg and Ca ions in FS 
[231]. They have been long recognised as the scaling precursors in salt rejecting membrane 
processes such as RO and NF [195, 231, 264, 265]. Therefore, it is clear that the feed 
properties play a significant role in the formation of membrane scaling or fouling and the 
associated flux decline.  
2.8.3.2 Divalent cations 
The structure of the fouling layer on a membrane surface is affected by both chemical (i.e. 
pH, ionic strength, and divalent cations) and physical (initial permeate flux, cross-flow 
velocity and osmotic pressure gradient) conditions. Among these factors, it has been 
documented that the presence of divalent ions such as calcium plays a predominant role in 
membrane fouling by alginate [33]. Calcium has the ability to bind preferentially to the 
carboxylate groups of alginate inauniquely arranged manner to result in highly arranged gel 
networks [266]. 
The presence of Ca2+ also increased the amount of ALG in the deposited foulant cake layer. 
As reported in literatures [211, 244], Ca2+ has a strong ability to interact with ALG by forming 
Ca2+ ALG complex, which reduces the negative charge of ALG. Parida et al. [148] have shown 
when the FO dense layer was subject to a feed solution containing calcium and organic 
foulants, the flux remained almost constant throughout the 20 h of experimental run. 
However, in the PRO mode, the water flux declined sharply within the first 1–2 h, followed 
by a gradual decline subsequently [148]. The tests without Ca2+ inclusion had shown that the 
water flux in PRO mode after 20 h dropped by 36%. With the inclusion of Ca2+, as high as 
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85% reduction in water flux was observed in the PRO mode. The flux reduction in the PRO 
mode in the presence of Ca2+ was extremely high owing to Ca2+ binding effects and the loose 
rough structure of porous layer [148]. In the FO mode, for the test duration of 20 h, there 
was no significant change in the water flux even in the presence of Ca2+. Hence, although 
calcium–foulant interactions could cause fouling, the smooth structure of the dense layer of 
the FO membrane had impeded fouling [148].  
Since the main constituent of the organic feed solution is humic acid, Ca2+ would interact 
with humic acid to form a complex. The presence of two weakly acidic groups – the 
carboxylate (-COOH) or phenolic hydroxyl (-OH) group in the humic acid – helps bind to Ca2+, 
hence forming a chelate [148]. Generally at lower and near neutral pH, chelation or 
complexation is predominant. Tipping et al. [267] illustrate several reactions for humic–
Ca2+–H+ systems. According to literature [267-269], protonation of the carboxylate ion along 
with the H+ ion abstraction from the adjacent phenolic hydroxyl group, helps bind the 
humics together with Ca2+ to form a chelate. The zeta potential of the cellulose triacetate 
based FO membrane from HTI Inc., in the presence of 0.05 M NaCl background electrolyte, 
is slightly negative (about −5 mV) in the pH range of 6–10 [196]. Literature [141, 217, 270] 
reported that with an increase in the Ca2+ concentration, the Ca2+ complexes with humic 
acids and reduces the negative charge on the humics. This would probably reduce the 
repulsion of the reduced negatively charged humics–calcium complex and the negatively 
charged membrane, facilitating the deposition of the humics–calcium complex on the 
membrane surface. The results obtained in this study also showed similar phenomenon, i.e., 
with the inclusion of Ca2+ in the feed solutions, the humics–calcium deposition on the 
porous FO membrane surface (in PRO mode) aggravated, leading to more severe water flux 
decline [148]. 
The calcium ions can enhance alginate fouling in RO membrane processes by enhancing the 
interfacial adhesion between alginate molecules and polyamide RO membrane surface as 
well as the cohesion between alginate molecules [271]. Hence, the effect of alginate fouling 
on FO water flux was firstly studied by performing experiments with and without Ca2+ in 
feed water for the AL-FW orientation. In both cases, alginate fouling caused a slight but 
noticeable flux reduction ranging from 7 to 11%. In this membrane orientation, alginate 
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fouling happens on the active layer of FO membrane and the flux reduction is attributed to 
cake layer formation [141]. Unlike the pressure-driven membrane processes, FO water flux 
reduction caused by alginate fouling was not exacerbated by the presence of calcium ions. 
This behavior can be explained as follows. First, the predominant functional groups on the 
membrane active layer are hydroxyls, which are neutral and do not have specific 
interactions with Ca2+ ions [144]. Thus, Ca2+ ions cannot form bridges between the 
membrane and alginate interfaces. Second, there is no mechanical hydraulic pressure used 
in FO processes. Although calcium ions form bridges between adjacent alginate molecules 
leading to the egg-box-shaped gel network [242], the alginate gel layer was likely less 
compact and loosely accumulates on the membrane surface due to the lack of externally 
applied pressure, and thus it may provide a small hydraulic resistance to cause only marginal 
flux reduction. It has been reported that this loosely deposited alginate gel layer can be 
almost fully recovered after simple water rinse [143]. 
Zou et al. [147] have observed that, the strong adverse effect of Mg2+ on FO microalgal 
fouling was consistent with our previous observation [147], which was attributed to the 
specific chemical interaction between the divalent Mg2+ ion with microalgae cells and 
organic matter in the feed water matrix [272]. Also the cells were less negatively charged in 
the presence of Mg2+ due to their binding to Mg2+ [272] and the subsequent charge 
neutralization effect [273]. The specific algae Mg2+ interaction together with the reduced 
electrostatic repulsive force between the microalgae cells can both promote severe 
membrane fouling [272, 273]. The presence of inorganic metal ions, such as Mg2+, Ca2+, and 
Fe3+, has significant effects on silica scaling kinetics [250, 274]. Reverse diffusion of certain 
draw solute ions such as Ca2+ and Mg2+ has also been found responsible for accelerating 
organic fouling by interacting with the colloids and organic matter [98, 196, 231].  
The collective effects of calcium ions in combined organic colloidal fouling are compared 
with single organic and colloidal fouling [200]. As expected, for alginate alone, higher Ca2+ 
concentration in the feed solution caused more flux decline [200]. This intensified flux 
decline in the presence of Ca2+ is attributed to intermolecular bridging by complexation 
among alginate molecules, resulting in the formation of a cross-linked alginate gel layer on 
the membrane surface [141, 143, 150]. However, this gel layer was not strong enough to 
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resist the hydrodynamic shear forces during physical cleaning as complete flux recovery was 
observed. For colloidal fouling alone, Ca2+ also caused higher flux decline by destabilizing the 
colloidal particles more effectively [195, 196, 275]. The colloidal fouling layer was reversible 
by simple physical cleaning, although slightly lower recoveries were obtained in the 
presence of calcium compared to the case with no calcium. The effect of Ca2+                                                
on combined organic–colloidal fouling reflected the trend of single organic and colloidal 
fouling behaviors, with fouling much more pronounced for the mixture of these foulants. 
However, the impact of Ca2+ on the reversibility of combined fouling was much more 
dramatic than that on the fouling behavior. Flux recovery was greatly diminished in the 
presence of calcium due to strong binding between alginate and colloidal silica manifested 
by Ca2+ [200]. Xie et al. [276] have observed, deposition of humic acid onto the membrane 
surface was insignificant when the feed solution contained 50 mg/L of humic acid and no 
calcium [263]. As calcium concentration in the feed solution increased from 0 to 4 mM, the 
amount of humic acid deposited on the membrane surface increased significantly from 1.35 
to 7.22 mg/cm2 [276]. The influence of calcium concentration on the deposition of humic 
acid onto the membrane surface can be attributed to the complexation between calcium 
and humic acid molecules [141, 203].  
Zou et al. [147] have illustrated when the feed water had no Mg2+, the flux reduction with 
respect to the baseline was minimal. The relative flux drop became noticeable (∼10% 
reduction) at a 0.1mM [Mg2+] [147]. Severe membrane fouling was observed at 1mM [Mg2+], 
with the fouled membrane flux reduced to ∼19 L/m2 h compared to the baseline flux of 31 
L/m2h at the end of the 4-h tests [147]. In the current study, Mg2+ will likely interact with the 
microalgae cells and their extracellular polysaccharides (EPSs), resulting in charge 
neutralization of and cation bridging between cells and EPS matrices [272].  
The above discussion reveals a strong dependence of foulant cake layer composition on the 
FS chemistry (such as pH and divalent ion concentration), which results from the shift in 
inter-foulant-species interaction when changing solution chemistry [226].  
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2.8.3.3 Type of foulants in feed solution 
The type of fouling that will occur on the membrane surface is mainly affected by the kind, 
concentration and properties of foulants present in the feed water. Major foulants in 
natural and impaired waters are microorganisms, organic matter and inorganic matter 
(scaling). Biofouling can also be the most limiting factor when employing wastewater [277, 
278].  Zhao et al. [279] found organic fouling to be more severe and irreversible than 
inorganic fouling in FO, but scaling may be a greater issue for wastewater.  
Among the various salts that cause membrane scaling, calcium sulfate dihydrate (gypsum) is 
one of the most common scaling sources in desalination of brackish water [280, 281]. In 
addition, gypsum scaling is often the most problematic as it cannot be controlled by 
adjusting pH. Membrane scaling can significantly shorten membrane life and increase the 
maintenance cost and energy consumption of membrane operation. Therefore, numerous 
research efforts have been made to seek strategies for scaling control [282-284]. 
The intermolecular adhesion and hydrodynamic forces, mainly permeation drag and shear 
force, are the major factors governing the development of a fouling layer on the membrane 
surface [141]. However, the dominating factors that control membrane fouling vary 
significantly with organic foulant type. Membrane fouling with alginate is rapid due to 
intermolecular binding of foulants by calcium, but is relatively insensitive to hydrodynamic 
conditions [141]. Alginate macromolecules can act as the nuclei for gypsum crystal 
formation due to the calcium bridging effects [285, 286] among the carboxylate functional 
groups on the alginate macromolecular chains [140]. Mechanistically, for the alginate 
conditioned membrane surface, the absorbed alginate macromolecules introduced a dense 
layer on to the membrane surface and thus provided active nucleation sites for gypsum 
crystallization on membrane surface [276]. Hence, alginate macromolecules greatly changed 
gypsum crystallization by shortening the nucleation period and enlarging the crystalsizes, 
thereby enhancing gypsum scaling and eventually as well as directly resulting in the fastest 
flux decline [152].  
In contrast, BSA fouling is more subject to hydrodynamic interactions than to calcium 
effects. With stronger intermolecular adhesion forces, hydrodynamic conditions for 
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favorable foulant deposition leading to cake formation are more readily attained [141]. The 
protein fouling layer to be easily removed from the membrane surface by the hydrodynamic 
shear generated by the flow, thereby leading to less accumulation of foulants on the 
membrane surface. Reciprocally, the role of accelerated CEOP in flux decline during alginate 
and humic acid fouling is also noticeably diminished in BSA fouling [98].  
 For the foulant with very weak intermolecular adhesion force (BSA), cake layer forms only 
in the PRO mode at high initial flux. Once a cake layer forms, a rapid flux decline is observed, 
but further changes in hydrodynamic conditions do not affect the fouling behavior. In 
addition, when a cake layer forms, the intermolecular adhesion force has no effect on 
fouling [141]. AHA behavior lies in between that of alginate and BSA [141]. A strong 
interaction exists between AHA and Ca2+ [152]. AHA is a natural organic polyelectrolyte that 
has a complex structure containing a proportion of condensed aromatic rings with a large 
number of surface hydroxyl, phenoxyl, and carboxylate reactive groups [287, 288]. In a 
neutral aqueous environment, AHA macromolecules are predominantly negatively charged, 
with a tendency to adsorb cations and form metal–humic acid complexes due to the calcium 
bridging effect among AHA macromolecules [289, 290]. In the present experiment, the AHA 
conditioning introduced a thick AHA layer with an enhanced Ca2+ adsorption capability, 
which accelerated the gypsum surface crystallization and hence led to a faster flux decline 
[152].  
In comparison, BSA has a heart-shaped structure (at neutral pH) with fewer carboxylate 
functional groups [215, 291]. This particular structure can cause a steric effect that 
interferes with the interaction between BSA molecules and calcium ions [152].  
Possessing a large number of free hydroxyl and carboxylic functional groups, the humic acid 
layer can be highly hydrated [270]. These hydrated humic acid molecules can block the 
membrane pores and enhance solute rejection by steric hindrance, which reduces solute 
transport through the membrane [263]. 
2.8.3.4 Type of draw solution 
In most of the available studies on FO membrane fouling, NaCl was the only draw solution 
investigated (Table 2.1). Indeed, a variety of inorganic salts can be used as the draw solution 
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as long as sufficient osmotic driving force can be generated [97, 105, 292, 293]. In some 
cases natural available draw solution such as seawater and brackish ground water may 
contain species (e.g., Mg2+ and Ca2+) that can potentially interact with foulants in the feed 
water once they diffuse through the membrane into the feed [229].  
She et al. [229] have selected four type of DS to investigate the influence of DS 
characteristics in critical flux. The results have clearly showed that the critical flux followed 
the order of NaCl > MgCl2 > CaCl2 > Ca(NO3)
2 [229]. The strong dependence of the critical 
flux value on the draw solution composition is a unique feature for FO membrane fouling 
[147]. Aside from other factors such as cross-flow velocity and feed water composition, the 
FO membrane fouling and critical flux can strongly depend on the rate of reverse diffusion 
of draw solutes across the membrane and subsequently the extent to which they interact 
with the foulant in the feed water [229]. This put forward new criteria of selecting the draw 
solution for FO operation besides those proposed in previous literature [292]. When 
selecting a draw solution for specific FO application, the reverse diffusion of draw solutes 
into feed solution must be considered and the risk of reverse-diffusion induced fouling 
should be evaluated [229]. 
Zou et al. [147] have investigated the effect of draw solutes type (NaCl vs. MgCl2) on FO 
fouling. The FO membrane experienced severe fouling for a 2M MgCl2 DS. In contrast, nearly 
no relative flux reduction was observed with respect to the baseline for a 2M NaCl DS. The 
more severe fouling using the 2M MgCl2 DS may be partially attributed to its much higher 
initial FO flux compared to that using the 2M NaCl DS, since a higher flux level tends to 
promote membrane fouling. Interestingly, the 0.5M MgCl2 DS also resulted significant flux 
reduction, despite that its initial flux (22 L/m2 h) was ∼30% lower than that at 2M NaCl. 
Thus, flux level alone does not fully explain the more severe fouling when MgCl2 was used as 
DS. In the current study, the severe fouling may also be partially attributed to the reverse 
diffusion of Mg2+ into the feed water when MgCl2 was used as DS [147]. Once diffused 
through the membrane, Mg2+ may interact with the foulant in the FW in an unfavorable 
manner to cause severe FO fouling [147]. Despite that MgCl2 as draw solution perform 
better over NaCl in terms of higher water flux and lower solute flux, it may lead to severe 
membrane fouling for feed waters containing foulants that are sensitive to divalent cations. 
88 
 
Similar drawbacks may also be expected for other magnesium and calcium based draw 
solutes. The risk of such reverse-diffusion-induced-fouling shall be evaluated when selecting 
DS for a specific FO application [147].  
FO fouling was affected by both permeate flux level as well as solution chemistry. A critical 
flux behavior can be observed, but its value was likely dependent on the DS type. When 
NaCl was used as DS and no Mg2+ was present in the original FW, relative flux reduction was 
not observed at fluxes as high as 30 L/m2 h. In contrast, significant flux reduction was 
already observed for a 0.5 MgCl2 DS. The strong dependence of the critical flux value on 
draw solution chemistry is a unique feature for FO fouling [147].  
Also the FO fouling can also be strongly affected by the draw solution chemistry and the 
ability of draw solutes to diffuse through the FO membrane into the feed water [147, 226, 
229].  
Flux decline and algal biomass deposition appeared to be more severe when MgCl2 was 
used as draw solute instead of NaCl [167]. This can be explained by the reverse diffusion of 
Mg2+ from the DS to the FS [147, 229]. The significance of reverse diffusion induced fouling 
when using DS containing divalent cations [9,20].  
Xie et al. [263] have investigated the membrane fouling with the four types of draw solutes 
was in the following order: NaCl > MgSO4 > urea > glucose. Reverse transport of ionic NaCl 
draw solute likely elevated the localized ionic strength in the fouling layer and led to further 
aggregation of humic acid foulant, thereby promoting the deposition of humic acid (Tang et 
al., 2011).  
2.8.3.5 Reverse diffusion of draw solution 
In a typical FO process, small amounts of dissolved solutes will diffuse across the FO 
membrane from the draw solution into the feed solution, and vice versa [19, 107, 109]. The 
reverse diffusion of a single draw solute across the FO membrane can be predicted by Tang 







where Js is the solute flux, Jw is the water flux, A is the water permeability coefficient of 
membrane, B is the solute permeability coefficient of membrane, ß is the van’t Hoff 
coefficient, Rg is the universal gas constant, and T is the absolute temperature. The reverse 
solute diffusion from the draw solution into the feed leads to the loss of draw solutes which 
requires additional cost for replenishment of the draw solution. Moreover, the 
accumulation of draw solutes in the feed can change the feed solution composition, which 
may influence the activity of the active sludge in an osmotic membrane bioreactor [295] and 
have detrimental effect on membrane fouling. Tang and co-workers [147] found that the 
use of MgCl2 as draw solution promoted significant flux reduction during algae separation by 
FO. Reverse diffusion of draw solutes and their ability to interact with foulants in the feed 
water can vary significantly with draw solution types. Thus FO membrane fouling behavior is 
greatly influenced by the types of draw solution. On the other hand, coupled with reverse 
solute diffusion, solute in the feed solution will also forwardly diffuse into draw solution 
provided that its concentration in feed solution is higher than that in draw solution [107, 
296].  
Since reverse transport of draw solutes is a mechanism unique to FO compared to 
conventional pressure-driven membrane processes, several phenomena that could be 
influenced by the transported draw solutes should be investigated [297]. In particular, 
reverse salt diffusion may affect fouling behavior in FO, and therefore, have a significant 
impact on the efficiency of the process. While several recent studies investigated fouling of 
FO [141, 144, 147], very few studies addressed the effects of reverse solute diffusion on FO 
fouling [98, 147].  
Usually reverse solute flux increased linearly with increasing water flux. This behavior is 
consistent with the findings in previous studies [19, 107, 298]. In FO processes, the increase 
in draw solution concentration will lead to increase in both water flux as a result of the 
enhanced osmotic driving force, and reverse solute flux which is caused by the elevated 
concentration gradient of draw solute across the FO membrane active layer [229]. Previous 
study also indicated that the salt type and concentration can affect the viscosity of water in 
narrow membrane pores and thus affect the Jw and Js performance [299].  
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Boo et al. [297] have observed reverse diffusion causes a greater salt build up near the 
membrane surface, thereby accelerating CEOP in FO colloidal fouling [297].  
Phuntsho et al. [231] have indicated that the scaling layer becomes more significant with 
time as result of continuous reverse diffusion of DAP from the DS. The reverse draw solute 
flux is expected to affect the rate of scale formation and the severity of flux decline. The 
reverse draw solute flux increases when a higher DS concentration is used [231].  
2.8.3.6 Divalent cations and anions in reverse diffusion of draw solution 
In FO processes, solute in draw solution can reversely diffuse into feed solution, leading to 
the change of the feed solution composition, which can potentially change the membrane 
fouling behavior [141, 147, 195]. When a divalent cation was used in the draw solution, the 
reverse diffusion of it into feed solution can significantly influence the alginate fouling 
behavior. The presence of a divalent cation (Mg2+ or Ca2+) in the feed solution can promote 
the alginate fouling on the membrane but the monovalent Na+ has little such promoting 
effect [147]. The divalent cation can chelate with the carboxylic groups in alginate and 
subsequently bridge the adjacent alginate molecules to form egg box- shaped gel network 
[229]. In addition, Ca2+ is much more effective in this regard because it binds with the 
carboxylic groups in alginate with much stronger affinity than Mg2+ does [300, 301]. As a 
result, the alginate-alginate interaction in the presence of Ca2+ was much stronger 
compared to Mg2+. Therefore, although the reverse diffusion of Mg2+ and Ca2+ was at almost 
same rates while using MgCl2 and CaCl2 as draw solution respectively, more severe fouling 
was observed for CaCl2 draw solution. In contrast, the monovalent Na
+ has no such 
interaction with alginate. Therefore, no significant fouling was observed for NaCl draw 
solution despite greater amount of Na+ reversely diffusing into the feed solution [229].  
She et al. [229] have suggested that the anions of the draw solution can also play an 
important role in FO water flux behavior during alginate fouling. Compared to Cl-, NO3
- has a 
smaller hydrated radius and thus can diffuse across the membrane more readily, which will 
further induce more of its counterion Ca2+ to diffuse into the feed solution to maintain the 
solution electro-neutrality [302, 303].  
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So the type of both cation and anion in the draw solution plays a critical role in FO 
membrane fouling through the change of feed solution composition by reverse draw solute 
diffusion and the subsequent interaction with foulant in the feed solution. This 
phenomenon provides important implications for the FO operation and selection of 
appropriate draw solution [229].  
2.8.3.7 Effect of solution pH 
During the FO process the water flux behavior is mostly controlled by the coupled influence 
of hydrodynamic and chemical interactions [225]. Previous studies on the effects of solution 
pH on FO performance have focused on the effect of pH on membrane morphology or 
solution chemistry. Zou et al. [147] have observed, the feed water pH did not seem to play a 
significant role on FO flux behavior over the experimental pH range (pH 4.0–7.3), which 
might be attributed to the relatively low flux level in the current study [147]. 
Boo et al. [297] have illustrated very little effect of solution pH on the colloidal fouling 
behavior with the two silica suspensions greater flux decline was observed at pH 9, where 
the particles are more negatively charged [297]. Meanvile notable flux decline was observed 
with the 3 M NaCl draw solution at high feed solution pH. However, almost similar flux 
decline behavior was observed when LaCl3 was used as a draw solution at both high and low 
pH. This observation suggests that fouling behavior with silica colloids depends on the draw 
solution and its reverse diffusion rate. However, because of the much higher NaCl reverse 
diffusion, the enhanced accumulation of salt within the cake layer, caused significant flux 
decline for the run at pH 9 [297].  
Stability of silica particles at low pH compared to higher pH, contrary to the behavior of 
typical colloidal suspensions and the zeta potential of the particles [304, 305]. This behavior 
is attributed to short-range strong repulsive hydration forces that exist at low pH and 
prevent silica particle aggregation [306]. 
Gu et al. [226] have investigated the effect of solution chemistry by varying the FS pH or the 
addition of calcium to the FS. In this study of fouling tests, the CTA membrane was used and 
the FS contained 50 mg/L LYS and 50 mg/L ALG. The results show less flux decline at pH 8 
compared to those at pH 5 and 7 when there was no Ca2+ present in the FS. Also alginate 
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deposition reduced at higher pH. For the pH range over 5 and 8, the zeta potential of ALG 
remained nearly constant, whereas LYS became significantly less positively charged at 
higher pH [244]. The reduced positive charge of LYS weakens the electrostatic interaction 
between ALG and LYS; it also requires less ALG to “neutralize” LYS in the foulant cake layer. 
This explains the more stable flux and reduced foulant mass deposition at pH 8 [226].  
Phuntsho et al. [231] have observed lower scaling potential of MAP in compare of DAP 
because of lower solution pH, despit its higher reverse solute flux. 
Kim et al. [200] have shown less water flux decline at higher solution pH. This behavior is 
ascribed to the reduction of electrostatic repulsion among alginate macromolecules 
between alginate and the membrane surface at lower pH. The alginate macromolecules are 
protonated at an acidic solution and are thus neutrally charged. This induces more alginate 
deposition and accumulation on the membrane surface, which results in severe fouling [26]. 
At pH 7 and 10, the flux decline was not substantial, which could be explained by a looser 
and less substantial fouling layer due to the increased electrostatic repulsion among 
negatively charged alginate macromolecules [20,26]. Feed solution pH, however, did not 
affect the reversibility of the organic fouling layer [200].  
They also observed in colloidal fouling, the high salt concentration near the membrane 
surface, particularly caused by the reverse diffusion of draw salt, made silica colloids very 
unstable in the alkaline solution (pH 10), which decreased particle–particle interaction and 
enhanced silica particle deposition on the membrane surface [200, 201, 297]. 
On the other hand, the alkaline solution (i.e.,pH 10) made silica colloids more unstable and 
formed a thick colloidal fouling layer, but had the opposite effect on alginate. The 
reversibility of combined organic–colloidal fouling by physical cleaning was also most 
effective at pH 7. The flux after cleaning was recovered up to 93.6 % at pH 7, while lower 
recoveries of 83.7% and 90.3% were observed at pH 3 and pH 10, respectively. The 
synergistic effects of combined organic–colloidal fouling are clearly demonstrated when 
examining fouling reversibility, as individual foulants (alginate or silica colloids) exhibited 
complete flux recovery [200].  
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2.9 Comparison of fouling behavior in the forward osmosis and the reverse osmosis 
process  
The driving force for separation in FO and RO is different. Because FO uses an osmotic 
pressure gradient of DS and FS and RO uses hydraulic pressure. Notably, in FO, there is a 
greater salt build-up near the membrane surface due to salt intrusion from the draw 
solution. This results in a substantial drop in the net osmotic pressure difference and hence 
severe flux decline [98].  
The organic foulants loosely accumulate on the membrane surface and form a sparse and 
thick fouling layer. On the other hand, RO uses high hydraulic pressure, therefore resulting 
in a more compact, dense, and thin fouling layer under the action of the applied pressure 
[98].  
Mi and Elimelech, have observed the alginate fouling rates are practically the same for FO 
and RO. However, the flux recoveries of the two processes are significantly different [143]. 
The water flux is almost 100% recovered in the FO mode while only 70% is recovered in the 
RO mode. This observation indicates that although pressure does not appear to affect the 
fouling rate, it causes significant difference in the fouling layer structure. It is likely that the 
fouling layer formed in the FO mode is suft and fluffy due to the lack of hydraulic pressure 
[143]. As a result, the FO membrane can be easily cleaned by a simple water rinse without 
the use of any chemical cleaning reagents. In contrast, in the RO mode, the compressible 
alginate gel on the membrane surface becomes more compact and tightly held together 
under the action of the hydraulic pressure, thereby resulting in lower cleaning efficiency 
[143, 144, 307]. This observation indicates that although pressure does not appear to have a 
significant effect on the flux decline curves, it may cause some differences in the gypsum 
scale structure and subsequent cleaning efficiency [144]. 
2.10 Energy demand in water treatment processes 
With the rapid increase in the world’s population, the water crisis is going to become even 
more severe in the future. Desalination is therefore going to play an increasingly significant 
role in solving the water crisis [44, 308]. For many countries that are now facing acute water 
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scarcity problems, desalination may serve as the only viable means to provide the water 
supply necessary to agriculture, support population. 
Despite major advancements in desalination technologies, seawater desalination is still 
more energy intensive compared to conventional technologies for the treatment of fresh 
water. There are also concerns about the potential environmental impacts of large-scale 
seawater desalination plants. Here, we review the energy consumption of current 
desalination technology and possible reductions in energy demand desalination 
technologies. High energy demand has limited the use of desalination in many regions [62]. 
Current desalination methods consume significantly less energy than it was decades ago due 
to the efficient energy recovery devices and improved membrane materials, desalination 
still remains an energy-intensive process [36, 37]. Moreover, energy costs still contribute as 
much as 75% of the operating costs of desalination plants, or between 30 and 50% of the 
product water cost [309].  
2.10.1 The current energy consumption of desalination and can it be improved? 
The main technology nowadays in desalination is RO. This is the predominate technology for 
all the new desalination plant. Except some place in the gulf countries still, they have 
thermal desalination plants witch are energy intensive. 
There are several desalination technologies however, all these technologies are capital and 
energy intensive process [52] making desalination either unaffordable or not a cost-effective 
option especially for large-scale irrigation purpose. The RO desalination process continues to 
grow quickly because of advances in the technology, especially in the development of a 
more efficient and less expensive membranes, and also due to significant reductions in the 
energy requirement compared to two or three decades ago [65]. In some countries such as 
the USA, Spain, Cyprus and Malta, the RO process is the only technology used for 
desalination [66]. The high capital and operating costs associated with the RO technology is 
because of the need to operate the process at a  high hydraulic pressure [310, 311].  
According to the IDA-2011, RO was used in 66% of installed desalination capacity (44.5 of 
67.4 Mm3/day), and nearly all new plants. Other plants mainly use thermal distillation 
methods: Multiple-effect distillation and multi-stage flash. 
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Numerous newly constructed SWRO Desalination plants: 
• Spain; 1 billion m3/year 
• Israel; 0.5 billion m3/year 
• Singapore; A second large SWRO plant has been constructed (to reduce reliance on 
imported water from Malaysia) 
The theoretical minimum energy of desalination for seawater at 35,000 parts per million 
(ppm) salts and at a typical recovery of 50% is 1.06 kWh/m3. The actual energy 
consumption, however, is larger because desalination plants are finite in size and do not 
operate as a reversible thermodynamic process. The amount of energy needed for seawater 
RO desalination has declined dramatically in the past 40 years (Figure 2.7). This decrease in 
energy consumption is attributed to technological improvements, including fabrication of 
higher permeability membranes, use of more efficient pumps and installation of energy 
recovery devices [65]. The potential to operate the desalination step at an energy 
consumption rate of 1.8 kWh/m3 using new, high-permeability SWRO membrane elements 




Figure 2.7: The Energy consumption for the reverse osmosis stage in SWRO plants from the 
1970s to 2008. The horizontal dashed line corresponds to the theoretical minimum energy 
required for desalination of 35 g/liter seawater at 50% recovery (1.06 kWh/m3). The energy 
data presented exclude the energy required for intake, pre-treatment, posttreatment, and 
brine discharge.  
Understanding the minimum amount of energy required to separate pure water from 
seawater provides a benchmark for comparison and can help to guide future efforts to 
further reduce energy demand. This theoretical minimum energy, which is independent of 
the desalination method, is realized when the separation occurs as a reversible 
thermodynamic process [312]. 
For a system at the thermodynamic limit, highly permeable membranes may help reduce 
capital costs by reducing the membrane area needed, but they will not reduce energy 
consumption. The energy consumption is set by the need to bring the feed volume to a 
pressure equal to the osmotic pressure of the concentrate. 
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The theoretical minimum energy required for desalination is equal to the energy needed to 
bring seawater to the osmotic pressure of fluid permeating across the membrane 
(represented by the area under the osmotic pressure curve). In practice, to ensure that 
water permeates across the membrane at all points along the membrane channel, the 
pressure applied to the feed volume must be 10 – 20% more than the osmotic pressure 
(Figure 2.8). 
 
Figure 2.8: Energy use of the reverse osmosis (RO) desalination operation.  
Among several recent innovations in desalination technologies, forward osmosis (FO) has 
emerged as a promising candidate for various applications, including irrigation [313]. 
Fertilizer drawn forward osmosis (FDFO), which uses fertilizers as its draw solution (DS), has 
shown potentially lower additional energy consumption and the diluted DS, containing 
fertilizer nutrients, can be used as non-potable water for the irrigation of crops [314]. In a 
recent study, Phuntsho, et al. [314] reported that although using the FDFO process alone 
would be ideal, the final dilution of the fertilizer DS is limited by its osmotic equilibrium with 
the feed salinity or osmotic pressure. When the feed has higher salinity, the concentration 
of the final diluted fertilizer is also correspondingly higher, and is greater than the 
concentration level generally required for direct irrigation [315]. Among several options 
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studied, nanofiltration (NF) has been suggested as one of the most suitable post-treatment 
processes to reduce fertilizer concentration for direct fertigation, and an FDFO-NF hybrid 
system has recently been studied both in the laboratory and at pilot scale [316]. 
Environmental and economic impacts of the fertilizer drawn forward osmosis (FDFO) and 
nanofiltration (NF) hybrid system shows the FDFO-NF hybrid system using thin film 
composite forward osmosis (TFC) FO membrane has less environmental impact than 
conventional RO hybrid systems due to lower consumption of energy and cleaning 
chemicals. The energy requirement for the treatment of mine impaired water by the FDFO-
NF hybrid system was 1.08 kWh/m3, which is 13.6% less energy than an MF-RO and 21% less 
than UF-RO under similar initial feed solution. In a closed-loop system, the FDFO-NF hybrid 
system using a TFC FO membrane with an optimum NF recovery rate of 84% had the lowest 
unit operating expenditure of AUD $0.41/m3 [317]. 
2.11 Forward osmosis and reverse osmosis hybrid process 
Dilution of saline water provides another method to reduce energy demand during RO 
desalination of highly saline water; dilution decreases the osmotic pressure that must be 
overcome to produce RO or NF permeate [38]. Although the RO desalination plants 
consume significantly less energy than it was decades ago due to the efficient energy 
recovery devices and improved membrane materials, desalination still remains an energy-
intensive process [36, 37]. Besides, the energy required for RO desalination has almost 
reached its thermodynamic limit and the remaining opportunities to further reduce its 
energy consumption will require additional processes which ultimately increase the total 
cost of the final water [318]. Moreover, RO still suffers from severe membrane fouling; 
affecting its long-term performance and the cleaning of membranes not only has 
considerable environmental issue but also pose a significant plant downtime. Therefore, any 
novel low-cost desalination technology that could circumvent those issues will have 
significant impact in sustaining the water and energy sources. 
Forward osmosis (FO) with an emerging low-cost desalination technology can attribute to 
this process since it relies on a natural driving force (i.e. the osmotic pressure difference 
across the membrane) that draws the water from a saline feed water (e.g. seawater) to a 
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highly saline draw solution (DS). Apart from its apparent low-energy requirements, FO 
process also showed much lower fouling potential compared to other conventional 
pressure-driven membrane processes such as RO [99, 319]. Fouling has been found to be 
physically reversible in most cases, reducing the need for chemical cleaning [98, 200]. 
However, one of the main barriers that impede the commercialization of this process is the 
separation of the produced water from the draw solution [320-322]. In fact, the success of 
FO for clean water production is greatly dependent on how efficient (i.e. performance and 
cost) the DS separation and recovery process is [323]. 
The relatively low salinity of most impaired waters makes them good candidates for use in 
diluting saline streams before desalination [324]; however, direct dilution may contaminate 
and alter the chemistry of the feed stream to the desalination process, accelerate 
membrane fouling, and subsequently may reduce product water quality. Therefore, 
adequate pre-treatment of impaired water is necessary before desalination of diluted saline 
water; yet, many advanced pre-treatment processes may be chemically or energy intensive 
[52]. 
The chemical potential of a saline stream can be used as a driving force for osmotic dilution 
in which water from an impaired stream spontaneously diffuses through a semipermeable 
membrane into the saline stream. This approach may provide several benefits related to 
water and energy resources; these include dilution of seawater before desalination that 
results in lower energy desalination, multi-barrier protection of drinking water, reduced RO 
membrane fouling due to impurities in impaired water, and an opportunity for safe and 
beneficial reuse of impaired water. 
Furthermore, unlike FO, osmotic dilution does not require closed loop draw solution 
reconcentration; instead, the process can operate with both the feed and draw solution in a 
once through flow configuration [16]. This unique operating configuration provides the 
same benefits of FO (e.g., low energy operation and high resistance to irreversible fouling), 
while simultaneously eliminating energy costs associated with draw solution 
reconcentration and reducing operational complexities associated with bi-directional solute 
diffusion from and to the reconcentration process [107]. A seawater intake or a brackish 
water desalination plant can readily supply fresh draw solution; and because the draw 
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solution is not recycled in the process, accumulation of sparingly soluble salts in the draw 
solution is not expected. 
For the latest, the hybrid FO-RO system  (Figure 2.9)  has attracted increased attention since 
FO can be used as an advanced desalination pretreatment process to dilute the seawater 
and therefore moderate the energy requirement during RO desalination (Table 2.3) [34, 39-
41]. Besides, the low salinity of most wastewaters makes them suitable candidates for this 
osmotic dilution [325]. The main advantage of this hybrid process is that the FO process 
operates in the osmotic dilution mode (i.e. both the concentrated feed and diluted draw 
solutions are the target) which eliminates the energy associated with the DS recovery 
process [100]. This hybrid process can be further extended if, after the RO process, the 
second FO process is used to further concentrate the wastewater which can be then used 
for agriculture applications (e.g. nutrient recovery) and, at the same time, dilute the RO 
brine for sustainable discharge. 
 
 




Table 2.3. Summary of FO-based hybrid systems 
















CTA Declined by 28% 
over 10-day 
operation 







CTA Declined from 8 
to 5 L/m2h during 
40- day operation 
more than 99% rejection of 









Declined from 6 
to 3 L/m2h during 
6- day operation 
Concentrations of all emerging 
organic chemicals below 







Bench CTA N.A 
 





Bench CTA 10 L/m2h for 
both FO and NF 
processes 
TDS in product water of 114 
mg/L 









Nutrient concentrations in 
product water decreased, while 
most fertiliser draw solutions 









CTA N.A. Concentrations of boron and 
chloride in product water meet 
quality requirements for 
agricultural irrigation 
Overall energy 
consumption less than 























Pilot TFC water flux of 2.6 
L/m2h with water 
recovery of 64% 
Concentrated brine 
concentration of 180 g/L TDS, 
and product water with 300 
mg/L TDS 
275 kWh/m3 of product 
water; 57% less thermal 
energy input than that by 
a conventional evaporator 
[136] 
FO-MD Bench CTA Water transfer 
rate of 0.1 L/h 
BSA in feed solution 
concentrated from 1 g/L to 2.1 




Bench CTA Water flux varied 
from 8 to 25 
L/m2h 
Acid orange 8 in the feed 
concentrated from 50 to 83 







CTA N.A. N.A. Energy savings compared 
to current technologies, 
on an equivalent work 
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Many countries are now facing acute water scarcity problems and the impact of climate 
change is further worsening the water crisis [68]. With the rapid increase in the world’s 
population, the water demand is all set to increase further indicating that the water crisis is 
going to become even more severe in the future. Desalination is therefore going to play an 
increasingly significant role in solving the water crisis [44, 308]. There are several state-of-
the-art desalination technologies however, all these technologies are capital and energy 
intensive process [52] making desalination either unaffordable or not a cost-effective option 
especially for large-scale irrigation purpose. Agriculture sector account for 70% of the 
world’s total water consumption [67] and therefore water shortage could have a 
devastating consequences on the world’s food security [68]. Reverse osmosis (RO) process is 
currently the most energy efficient desalination technology [334] however; it remains 
unaffordable to many societies in the world and certainly not for irrigation use. The high 
capital and operating costs associated with the RO technology is because of the need to 
operate the process at a  high hydraulic pressure [310, 311].  
Recently, there have been efforts to develop alternative desalination technologies that 
operate at low or no hydraulic pressure and potentially reduce the capital and operation 
costs. Forward osmosis (FO) process has emerged as one of the most promising candidates 
for desalination with a potential to consume much lower energy than the conventional 
processes depending on the types of applications [88, 89]. The FO process relies on the 
osmotic pressure difference across the semi-permeable membrane as the driving force to 
separate salt from the saline water sources instead of hydraulic pressure in the RO process. 
The osmotic driving force is generated by using a concentrated draw solution (DS) on one 
side of the osmotic membrane and feed solution (FS) or the impaired water such as saline 
water on the other side of the membrane. The water moves from the lower concentrated FS 
towards the higher concentrated DS by natural osmosis due to osmotic pressure difference 
without using any external energy. The DS finally becomes diluted but it cannot be used 
directly for potable purpose unless the draw solute is separated and removed from the pure 
water. A post-treatment process is essential for the FO process which could still require 
energy. Finding an ideal draw solute for FO process is therefore still a big challenge at the 
moment for potable water desalination.  
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FO is however found ideal when the presence of draw solutes adds value and as such the 
diluted DS can be applied directly without the need to separate the draw solutes from the 
water [335]. Fertiliser drawn forward osmosis (FDFO) process is one of such application in 
which saltwater is converted into nutrient rich water for fertigation using fertiliser solution 
as DS. The FDFO process has been recently recognised and studied as one of the most 
practical applications of FO process for irrigation [293, 336]. Since the fertiliser is needed for 
the growth of the crops/plants, the question of separation of draw solutes from pure water 
does not arise unlike for the potable water purpose. The fertiliser concentration however 
must meet the nutrient standards for direct fertigation and this is challenging especially 
when feed water with a higher salinity is used. Few options have been explored to reduce 
the fertiliser concentration such as using blended fertiliser as DS [336], using nanofiltration 
(NF) as either pre-treatment to reduce feed TDS or as post-treatment process to reduce 
fertiliser concentration and recycle the excess fertiliser for further reuse and extraction of 
water [316]. 
Membrane properties play a major role in the performance of the FO process [88, 337, 338]. 
Following a renewed research interest in the FO process for various applications recently,  
many new high performing FO membranes have been reported [245, 339, 340]. Most efforts 
however focussed on developing polyamide (PA) based thin film composite (TFC) flat-sheet 
FO membranes with highly porous support layer to reduce the dilutive internal 
concentration polarisation (ICP), found mainly responsible for lower flux efficiency in the FO 
process. Although these efforts have helped improve the water flux by several factors 
however such membranes are also found to have low mechanical strength [24, 341, 342]. 
Although, the FO process does not use hydraulic pressure as the driving force nevertheless, 
membranes in general have to be robust to endure long-term operations.  
Hollow fibre FO (HFFO) membranes could offer several advantages compared to flat sheet 
FO membranes [343]. Hollow fibre module have much higher membrane area to volume 
ratio than flat sheets so that large membrane area can be packaged into a small volume 
(high packing density) thereby decreasing the footprint and capital cost. For thin 
membranes without a fabric backing, fibres are self-supporting and less susceptible to 
damage during operational process [344]. As a result of their rugged self-supporting 
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geometry, HFFO membranes can be made with thinner substrates without fabric backing 
thereby not only reducing the material cost but also in reducing the ICP effects. Lab-scale 
HFFO investigation during our recent study [345] concluded that water flux during HFFO 
comparatively gave up to 66% higher flux outcome in comparison of flat sheet membrane 
using fertilisers as DS. Most studies on the FO process including the FDFO process were 
however conducted at a lab-scale level with a very small membrane area, mostly less than 
0.05 m2 using the only commercialised cellulose triacetate (CTA) FO membrane and hence 
the study using hollow fibre FO membrane module at a larger-scale level are still very 
limited.  
3.2 Major contribution of this chapter and related publications 
This study investigates the performance of the recently developed PA TFC HFFO membrane 
module for the desalination of real brackish groundwater (BGW) for irrigation using fertiliser 
as DS. This is the first study on the FDFO desalination process using PA HFFO membrane 
module at a much larger scale level than the lab-scale level reported in many earlier studies. 
The other specific objectives are to evaluate how the solution properties such as FS and DS 
properties and operational conditions such as crossflow rates, membrane orientation 
influence the performance of the HFFO when operated at a larger-scale module level. The 
study also investigated the impact of scaling on the HFFO membrane when fertilisers are 
used as DS with the real BGW for desalination. It is important to note here that, the scope of 
this study is limited to evaluating the performance of the newly developed HFFO membrane 
module for the FDFO desalination process. The post-treatment system to meet the water 
quality standard in terms of nutrient concentration required for fertigation of crops is not 
included in this study as it has been separately studied earlier [293, 315, 346]. This chapter 
was published in Desalination journal (Lotfi, F., et al., Thin film composite hollow fibre 
forward osmosis membrane module for the desalination of brackish groundwater for 
fertigation. Desalination, 2015. 364: p. 108-118.). 
3.3 Materials and methods 
3.3.1 Draw solution and feed solution 
The saline FS was prepared by dissolving the actual BGW salt in the tap water (TW). The 
BGW salt supplied by Pyramid salt Pty. Ltd Austalia is collected from some of the 
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evaporation ponds that are part of the salt interception scheme located within the Murray-
Darling Basin in Australia [293]. The detailed composition of the BGW salt is presented in 
Table 5.1. To simulate the variation of BGW salinity within the basin [231, 346], feed water 
containing different levels of salt concentrations or total dissolved solids (TDS) were 
prepared and used in this study. BGW5, BGW10, BGW20 and BGW35 therefore represent 
the feed water with TDS of 5, 10, 20 and 35 gL-1 respectively.  
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Table 3.1: Composition of raw BGW salt (1 g dissolved in clean water) obtained from the 
evaporation ponds of the salt interception scheme within the MDB. This same salt was used 
to prepare FS of different concentrations by dissolving in the distilled water. The list 
provides only those major elements. 
Composition  
Concentrations in 1 gL-1 salt 
solution (mgL-1) 
Composition 
Concentrations in 1 gL-1 
salt solution (mgL-1) 
Calcium  32 Chloride 558 
Magnesium  13 Sulphate 52 
Potassium  3 CO3 2 
Sodium  340 Total (TDS) 1000 
Four different fertilisers were used as draw solutes which included monoammonium 
phosphate or NH4H2PO4 (MAP), diammonium phosphate or (NH4)2HPO4) (DAP), ammonium 
sulphate or (NH4)2SO4 (SOA) and calcium nitrate or Ca(NO3)2.4H2O. The selection of the 
fertilisers were based on the earlier studies in which these fertilisers were found to be 
suitable for use as DS [293, 336]. NaCl was also used as reference draw solutes to compare 
the performance of the HFFO membrane module with available literatures on the HFFO 
membranes. All chemicals used in this study were of technical grade (Chem Supplies, 
Australia). All the initial fertiliser DS were prepared by dissolving the fertiliser salts in 
distilled water. Table 5.2 shows some of the essential properties for the five selected 
fertiliser DS in solution.   
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Table 3.2: Basic and essential properties of the five selected DS used in this study. The 
speciation data was obtained using OLI Stream Analyser 9.1. 




Species formed in 2.0 M 
solution at 25 °C and 1.0 
atm. pressure. 
























Sodium chloride NaCl 58.44 7.0 Na+, Cl- 
3.3.2 HFFO module experimental setup and operating procedures 
The process layout diagram of the semi-pilot scale FO unit is presented in Figure 3.1 along 
with the picture of the setup used in the lab. The housing of the HFFO element had an 
internal diameter of 7.5 cm and length of 50 cm. The element was composed of 790 
individual fibres with an effective length of 45 cm and a total membrane area of 1 m2 
supplied by Samsung Cheil Industry, South Korea. The fibres were glued together at each 
end of the housing element to provide a perfect sealing and to prevent the leakage of 
solutions. The lumen side of the fibre was composed of PA TFC active layer supported on 
the porous polyethersulfone (PES) hollow fibre substrate on the outer shell of the fibre. The 
inner and outer diameters of these hollow fibre membranes were 0.9 and 1.2 mm, 
respectively. The pure water permeability coefficient of the HFFO membrane determined in 
RO mode at test pressure ranging between 1.0 and 2.0 bar was 1.92±0.11 Lm-2h-1bar-1 while 
the NaCl (500 mg/L) rejection was 98.5% at 2 bar. Table 3.3 provides summary of 
information on the HFFO membrane and the its module used in this study.  
Two discharge pumps one each for DS and FS were used to maintain cross flows within the 
HFFO membrane module. The FS flowed inside the lumen of the HFFO while the DS flowed 
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outside of fibre through the housing, unless stated otherwise. Most experiments were 
conducted at a flow rate of 6 L/min and under a counter-current crossflow mode unless 
specified otherwise. The initial volume of the DS used was 5.0 L and the FS was 100 L. All the 
experiments were conducted in a batch mode in which both the solutions, after passing 
through the membrane, were returned or recycled back to their respective tanks. This led to 
the continuous dilution of the DS and a continuous increase in the concentration of the FS, 
resulting in a decrease in water flux over time.  
The performances of the HFFO membrane module were assessed in terms of water flux and 
the loss of draw solutes by reverse solute flux (RSF). Water flux across the membrane in the 
FO process was calculated from the change in the volume of the DS in the DS tank with the 
help of a digital mass scale (GFK 300, ADAM) connected to a computer for online data 
logging. The RSF was evaluated by recording the increase in the conductivity of the feed 
water by using TW as feed. Since the same HFFO membrane module was used for all the 
experiments, it was important that the membrane scaling and fouling from the earlier 
experiments, if any, did not affect the results of the subsequent experiments. Therefore, a 
strict membrane cleaning protocol was adopted in this study after each experiment. After 
each experiment, the membrane was physically cleaned by replacing both DS and FS with 
TW and by providing high cross flow rates (6 L/min, limited by the pump capacity) for about 
30 minutes. The baseline flux was determined (using 1.0 M NaCl as DS and TW (TW) as FS 
under the similar operating conditions described above) after each experiment to ensure 
that the water flux for the HFFO membrane module is fully restored before starting the next 
experiment. If complete recovery was not observed, acid cleaning was performed using 0.1 





Figure 3.1: Experimental setup for the FDFO desalination process using hollow 1 m2 HFFO 
membrane module. (a) Picture of the HFFO membrane module used for all FO experiments 




Table 3.3: Basic information about the HFFO membrane and the membrane module used in 
this study 
Membrane parameters Values 
Hollow fibre data  
   Rejection layer Polyamide (PA)  
   Support layer Polyethersulfone (PES) 
   Outer diameter 1.2 mm 
   Inner diameter 0.9 mm 
   Rejection layer Inside facing lumen side 
   Pure water permeability 1.92±0.11 Lm-2h-1bar-1 
   Salt rejection (500 mg/L NaCl) 98.5% at bar 2.0 bar 
Module data 
   Diameter 7.5 cm 
   Effective module length 45 cm 
   Outer module length 50 cm 
   Total number of fibres  790 
   Total membrane area 1.0 m2 
3.4 Results and discussion 
3.4.1 Performance of HFFO membrane module under different draw solution and feed 
solution conditions 
The solution properties play a significant role in the performance of the FO process [316, 
323, 338]. The performances of the HFFO membrane module under different solution 
properties were evaluated using different types of DS, different DS concentrations and 
different feed TDS. The performance of the HFFO module was measured in terms of the 
variation of water fluxes as a function of cumulative volume of water extracted during the 
FO process. The HFFO membrane module was operated in a batch mode which led to 
continuous dilution of the DS and continuous increase in the TDS of the FS with increase in 
the cumulative volume of water extracted as explained earlier under Section 3.2. Figure 
3.2(a) presents a typical variation of DS/FS concentrations (NaCl/BGW) and the cumulative 
113 
 
volume of water extracted with time during the operation of the FO process. These 
experimental data shows how the gradual increase in the cumulative volume of the 
extracted water in the DS tank with time could result in the decrease of the DS 
concentration with time. DS concentration or the osmotic pressure of the DS is the main 
driving force in the FO process and a continuous decrease in the concentration could 
therefore result in flux decline with time or cumulative volume which must be identified 
from the flux decline due to membrane scaling or fouling. In addition, the TDS of the FS also 
increases with time as more and more water permeates through the membrane towards 
the DS with time which could also contribute towards gradual flux decline. Figure 5.2(b) 
shows the variations of the osmotic pressure with the concentration for the five DS analysed 
using OLI Stream Analyser 9.1 (OLI Systems Inc., Morris Plains, NJ, USA). Therefore the 
performances of the HFFO membrane module are all compared in terms of the variation in 
the water flux with cumulative volume of extracted water instead of traditional approach of 
comparing the flux variations with the operating time. The water flux versus operation time 
as used in most of the earlier studies for FO process in fact does not provide adequate 
comparison because of the differences in the extent of dilution of the DS as the DS is 






Figure 3.2: Solution properties for the operation of the HFFO membrane unit (a) variation of 
DS and FS concentrations, and cumulative volume of extracted water with time during the 




The performances of the HFFO membrane module using four different types of DS with 
BGW5 is FS presented in Figure 3.3(a) and the results show that, SOA and NaCl have the 
highest water fluxes amongst the five DS tested in this study. The osmotic pressures of the 
SOA and NaCl shown in Figure 3.2(b) are comparable for concentrations up to 1.0 M 
(beyond 1 M NaCl shows higher osmotic pressure) and this perhaps explains the reasons 
why they have similar water fluxes in Figure 3.3(a). Although the osmotic pressures or the 
driving forces of the CAN and DAP are higher than SOA, NaCl and MAP at 1 M concentration 
nevertheless, their water fluxes are much lower and in fact, even lower than MAP with the 
lowest osmotic pressure. While DAP usually showed lower water fluxes in our earlier studies 
too with CTA FO membrane [231, 293], nevertheless the lower and sharp decline in water 
fluxes for DAP and CAN with HFFO membrane is unique to this study. Since a gradual flux 
decline with cumulative volume or time is naturally expected for a batch mode of FO 
operation however, the sharp flux decline observed for DAP and CAN is in deviation from 
this normal flux decline, which is therefore worth further discussing.  
The rapid flux decline for CAN and DAP as DS is likely due to membrane scaling as explained 
below. To confirm that scaling had indeed occurred during the FDFO process in Figure 
3.3(a), baseline fluxes of the HFFO membrane module were determined immediately after 
each experiment (before physical cleaning) using 1 M NaCl as DS and TW as FS. The results 
in Figure 3.3(b) show that, the baseline fluxes for the HFFO membrane module after 
experiment with any of the five DS did not fully recover to its initial baseline flux indicating 
that scaling had indeed occurred during experiments with all five DS although the severity of 
scaling is different. After physical cleaning for 30 minutes using TW at 6 L/min (this was the 
maximum the pump could achieve), the water flux recoveries were almost 100% for NaCl, 
SOA, CAN and MAP indicating that the scaling might have occurred on the active layer side 
of the membrane facing the FS. This scaling on the active layer side of the HFFO membrane 
facing the FS could be due to two possible reasons: super saturation of feed ions or reverse 
diffusion of draw solute ions that could interact with the feed ions or both. It has been 
reported in many earlier studies that, organic fouling or inorganic scaling formed on the 
active layer side of the membrane could be cleaned simply by physical cleaning and seldom 
required chemical cleaning [144, 347]. The poor flux recovery of the HFFO membrane 
module by physical cleaning after DAP experiment and therefore indicates that, scaling must 
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have occurred inside the support layer side of the HFFO membrane, which is immune to 
physical cleaning. Chemical cleaning of the HFFO membrane module was however able to 
fully recover the water flux. The scaling phenomenon in the HFFO membrane module is 
explained as follows. 
The flux decline with CAN as DS is likely due to the reverse diffusion of the CAN DS towards 
the FS, which then interacts with scaling ions such as SO4
2+ to form CaSO4 or gypsum. The 
reverse diffusion of CAN is generally reported to be higher than other DS containing divalent 
cations [229, 348].  The major species present in the CAN DS are Ca2+ and NO3
- as presented 
in Table 3.2. The rate of reverse diffusion is a complex phenomenon involving membrane 
properties, solute properties and solution chemistry. NO3
- has one of the lowest hydrated 
ionic radii because of which the rate of reverse diffusion is high compared to other anions. 
Since NO3
- has high rate of reverse diffusion, Ca2+ ion must also permeate at similar rate to 
maintain membrane electro-neutrality. The hydrated ionic radius of the Ca2+ ions are much 
larger than nitrate NO3
- ions and hence its easy passage through the membrane will be 
restricted however, since the PA rejection layer is negatively charged, it would also promote 
sorption of Ca2+ ions on its membrane interface which could eventually lead to permeation 
of some of the Ca2+ ions through the membrane. The PA active layer of the TFC membranes 
is usually negatively charged due to the presence of carboxylic functional groups [349, 350] 
that could form complexes particularly with the divalent ions such as Ca2+ and Mg2+ This 
high reverse diffusion of CAN is evident from the results presented in Figure 4.6 using TW as 
FS (more discussion on Figure 3.6 is included later part of this section) although the 
mechanism involved in this particular case is the solution diffusion model due to the 
absence of ions in the FS. This reverse permeation or diffusion of Ca2+ ions towards the FS 
could therefore result in the formation of CaSO4 or gypsum scales by combining with SO4
2+ 
ions present in the FS (refer Table 3.1 for FS composition). Although the other anions are 
also present on the BGW FS however, SO4
2- with larger valency could have higher affinity 
towards Ca2+ ion than the other monovalent anions. As the  concentration of Ca2+ ions at the 
membrane surface increases with time, it could initiate the formation of gypsum pre-
nucleation cluster (since CaSO4 has very low solubility) and then gradually resulting in 
surface crystallisation on the PA active layer [144]. Scaling of FO membrane with CAN as DS 
using CTA membrane was not observed [231] because CTA membranes are generally not 
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charged at neutral pH and hence reverse diffusion of CAN is expected to be lower than 
negatively charged PA membrane.  
Similar sharp flux decline was observed with the DAP as DS as shown in Figure 3.3(a). A 
significant scaling problem was experienced with DAP DS using CTA membrane in our earlier 
studies due to reverse diffusion of phosphate ions that formed calcium phosphate scales at 
the active layer side of the CTA membrane [231]. The scaling mechanism however could be 
slightly different here with the HFFO membrane because of the negatively charged PA layer 
that determines the ion transfer across the membrane and in particular the scaling 
precursor ions. One of the major ionic species of the DAP is NH4
+ and with its very low 
hydrated ionic radius, NH4
+ could easily diffuse through the membrane. The reverse 
diffusion of NH4
+ ions may be further facilitated by the negatively charged membrane 
surface through sorption of NH4
+ ions that could accelerate diffusion. To maintain electro-
neutrality, the phosphate anions may be compelled to diffuse at the similar molar flux rate 
as NH4
+. Phosphate ions are generally multivalent anions (refer to Table 3.2 for species) and 
hence the reverse diffusion through the negatively charged membrane will not be as fast as 
NH4
+ since its permeation will be restricted due to charge exclusion of the multivalent  
phosphate anions.  
The previous study has suggested two transport mechanisms for solute permeation in the 
FO process: solution diffusion and ion-exchange mechanisms [348]. In the solution-diffusion 
mechanism, an anion and cation from the FS or DS permeates together in equal molar 
concentrations to maintain membrane electro-neutrality. In ion-exchange mechanism 
however, the ion from FS exchanges with the ion from the DS. It is apparent from Table 3.1 
that, significant concentrations of Na+, Ca2+ and Mg2+ ions are present in the BGW FS. The 
negatively charged PA active layer of the membrane could promote sorption of cations 
present in the FS  eventually facilitating forward diffusion of cations including Ca2+ and Mg2+ 
through the PA layer to compensate the high rate of NH4
+ permeate towards the FS. The 
permeation of Ca2+ or Mg2+ ions or both from the FS towards the DS containing phosphate 
ions could form phosphate scaling (such as calcium phosphate, magnesium phosphate and 
struvite) inside the membrane support layer that might have contributed to sharp flux 
decline. The slightly alkaline pH (measured 7.9 at 1 M as presented in Table 3.2) of the DAP 
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solution could act as a favourable condition for calcium phosphate scale formation inside 
the membrane support layer [351]. While it is possible that both Ca2+ and Mg2+ could 
contribute to the scaling as observed in our earlier study using CTA membrane however, 
given the higher Ca2+ ion concentration than Mg2+ in the BGW FS (refer to Table 3.1), it is 
reasonable to expect that calcium phosphate could have been contributed more to scaling 
inside the membrane support layer than magnesium phosphate. Moreover, Ca2+ ion 
rejection is slightly lower than Mg2+ ions for PA membranes since Mg2+ ions have slightly 
larger hydrated radius [352]. 
It may also be argued here that, similar scaling effect as DAP inside the support layer should 
have been observed when SOA and MAP are used as DS. The forward diffusion  of Ca2+ ions 
from the FS could meet similar fate with the sulphate or phosphate ions of the DS inside the 
support layer resulting in the formation of gypsum or calcium phosphate scaling inside the 
support layer however, scaling does not seem to have occured with SOA or MAP as evident 
from the gradual flux decline observed in Figure 4.3(a) which is simply due to dilution effect. 
This could probably be explained due to low pH of the SOA (pH 5.4) and MAP (pH 3.9) DS 
which likely prevented or perhaps slowed down the formation of scales inside the support 
layer. Under acidic conditions, the solubility of the inorganic scaling compound is generally 
enhanced and this is actually the reason why acidic cleaning is generally recommended for 
removing the scales from the membranes [353]. These results using four different fertiliser 
DS show that, besides the valency and type of charge of the ions of both DS and FS, the 
solution pH and membrane charge could play a significant role in the formation of inorganic 
scales in the FO process and contribute towards flux decline. This results therefore 
underscore the importance of selecting an appropriate fertiliser DS for the FDFO process for 
the desalination of BGW for fertigation which otherwise scaling will become a major issue 
during the process needing chemical cleaning to recover the water flux of the HFFO 





Figure 3.3: Performance of the HFFO membrane module under different DS properties. (a) 
Variation of water fluxes for five different types of DS with cumulative volume of water 
extracted and (b) baseline fluxes of the HFFO membrane module conducted using 1 M NaCl 
as DS and TW as FS after the module was subjected to five hours of experimental run with 1 
M DS and BGW5 FS. 
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The performance of the HFFO membrane module under different DS concentrations is 
presented in Figure 3.4 for SOA and NaCl as DS using BGW5 as FS.  Figure 3.4(a) shows the 
variations of water fluxes with cumulative volume using four different concentrations of 
SOA DS with BGW5 as FS while Figure 3.4(b) shows the initial water fluxes under different 
SOA and NaCl DS concentrations with BGW5 as FS. These results show that, the initial water 
flux of the HFFO module increases when a higher initial DS concentrations are used. This 
increase is as expected given that at higher concentrations, the DS generates higher osmotic 
pressure and increases the osmotic driving force resulting in higher water flux. However 
from Figure 3.4(b), it is clear that, increase in the water flux gradually levels off at certain 
value despite further increase in the FS concentration. As observed in the earlier studies, the 
logarithmic increase in the water fluxes with DS concentrations shown in Figure 3.4(b) is 
because of the increased severity of dilutive ICP effects that occur when higher DS 
concentrations are used. This is the flux paradox of the FO process where, the increased 
water flux itself acts as a limiting factor by enhancing the dilution of the DS at the 
membrane surface facing the DS ultimately decreasing the osmotic driving force and the 
water flux [354, 355]. Using higher DS concentration in fact results in increased feed 
recovery rate which could promote scaling on the membrane surface however, the results 
from Figure 3.4(a) do not show a rapid and unusual flux decline indicating the absence of 
scaling even when the FO process was operated at higher feed recovery rates. Although the 
feed recovery rates of the module was less than 3% as mentioned earlier however, the 
overall feed recovery rate for the FO process conducted in batch mode was as high as 30% 
for 3 M SOA DS. This result further confirms earlier assumption that using SOA as DS with 
BGW did not show any sign of significant membrane scaling. 
Given the non-linearity of the water flux with the DS concentrations in the FO process, it is 
important to start the FO process with optimum initial DS concentration. Using a very high 
DS concentration may in fact increase the pumping cost because of the increase in the 
specific weight and viscosity of the DS. Moreover, for a full-sale FO desalination plant with 
fixed number of membrane modules/membrane area, using higher initial DS concentration 
could also result in higher concentration of the final diluted DS exiting from the modules 
which is not desirable [356]. Although the DS will ultimately become diluted as the FO 
process progresses with time, it is important that an optimum initial DS concentration is 
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determined for effective operation of the FDFO desalination process that may also be 
influenced by factors such as the initial water flux of the DS, total membrane area used in a 
module, feed properties, etc. The results from Figure 3.4(b) however cannot identify the 
optimum initial DS concentration since the module used in this study had an area of only 1 
m2 where the recovery ranges within the module is only about 3%. Experimental data using 
much larger membrane area or number of modules could provide a more realistic idea of 





Figure 3.4: Performances of the HFFO membrane module under different DS 
concentrations. (a) variation of water flux with cumulative extracted volume for different 
SOA DS concentrations using BGW5 as FS and (b) variations of the initial water fluxes of SOA 
and NaCl at different DS concentrations using BGW5 as FS. Other experimental conditions 
include crossflow rate of 6 L/min, counter-current crossflow mode and operational 
temperature of 25ºC. 
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FS properties play a vital role in the performance of the FO process just as they do in the RO 
process [316]. While the feed salinity or the osmotic pressure of the FS directly influences 
the net osmotic pressure or the driving force, the presence of other solutes either in 
dissolved form or in suspended form can directly affect the performance of the FO process. 
The enhanced concentrations of some of the ions such as Ca2+, SO4
2-, Ba2+, CO3
2-, etc. could 
be a precursor to scale formation that could lead to rapid flux decline during the membrane 
process. In order to study the influence of feed TDS on the performance of the HFFO 
membrane module, five different feed concentrations or TDS were tested using 1 M SOA as 
DS. These feed conditions are represented as BGW 5, BGW 10, BGW 20 and BGW 35 
corresponding to TDS of 5,000, 10,000, 20,000 and 35,000 mgL-1 respectively, as FS and 1 M 
of SOA as DS.  
The results in Figure 5(a) show that, the water flux decreases significantly and exponentially 
with the increase in feed TDS. This decrease in the water flux with TDS is due to increase in 
the osmotic pressure of the FS that reduces the net driving force or the osmotic pressure 
difference between the two solutions to generate water flux. The significance of this is that, 
the volume of water a unit mass of the fertiliser DS can extract will be severely limited by 
the TDS or osmotic pressure of the FS which will then affect the extent of final dilution or 
concentration of the diluted fertiliser DS. Using a FS with higher TDS will result in 
corresponding higher concentrations of the final diluted DS based on the principle of 
osmotic equilibrium and hence the fertiliser concentration may be too high for direct 
fertigation [356]. This however applies to any types of FO membranes irrespective of their 
flux efficiency and their modular configurations. Figure 3.5(b) shows the variation of water 
flux with the increase in the cumulative volume using different TDS of the FS 1 M SOA as DS. 
As the Figure shows, no abrupt decrease in the water flux was however observed during the 
operation of the FO process indicating that the influence of membrane scaling was not 
significant in this particular study with SOA DS. This was perhaps due to low recovery rate at 
which the feed was operated. The final recoveries of the feed water tanks were only about 
20% to 30%. Scaling issues could however become more prominent if the unit was operated 





Figure 3.5: Influence of feed water properties on the water flux. (a) variation of the initial 
water flux with the feed TDS and (b) variation of water flux with the cumulative DS volume. 
Experimental conditions include DS: 5 L of 1M SOA, FS: 100 L of actual BGW at different TDS, 
cross-flow velocity: 6 L/min 
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Most polymeric semi-permeable membranes are not an ideal membrane and hence any 
osmotic processes involve bi-directional movement of the solutes across the semi-
permeable membrane [357, 358]. Similar to RO membranes, FO membranes have salt 
rejection less than 100% which means that certain percentage of feed salts passes through 
the membrane along with the permeate. In addition, the FO process involves two 
independent solutions and hence the draw solutes also reversely diffuse towards the feed 
(in opposite direction to the permeate water flux) and therefore it is important that the 
performance of the FO process is assessed in terms of the loss of draw solutes by reverse 
diffusion. The reverse diffusion of draw solutes has serious implications such as economic 
loss of the draw solutes, which needs replenishment. More significantly, the presence of 
certain draw solutes could complicate the FO concentrated brine management due to the 
potential of some of the DS to cause environmental toxicity [323].  
Reverse diffusion of draw solutes is usually measured in terms of the reverse solute flux 
(RSF) and specific reverse solute flux (SRSF). The RSF refers to the mass of draw solutes that 
pass through the membrane in a unit membrane and in a unit time while the SRSF refers to 
the mass of draw solutes that pass through the membrane per unit volume of water that 
permeates the membrane. In many earlier studies, the RSF has been observed to increase 
when higher DS concentrations are used which is also consistent with the solution diffusion 
models suggested for the RSF [115, 231]. However, from the results in Figure 4 above, it is 
clear that, the water flux is also higher when higher DS concentrations are used in the FO 
process. Therefore, SRSF (ratio of solute flux to water flux) has been considered as the most 
accurate way of assessing the reverse diffusion of the draw solutes per unit volume of water 
extracted by the DS and hence in this study only SRSF has been used for discussion.  
Figure 3.6 presents the loss of the draw solutes measured in terms of SRSF for all the four 
fertilisers and NaCl at 1 M DS using TW as FS. TW was used as FS for evaluating the RSF. The 
SRSF of CAN (1.2 gL-1) was observed the highest while DAP showed the lowest SRSF (0.16 gL-
1) amongst the five DS studied. In fact, the SRSF of CAN is even higher than NaCl which is 
surprising given that, SRSF of NaCl is usually observed to be much lower than those 
multivalent DS using CTA FO membranes. Although CAN is a divalent DS nevertheless, the 
high SRSF indicates the role of the negatively charged PA membrane that attracts divalent 
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counter ions (cations) thereby slightly enhancing the passage of Ca2+ ions as discussed 
earlier. Although, NO3
- ions are expected to be rejected by the negatively charged 
membrane surface however, in order to maintain electro-neutrality across the membrane, 
NO3
- anions have to diffuse simultaneously with the Ca2+ ions since there are no other 
significant ions present in the FS (TW is used). The SRSF of SOA, MAP and DAP is quite 
reasonably low because of the presence of the multivalent anions which are more repelled 
and rejected by the negatively charged PA layer of the HFFO membrane. The water flux (5 
Lm-2h-1 at 0.5 M NaCl as DS and BGW5 as FS) and the SRSF of the NaCl (0.5 gL-1) is 
comparable to the performances of some of the reported studies on the PA based TFC flat 
sheet FO and HFFO membranes [340] however, the performance is still not as efficient as 
other reported PA based TFC HFFO membranes [343]. 
 
Figure 3.6: Loss of draw solutes during the operation of the semi-pilot HFFO unit measured 
in terms of RSF and SRSF for selected DS concentrations using TW as feed water. 
3.4.2 Performance of a HFFO membrane module under different operating conditions 
The performance of the HFFO membrane module was evaluated under different operating 
conditions such as membrane orientation, crossflow direction and the crossflow rates and 
their results are presented in Figure 3.7. As any salt rejecting polymeric membranes, the 
HFFO used in the study is also made up of an asymmetric structure containing a thin PA salt 
rejecting layer on the thick porous support layer. Membrane asymmetry plays  a significant 
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role on the performance of the FO process. The influence of membrane orientation for the 
semi-pilot HFFO unit was observed by comparing the water fluxes under active layer facing 
FS (FO mode) and active layer facing the DS (PRO mode). Figure 7(a) shows the variation of 
water fluxes when the HFFO membrane element was operated under two different 
membrane orientations using 1.0 M SOA as DS and BGW5 as FS. The results indicate that, 
under the PRO mode of membrane orientation, the water flux is more than twice as high as 
under the FO mode of membrane orientation. The water fluxes in the PRO mode are usually 
higher as observed in many earlier studies with the membrane synthesised in the labs. Such 
a large difference in water fluxes between the two modes of membrane orientations not 
only confirms further how the dilutive ICP plays a major role in lowering the water flux in 
the FO process but also shows how support layer formation of this HFFO membrane 
contributes to enhanced dilutive ICP effects.  
The initial water flux under the FO mode of membrane orientation for TFC HFFO membrane 
module is about 8 Lm-2h-1 using 1 M SOA as DS and BGW5 as FS (Figure 7) which is 
comparable to the water flux of 7 Lm-2h-1 for CTA flat-sheet FO membrane operated under 
similar operating conditions (except in total membrane area) [336]. Given that the TFC HFFO 
membrane has pure water permeability coefficient two times higher (1.8 Lm-2h-1) than the 
CTA flat-sheet FO membrane (1.01 Lm-2h-1) [345], it was in fact expected that the, water flux 
for TFC HFFO membrane could be comparatively higher than the CTA FO membrane. This 
therefore indicates that, the dilutive ICP effect for the TFC membrane is even higher than 
the CTA FO membrane and this could likely be due to the support layer property of the TFC 
HFFO membrane. Figure 3.8(a) presents the SEM images of the cross section of the HFFO 
membrane. The support layer of the fibre has a finger-like structure that is purposely 
designed to create macro-voids and increase the porosity of the support layer and facilitate 
easier diffusion of DS towards the rejection layer located on the lumen side of the fibre. The 
support layer should provide minimum resistivity to the diffusion of the DS which otherwise 
could significantly reduce the driving force to generate water flux. This is one of the main 
reasons why most recent efforts to develop efficient FO membrane have been in improving 
the structural parameters such as by increasing the porosity and reducing the tortuosity and 
thickness so that the dilutive ICP effect is reduced [20, 359].  However, despite higher PWP 
for the HFFO membrane, its lower water flux than expected under the FO mode indicates 
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that, the resistance to diffusivity of the DS in the support layer is still high. A closer 
observation of the support structure from the SEM images in Figure 3.8(a) reveals that, the 
support layer formation may not have been a fully optimised. 
Although, finger-like macro-voids are formed within the support layer, they do not seem to 
be connected or open to the external shell of the fibre. Most macro-voids, visible in the SEM 
images, tend to terminate before reaching the external shell of the fibre making the layer 
near the shell surface appear denser and less porous. This could likely increase the resistivity 
of the support layer structure to the diffusivity of the draw solutes. The other observation to 
note is the presence of two distinct layers of support structure formation each having 
independent finger-like water channel formations not directly connected to each layer 
formation. There is clearly a solid mass of membrane support layer between the two finger-
like layers of porous water channels. This discontinuity of the finger-like water channels 
within the support layer could reduce the diffusivity of the draw solution significantly 
thereby likely contributing to the increased severity of dilutive ICP effects in the FO mode of 
operation. Such discontinuity of the finger-like water channels were not reported in the PA 
TFC flat-sheet FO membranes where the water flux under the FO mode of membrane 
orientation is reported to be comparatively higher [245, 339, 340].  Given the propriety of 
the TFC HFFO membrane used in this study, we could not shed any light on the reasons for 
the formation of this type of support layer formation. The lower than expected water flux 
for the TFC HFFO membrane used in this study however shows the importance of fully 
optimising the support layer formation during the fabrication of the HFFO membrane. 
It may not be however fair to compare the water flux between the CTA and TFC membrane 
under FO mode because they have totally different membrane properties in terms of 
materials, surface chemistry, salt rejection layer thickness, support layer structure, etc. 
which all could result in different efficiencies. This finger-like support structure for TFC HFFO 
membrane is quite different from the one generally shown cross section of the flat sheet 
CTA FO membrane composed of polymer mesh embedded within the CTA membrane 
reported in many literatures [245, 339, 340]. Comparison under the PRO mode of 
membrane orientation between HFFO membrane and flat sheet CTA FO membrane is 
however straightforward given that the dilutive effect now occurs on the external side of 
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the membrane. By safely neglecting the contribution of concentrative ICP effects, which is 
generally less significant than the dilutive ICP effect, the comparison now becomes only due 
to a function of the membrane active layer properties of the two membranes.  
The percentage increase in the water flux under the PRO mode compared to FO mode of 
membrane orientation for HFFO membrane is significantly higher than that of the CTA FO 
membrane [316]. This high water flux under the PRO mode of membrane orientation for 
TFC HFFO membrane is likely due to two main factors: high water permeability and 
enhanced DS mixing on the lumen side. The water flux is a function of the membrane 
permeability and driving force and since the PWP of TFC HFFO membrane is much higher 
than the CTA FO membrane, its water flux under the PRO mode is therefore expected to be 
much higher. The other likely reason is the high velocity shear of the DS that occurs within 
the small confined tube of the lumen side of the HFFO membrane favouring more 
turbulence and better mixing and hence, lower dilutive ECP effects. The Reynolds number of 
the DS inside the lumen side (PRO) of the hollow fibre membrane was 84,140 compared to 
only 13,360 when it flows outside the lumen under the FO mode of operation which could 
significantly enhance the mixing thereby reducing the dilutive ECP effects. Such conditions 
are not available when the DS flows outside of the lumen side of the HFFO membrane 
where the spacing or the cross sectional area is comparatively large and hence the DS 
velocity could be much lower than lumen flow for the same DS flow rates. The high water 
flux under the PRO mode of operation for this HFFO membrane is quite promising especially 
when a high quality pre-treated feed water is to be used for the desalination process [346].  
Crossflow direction could play a significant role in the performance of the FO process both 
in terms of the water flux and the final concentration of the diluted DS [356]. The influence 
of the crossflow directions on the semi-pilot HFFO unit was assessed by operating the unit 
under co-current and counter-current crossflow modes using 1 M SOA as DS and BGW5 as 
FS. Figure 3.7(a) shows the variations of the water flux under the two different crossflow 
modes of operation. It is clear from these results that there are no noticeable differences in 
water flux between the co-current and counter-current crossflow modes of operations 
[360]. This is likely due to the short membrane length (45 cm) and the smaller membrane 
area (only 1 m2) used in the membrane module which gives a feed recovery rate of only 
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about 3% not adequate to show any noticeable differences in the water flux. FO modelling 
has in fact shown that, the water flux under the counter-current crossflow mode could be 
slightly higher than the co-current crossflow mode when the FO process is operated under 
full-scale modular FO system [356].  Few lab-scale studies using flat-sheet FO membranes 
have reported a slightly enhanced water flux under the counter-current crossflow mode of 
operation [360-362]. 
Figure 3.7(b) presents the influence of crossflow rates on the water flux. The same crossflow 
rates were maintained for both the DS and FS although it does not translate into equal 
crossflow velocity or Reynolds number due to the difference in the geometry for inside and 
outside the lumen side of the hollow fibre membrane. The influence of the crossflow rates 
on the water flux of the HFFO membrane module was observed by operating the FO module 
under two different crossflow rates (2.5 L/min and 6.0 L/min corresponding to Reynolds 
numbers of 5,566 and 13,360, respectively) and under AL-FS membrane orientation mode. 
The results in Figure 3.7(b) indicate that an HFFO membrane unit operated at higher 
solution flow rates could result in slightly improved water flux. Such visible influence is not 
usually observed in the lab-scale FO unit using a rectangular FO cell [24, 360, 363]. The 
slightly enhanced water flux observed at higher crossflow rate is likely due to increased 
crossflow velocity of the FS that increases the mass transfer coefficient of the feed solutes 
thereby reducing the concentrative ECP effects at the membrane surface. Increased 
crossflow rate of the DS on the support layer side of the membrane is not expected to have 
any influence in reducing the ICP effect as it occurs within the support layer. However, it 
must be noted that, increasing the flow rates however not only reduces the feed recovery 
rates but also decreases the dilution of the bulk DS concentration and hence DS that comes 
out of the module will have much higher concentration which is not desirable. Adopting 
optimum crossflow velocity is also important as increasing flow rates could also increase 






Figure 3.7: Performance of the HFFO membrane module under the influence of different 
operating conditions: (a) different membrane orientations and crossflow directions and (b) 










Figure 3.8: Cross-sectional SEM images of the tow FO membranes (a) PA HFFO membrane 
used in this study and (b) CTA FO membrane used in our earlier studies. 
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3.4.3 Implications of the performances of the HFFO membrane module 
Table 3.4 presents the comparative parameters of the flat sheet spiral wound (8040) CTA FO 
membrane module (HTI Inc. USA) recently tested in our lab [364] and the 1.0 m2 HFFO 
membrane module used in this study. The HFFO membrane module contains a total of 790 
fibres (external fibre diameter of 1.2 mm and internal diameter of 0.9 mm and 45 cm 
effective length) inside a 7.5 cm diameter module/housing with a total packing density of 
about 20%. The module average water fluxes are 4.5 Lm-2h-1 for 8040 CTA FO module [364] 
and 6.0 Lm-2h-1 for the HFFO membrane module both using 1 M SOA as DS and BGW5 as FS. 
Table 3.4 shows that, for a membrane module of similar 8040 size, HFFO membrane will 
have higher effective membrane area of 14.9 m2 compared to 11.2 m2 for spiral wound flat 
sheet FO membrane based on the similar packing density as used in the test module. 
Although, the total membrane area of 8040 HFFO module (14.9 m2) is not significantly 
higher than the 8040 spiral wound module (11.2 m2) however, given its higher water flux, 
the volumetric flux output per module is significantly higher for HFFO module (89.4 Lh-
1module-1) than the spiral wound CTA module (39.2 Lh-1module-1).   
Generally for commercial applications, the preferred packing density of the hollow fibre 
membrane is generally 45-60% [365]. Assuming a packing density of 45%, the total 
membrane area for 8040 HFFO membrane has been estimated at 35 m2 which is three times 
as high as the effective membrane area of the spiral wound 8040 CTA module. At this 
packing density, the volumetric output per module would increase to 211 Lh-1, which is 
more than four times higher than the 8040 CTA FO module. These results indicate the 
inherent advantages of the HFFO membrane module over the spiral wound CTA FO 
membrane module in terms of much lower footprint and membrane cost for an FO 
desalination plant. However, it must also be acknowledged that, the calculations for the 
8040 HFFO module is based on the module average water flux of the 1 m2 HFFO membrane 
module. The actual module average water flux for the HFFO membrane module with larger 
membrane area would have slightly lower water flux than used here for calculation since 





Table 3.4: Comparative parameters of the hollow fibre FO and spiral would membrane 
modules for the FDFO process 
Parameters CTA module  [53] HFFO module 
Types of module Spiral wound Hollow fibre 
Module size for comparison 8040= 80” x 40” 
20.32 x 101.6 cm 
7.5 x 50 cm [used in this study] 
Total membrane area 11.2 m2 1.0 m2 
Module packing volume 3.2931x10-2 m3 2.2078x10-3 m3 
Total membrane area 
converted in 8040 module 
11.2 m2 
14.9 m2 at 20% packing density 
35 m2 at 45% packing density 
 
Module average water flux 
using [1 M SOA:BGW5] 
4.5 Lm-2h-1 6.0 Lm-2h-1 
Volumetric output from each 
8040 membrane module 50.4 Lh
-1 
89 Lh-1 at 20% packing density 
211 Lh-1 at 45% packing density 
 
3.5 Conclusions 
The performances of the newly developed PA based TFC HFFO membrane module with a 
membrane area of 1 m2 were tested using four different fertilisers and NaCl as DS and real 
BGW FS obtained from one of the salt interception schemes in the Murray Darling Basin. 
The following are the conclusions drawn from this particular study:  
 Membrane charge and its electrostatic interactions with the ions played a significant 
role in the performance of the HFFO module especially when fertilisers containing 
scaling ions are used as DS. Negatively charged PA layer of the HFFO membrane 
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favoured sorption of multivalent cations such as Ca2+ ions which likely enhanced the ion 
flux through the rejection layer resulting in the formation of scales and flux decline.  
 Although slight scaling seems to have occurred for the HFFO membrane module using all 
five selected DS however, flux decline was more severe with CAN and DAP fertiliser as 
DS. Scaling occurred inside the support layer of the HFFO membrane when DAP was 
used as DS and only acidic cleaning was able to restore the flux fully. Physical cleaning 
was effective for restoring the water flux of the HFFO membrane module when scaling 
occurred on the active layer side of the membrane. The complex interaction between 
the membrane surface and the solute ions however underscores the importance of 
selecting a suitable fertiliser candidate for the desalination of BGW by FDFO process.  
 The water flux under the active layer DS (PRO mode) of membrane orientation was 
about twice as high as under active layer FS (FO mode) of membrane orientation. The 
lower water flux than expected in the FO mode of membrane orientation was probably 
due to the non-optimised support layer formation in which the finger-like water 
channels were not fully inter-connected thereby reducing the diffusivity of DS through 
the support layer. 
 Consistent with the lab-scale studies, the water flux increases non-linearly with the 
increase in the DS concentrations, which underscores the importance of selecting an 
optimum initial DS concentration to reduce the pumping energy cost.  
 The water flux decreased exponentially with the increase in the feed TDS however, no 
abrupt decrease in the water flux was observed indicating the absence of membrane 
scaling using SOA was used as DS. 
 A slight increase in the water flux was observed when the cross flow rates of the 
solutions were increased due to enhanced velocity shear and mass transfer on the FS 
side of the membrane that likely reduced the concentrative ECP effects. 
 No significant difference in the water flux between co-current and counter-current 
crossflow directions was observed probably due to the low recovery rate of this HFFO 
membrane module.  
 Based on the performance of the HFFO membrane module in this study, it is observed 
that the HFFO membrane module with a packing density of 45% could offer membrane 
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area three times more and volumetric flux output four times more compared to the CTA 
FO membrane with a size similar to 8040 spiral wound FO membrane module. 
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4 Forward osmosis performance over diluting 




The sustainability of water and energy resources are being threatened due to rapid 
population growth and therefore, developing low-energy separation technologies is crucial 
to meet the increasing water demand through unconventional sources [7, 44-46]. 
Membrane technologies are currently the most widely applied techniques to produce clean 
water and reverse osmosis (RO) is the most employed membrane process for desalination 
(up to 70% of the installed desalination plants) [367]. Although the RO desalination plants 
consume significantly less energy than it was decades ago due to the efficient energy 
recovery devices and improved membrane materials, desalination still remains an energy-
intensive process [36, 37]. Besides, the energy required for RO desalination has almost 
reached its thermodynamic limit and the remaining opportunities to further reduce its 
energy consumption will require additional processes which ultimately increase the total 
cost of the final water [318]. Moreover, RO still suffers from severe membrane fouling; 
affecting its long-term performance and the cleaning of membranes not only has 
considerable environmental issue but also pose a significant plant downtime. Therefore, any 
novel low-cost desalination technology that could circumvent those issues will have 
significant impact in sustaining the water and energy sources. 
Recently, forward osmosis (FO) has received increased interest as an emerging low-cost 
desalination technology. The term low-cost has been often attributed to this process since it 
relies on a natural driving force (i.e. the osmotic pressure difference across the membrane) 
that draws the water from a saline feed water (e.g. seawater) to a highly saline draw 
solution (DS). Apart from its apparent low-energy requirements, FO process also showed 
much lower fouling potential compared to other conventional pressure-driven membrane 
processes such as RO [99, 319]. Fouling has been found to be physically reversible in most 
cases, reducing the need for chemical cleaning [98, 200]. However, one of the main barriers 
that impede the commercialization of this process is the separation of the produced water 
from the draw solution [320-322]. In fact, the success of FO for clean water production is 
greatly dependent on how efficient (i.e. performance and cost) the DS separation and 
recovery process is [323]. 
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In the last decade, several hybrid FO systems (i.e. FO coupled with another process) have 
been developed for various applications, including mainly seawater and brackish water 
desalination, wastewater treatment and both (i.e. simultaneously) [368]. For the latest, the 
hybrid FO-RO system has attracted increased attention since FO can be used as an advanced 
desalination pretreatment process to dilute the seawater and therefore moderate the 
energy requirement during RO desalination [34, 39-41]. Besides, the low salinity of most 
wastewaters makes them suitable candidates for this osmotic dilution [325]. The main 
advantage of this hybrid process is that the FO process operates in the osmotic dilution 
mode (i.e. both the concentrated feed and diluted draw solutions are the target) which 
eliminates the energy associated with the DS recovery process [100]. This hybrid process 
can be further extended if, after the RO process, the second FO process is used to further 
concentrate the wastewater which can be then used for agriculture applications (e.g. 
nutrient recovery) and, at the same time, dilute the RO brine for sustainable discharge. 
4.2 Major contribution of this chapter and related publications 
In the present study, we investigated the long-term operation of the FO process during the 
osmotic dilution of the seawater using wastewater. This study focused on evaluating and 
understanding the fouling behaviour in the FO process for this specific application. The 
effect of different operating parameters (e.g. cross flow rate, feed water pH, applied 
pressure) on the fouling tendency has also been investigated. Finally, some fouling 
mitigation strategies have also been suggested to optimise the long-term FO operations. 
This chapter was published in Desalination journal (Lotfi, F., et al., Understanding the 
possible underlying mechanisms for low fouling tendency of the forward osmosis and 
pressure assisted osmosis processes. Desalination, 2017). 
4.3 Materials and Methods 
4.3.1 Feed and draw solutions 
This study was carried out using synthetic seawater (SSW) (as the parameters in real 
seawater are keep changing that may cause different results for same experiments) as DS 
prepared by mixing 0.6 M sodium chloride (NaCl) solution in DI water (electrical conductivity 
or EC of 55.1 mS/cm, TDS  35 g/L and pH 6.5). Synthetic wastewater (SWW) was used as 
feed solution (FS) and its composition is summarised in Table 5.1. This SWW simulates 
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effluent organic matter generally found in the biologically treated sewage effluent (BTSE) 
[369]. Tannic acid, sodium lignin sulfonate, sodium lauryl sulfate and arabic acid represent 
the larger molecular weight (MW) molecules while peptone, beef extract and humic acid 
consist of smaller MW compounds. Dissolved organic carbon (DOC) was measured using the 
Dohrmann Phoenix 8000 UV-persulfate TOC analyser equipped with an autosampler. All 
samples were filtered through 0.45 μm membrane prior to DOC measurements.   
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Table 4.1: Composition of the synthetic wastewater used in this study 
Compounds Concentration (mg/L) 
Beef extract 1.8 
Peptone 2.7 
Humic acid 4.2 
Tannic acid 4.2 
Sodium lignin sulfonate 2.4 
Sodium lauryl sulphate 0.94 
Arabic gum powder 4.7 





4.3.2 Forward osmosis membrane 
A commercial flat-sheet cellulose triacetate (CTA) FO membrane (Hydration Technology 
Innovations or HTI, Albany, USA) was used in this study. The CTA membrane is made from 
cellulose acetate embedded in a polyester woven mesh, and the characteristics of this 
membrane are presented in Table 4.2. More information on the properties and 
characteristics of the CTA FO membrane can be found in other publications [16, 19, 370].  
A commercial polyamide (PA) based thin film composite (TFC) FO membrane (Toray Industry 
Inc., Korea) was also used in this study to compare its performance with the CTA membrane. 
The pure water permeability coefficient of the active layer (A) was determined following a 
previous experimental protocol [371]. Briefly, the A value was measured at different 
operating pressures and was calculated by dividing the pure water permeate flux by the 
applied hydraulic pressure. The salt rejection (using 1.2 g/L Red Sea salt as feed) was also 
determined from the difference between the feed and permeate salt concentrations. The 
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intrinsic properties of this membrane were found as follow: A = 8.9 ± 0.14 L.m-2.h-1.bar-1 and 
salt rejection of 85% (1.2 g/L Red Sea salt). 
Table 4.2: Physical and chemical properties of cellulose triacetate (CTA) membrane as 




















1.00 ± 0.03 ~93% at 10 
bar 
9.8 93 ± 3 3-8 
4.3.3 Bench-scale FO system and spacer design for pressure-assisted osmosis 
experiments 
The performance and fouling tests of the FO process were conducted using a lab-scale FO 
membrane unit consisting of an acrylic FO cell with internal dimensions of 7.7 cm length, 2.6 
cm width, and 0.3 cm depth (effective membrane area of 2.0.10-3 m2). The schematic layout 
of the FO-RO hybrid process is presented in Figure 4.1a, and similar to the unit used in our 
previous study [231]. Both the FS and DS were supplied at cross-flow velocities of 8.5 cm/s 
(i.e. 400 mL/min or Reynolds number (Re): 455), unless otherwise stated, under counter-
current flow and in FO mode (i.e. active layer facing the FS). The temperature of the FS and 
DS was maintained at 25 oC using an automated heater/chiller control system connected to 
a water bath. All FO experiments were conducted in the batch mode of operation. The DS 
and FS were recycled back to their respective tanks after passing through the FO membrane 
cell thereby making process a batch operation. The initial volumes of both DS and FS were 
fixed at 2.0 L each. Before each experiment, the FO membrane was stabilised for 30 minutes 
using DI water on both sides of the membrane. Once stabilised, the FO water flux was 
measured continuously (i.e. with a 3-minute time interval) by placing the DS tank on a digital 
mass scale which was connected to a computer that automatically records the change in 
mass over time due to permeate flux. 
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Pressure-assisted osmosis (PAO) experiments were also conducted using the same FO 
membrane cell but the channel on the DS side of the FO cell was filled with spacers in the DS 
channel in order to prevent membrane deformation during pressure based operation. 
Spacers were of two different types (Figures 4.1b and 4.1c); one had a diamond shape that 
allows water to pass freely in the draw channel. The width and length of the spacers were 
designed to fit the channel dimensions in the test cell. The second type of spacers had 
smaller pore size and was obtained from commercially available spiral wound FO membrane 
module. Four sheets of this spacer were used to fill the remaining space in the draw 
channel. PAO process was operated at an applied pressure of 4, 8 and 12 bar.  
 
Figure 4.1: a) Schematic diagram of the FO-RO hybrid process through osmotic dilution of 
seawater using wastewater for RO desalination and b) Customised spacer design for 
pressure-assisted osmosis (PAO) experiments and c) pictures of the two different spacers 
used in this study. 
4.3.4 Long-term FO fouling experiments 
Long-term FO fouling investigations were run up to 85 hours depending on the tested 
operating parameters. A new FO membrane was used for each experiment, and the 
membrane system was stabilized for 30 min with DI water on both the FS and DS sides of 
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the membrane. The initial baseline flux of the virgin membrane was then obtained using 0.6 
M NaCl as DS and DI water as FS for 4 hours under the operating conditions described 
above. After the baseline experiment, all FO experiments were then conducted under 
different operating conditions. After each fouling experiment, physical membrane cleaning 
was performed to evaluate the water flux recovery. Physical cleaning involved running DI 
water on both sides of the membrane at twice the cross-flow rate (800 mL/min) for about 
15 minutes. After physical cleaning, the flux recovery was assessed by measuring the FO 
water flux under the same conditions as the baseline test (0.6 M NaCl as DS and DI as FS). 
The percentage of the recovered flux after cleaning to initial virgin baseline flux was 
assessed as the water flux recovery rate. For the PAO experiments, chemical cleaning using 
was performed using DI water at pH 10 (prepared using 1% NaOH solution) on both sides of 
the membrane for 15 minutes and the resulting water flux recovery was calculated similarly.  
4.3.5 Membrane fouling analysis 
Images of the membrane surface were obtained from a Zeiss Supra 55VP variable pressure 
SEM (Carl Zeiss AG, Germany) and recorded using SmartSEM® software. The detailed 
organic matter characterisation of the synthetic water at different pH (i.e. pH 3, pH 6.8 and 
pH 8) was performed using liquid chromatography-organic carbon detection or LC-OCD 
(DOC-Labor, Germany) as per the procedure described elsewhere [145]. 
4.4 Results and Discussion 
4.4.1 Fouling behaviour during simultaneous osmotic dilution of seawater using 
wastewater 
The long-term operation of the FO process was carried out to investigate the fouling 
behaviour in the FO process during the osmotic dilution of synthetic seawater using 
synthetic wastewater as feed. The FO permeate flux as a function of operation time is 
presented in Figure 4.2. During the first 10-12 hours of operation, the permeate flux showed 
only a gradual decrease which can be attributed to the decrease in the driving force with 
time due to the continuous dilution of the DS as the FO process was operated in a batch 
mode where both the DS and FS were recirculated to their respective tanks. The FO 
permeate flux however decreased rapidly after about 12 hours of operation until at around 
24 hours which is also most likely associated with the formation of a foulant layer causing 
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additional hydraulic resistance for water permeation though the membrane [372]. 
Interestingly, after about 24 hours of FO operation, the permeate flux started to increase 
gradually but naturally, peaking a flux gain of about 0.25 LMH after about 5 hours and then 
gradually decreasing within the next 5-7 hours of operations. After that, the FO permeate 
flux began to drop rapidly again for another 10 hours after which similar flux cycle of flux 
increase, flux peak, gradual decrease and rapid increase repeated. Within the duration of 85 






Figure 4.2: Variation of permeate flux with time during osmotic dilution of synthetic 
seawater using synthetic wastewater by FO process. Operating conditions are DS: 0.6 M 
NaCl (i.e. synthetic seawater); FS: Synthetic wastewater. 
This repeated rise and fall of the water flux resulting in a somewhat sinusoidal pattern could 
be related to the repeated cycles of foulant cake layer deposition and their removal from 
the membrane surface automatically by the crossflow shear rate. It appears that during the 
first 8-10 hours of operation, no significant cake layer was formed as evident by the gradual 
decrease in the FO permeate flux mostly due to the bulk dilution of the DS. However, after 
about 10 hours of operation the rapid flux decline may be explained due to the cake layer 
formation on the FO membrane surface which continue to build for another 5 hours after 
which a certain maximum thickness has reached as shown by a slightly lower flux decline 
curve for about next 10 hours of operation. Given that the FO process does not use any 
applied hydraulic pressure, the fouling cake layer might become loose with time under 
constant crossflow shear finally loosening or peeling off from the membrane surface. This 
might explain the slight gain in the water flux before peaking and then gradually decreasing 
before rapidly decreasing when the same cycle starts again.  
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To verify this hypothesis fouling experiments were repeated and stopped at different times 
to perform SEM imaging of the membrane surface and their results are presented in Figure 
4.3. Compared to the image of the clean FO membrane surface in Figure 4.3a, it is clear that 
the FO membrane surface was fully covered by the cake layer after about 25 hours as shown 
in Figure 4.3b which might be responsible for a rapid flux decline. However, the SEM image 
after 30 hours shows a FO membrane surface was only partially covered by the cake layer 
indicating that the some portion of the cake layer has been removed from the membrane 
surface. This might explain for the slight gain in the FO permeate flux after about 25 hours 
of operations presented in Figure 4.2. This was also further confirmed by recording the 
images of the membrane surface at three different times from the top of the FO membrane 






Figure 4.3: SEM images of CTA FO membrane surface (active layer) during long-term 
operation of the FO process after the osmotic dilution of synthetic seawater using synthetic 
wastewater (a) clean membrane at the start of the experiment, (b) fouled membrane after 
25-hour operation and (c) partially self-cleaned membrane after 30-hour operation. 
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4.4.2 Effect of various operating parameters on the fouling behaviour 
The colloidal and organic fouling in the FO process are mainly affected by combination of 
physical and chemical factors including process operating conditions, feed water and draw 
solution compositions and membrane properties [372]. In this study, we investigated the 
effect of cross-flow velocity, feed water pH, membrane types and applied pressure on the 
feed side (PAO mode) on the fouling behaviour of the FO membrane. 
4.4.2.1 Effect of cross-flow velocity 
Cross-flow velocity is a well-known hydrodynamic factor which affects the rate of 
membrane fouling as it directly influences the concentration polarization and mass transfer 
near the membrane surface [98, 144, 157, 239]. Three different cross-flow velocities were 
tested in this study: 100, 400 and 700 mL/min corresponding to cross-flow velocities of 2.1, 
8.5 and 14.7 cm/s respectively. The results in Figure 4.4 indicate that the permeate flux 
improves slightly when the FO process is operated at higher cross-flow velocities which 
corroborates well with previous studies [98, 144, 157, 239]. In a cross-flow membrane 
filtration system, particles present in the feed water are subjected to two main forces: the 
hydrodynamic drag perpendicular to the membrane surface which forces the foulant 
particles to move towards the membrane and the shear rate tangential to the membrane 
surface which causes the particles to move back towards the bulk solution. Therefore, at 
high cross-flow velocities, the accumulation of foulant particles is reduced due to the higher 
tangential shear force [195]. At a lower cross-flow velocity (say at 100 mL/min in this study), 
the fouling cake layer formed is expected to be formed faster and thicker as the tangential 
shear force is lower. This is due to reduced mass transfer rate at the membrane surface 
which therefore increases the external concentration polarisation (CP) or ECP on the feed 
side facing the membrane active layer. At higher crossflow velocities, the water flux is not 
only slightly higher but the flux pattern of peaks and lows were observed to be more 
pronounced compared at a lower cross-flow velocity which is clearly noticeable as shown in 
Figure 4.4. This further supports the earlier statement that the regular flux pattern in the FO 
process is related to the build-up of a loose foulant cake layer and its subsequent removal 




Figure 4.4: Variation of permeate flux with time at different cross-flow rate during osmotic 
dilution of synthetic seawater using synthetic wastewater by FO process and desalination by 
RO process. Operating conditions are DS: 0.6 M NaCl (i.e. synthetic seawater); FS: Synthetic 
wastewater. 
4.4.2.2 Effect of feed water pH 
The feedwater composition and the feed water chemistry (pH, ionic strength and the 
presence and concentration of divalent ions) have been demonstrated to strongly affect the 
fouling behaviour in FO as it influences the properties (such as membrane surface charge) of 
the foulants as well as the foulant-foulant and foulant-membrane interactions [147, 149, 
150, 218, 226, 273, 373]. In this study however, we investigated the effect of feed water pH 
on the development of flux pattern that we have described earlier [372]. To determine the 
influence of FS pH on the flux pattern we adopted one pH higher than natural situation (6.8) 
and one lower. On the other hand, as the CTA membrane pH range is 3-8 we selected pH 3 
as lower pH and pH 8 as higher pH. Figure 4.5 shows that the permeate flux obtained at 
higher pH (i.e. pH 8) was lowest while at pH 3 the water flux was not only higher but also 
the flux pattern observed was more pronounced. A visual observation of the feed water 
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stored in the bottle shows that after 3 days, the foulant in the feed water at pH 3 formed 
large aggregates that settled down at the bottom of the bottle. This is most likely due to 
charge neutralisation that reduces the electrostatic repulsion as the foulant charge reaches 
closer to the point of zero charge resulting in the foulant aggregation [374]. These large 
aggregates is likely to deposit on the surface of the membrane probably forming a loose and 
more porous cake layer without significantly affecting the permeate flux or which may be 
easily be removed by under the influence of the velocity shear force on the membrane 
surface.  
 
Figure 4.5: Influence of feedwater pH on the variation of permeate flux osmotic dilution of 
synthetic seawater using synthetic wastewater by FO process and desalination by RO 
process. Operating conditions are DS: 0.6 M NaCl (i.e. synthetic seawater - SSW); FS: 
Synthetic wastewater (SWW). 
To further understand how the organic matter behaves under different pH conditions, feed 
water samples under different pH conditions were analysed using LC-OCD and the data are 
presented in Table 4.3. These results show that, the feed water at pH 3 is characterised by 
the presence of higher percentage of larger molecular weight organic compounds compared 
to other pH conditions. Organic compounds with larger molecular weight have lower fouling 
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potential compared to the lower molecular weight or size compounds since smaller size 
organic foulant can more easily penetrate through the membrane pores thereby causing 
pore blocking and more severe membrane fouling and flux decline [375]. This is likely the 
reason why at pH 8, a more severe fouling was observed. At pH 8, the organics in the feed 
water is mainly composed of hydrophilic compounds (87%) with higher percentage of lower 
molecular weight compared to the results obtained at pH 6.8. Therefore, at this pH, it is 
more likely that these smaller organic foulants penetrate the membrane pores and cause 





“Biopolymers” = polysaccharides, proteins, aminosugars 
“Building blocks” = breakdown products of humics 
“Neutrals” = include mono-oligosaccharides, alcohols, aldehydes, ketones 







































4.4.2.3 Effect of membrane type and its properties 
The type of membrane or the membrane properties is also known to strongly affect the rate 
of membrane fouling in the FO process [19, 200, 226, 230]. The surface properties of the 
active layer (such as roughness, charge, functional groups) and the structural characteristics 
of the support layer will dictate not only the water and solute transport across the 
membrane but also influence its interactions thus affecting the fouling behaviour on both 
side of the membrane [372]. The two most commonly employed FO membranes: CTA and 
TFC FO membranes were used for this study.  
The results in Figure 4.6 indicate that although the CTA membrane exhibited a much lower 
permeate flux, it showed a much lower severe flux decline and thus less fouling tendency 
compared to TFC FO membrane. This confirms earlier studies suggesting that PA-based TFC 
membranes have higher membrane surface roughness which plays a significant role in the 
rate of membrane fouling. In fact, the surface of the PA TFC membranes has large-scale 
ridge-and-valley structures resulting in a much higher surface area favourable for foulants-
membrane interaction [143, 226, 249] compared to much smoother surface for the CTA 
membrane [226, 251]. Interestingly, comparing the water flux patterns of peaks and lows 
for the two membranes, this regular pattern was observed much earlier for the TFC 
membrane compared to the CTA FO membrane. This is most likely due to the higher 
permeate flux obtained with the TFC membrane, resulting in higher hydrodynamic drag 
force and thus faster accumulation of foulants on the membrane surface compared to the 
CTA membrane. In fact, CTA membranes have generally lower water permeability compared 




Figure 4.6: Influence of membrane type (CTA and TFC membrane) on the variation of 
permeate flux during osmotic dilution of synthetic seawater using synthetic wastewater by 
FO process and desalination by RO process. Operating conditions are DS: 0.6 M NaCl (i.e. 
synthetic seawater); FS: Synthetic wastewater. 
4.4.3 Influence of hydraulic pressure on the feed side 
Pressure-assisted osmosis (PAO) has been recently developed as a novel method for 
combining FO and RO principles whereby an additional hydraulic driving force is applied on 
the feed side of the FO process to simultaneously enhance the permeate flux and further 









































dilute the DS beyond the point of osmotic equilibrium [377-388]. In this study, the PAO 
process was tested at three different operating pressures (4, 8 and 12 bar) and the results 
on the fouling behaviour are presented in Figure 4.7.  
As expected, the permeate flux increased significantly with the application of the hydraulic 
pressure with a specific flux gain of 1.31, 1.50 and 1.25 LMH/bar at 4, 8 and 12 bar, 
respectively as reported in the previous PAO studies [377, 384, 387-389]. At the same time 
however, more severe fouling was also observed at higher applied pressure which can be 
related to the more severe ECP effect as PAO process is operated at higher flux which 
increased the hydrodynamic drag force at increased flux and hence faster deposition and 
build-up of fouling cake layer. Besides, it has also been recently demonstrated that in PAO, 
in addition to the cake-enhanced osmotic pressure (i.e. CP effect), fouling layer compaction 
(i.e. comparable to the fouling behaviour in RO process) is also expected to occur at higher 
applied pressure [98]. This explains for the significant permeate flux drop observed at 12 bar 
applied pressure in Figure 4.7. By combining the hydraulic driving force and the osmotic 
driving force it not only increases the water flux and the fouling rate but also the water flux 
pattern compared to the FO mode. In fact, the peaks and lows flux pattern occurred much 
earlier at higher applied pressure: say at 8, 6 and 3 hours when operated at 4, 8 and 12 bar 




           
 
   
Figure 4.7: Influence of feed pressure on the variation of permeate flux osmotic dilution of 
synthetic seawater using synthetic wastewater by FO process and desalination by RO 
process. Operating conditions are DS: 0.6 M NaCl (i.e. synthetic seawater); FS: Synthetic 
wastewater. Mention membrane used for this data. 
4.4.4 Water flux recovery after long-term fouling experiments 
After each experiment, physical cleaning was performed to remove the foulants from the 
membrane surface. Physical cleaning consisted of flushing the membrane surface at double 
cross flow rate of 800 ml/min (or 17 cm/s). Similar cleaning strategy is widely employed 
against membrane fouling in the FO process and has been proved to be very effective [143, 
241]. The results in Figure 4.8a show that the water flux recovery rate after physical cleaning 
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is higher for FO process operated at higher cross flow velocities. This is likely because of the 
fact that, higher crossflow velocities enhances the tangential shearing rate at the membrane 
surface thereby reducing the accumulation of foulant or cake layer on the membrane 
surface thereby rendering the physical cleaning more effective. At a lower cross flow 
velocity, say at 100 mL/min, the hydrodynamic drag becomes predominant which forces the 
particles towards the membrane surface, increasing the ECP effects thereby significantly 
enhancing 
the membrane fouling rate and flux recovery. It is also important to note that, the physical 
cleaning was not able to fully recover the water flux to its original value for all the three 
conditions presented in Figure 4.8(a). This partial water flux recovery may probably be due 
to membrane fouling that might likely occur within the support layer side of the membrane 
where the hydrodynamic cleaning of the membrane is not effective in removing the foulant 
[241]. 
The flux recovery rates of the FO membrane operated under different feed water pH is 
presented in Figure 4.8b. The lowest water flux recovery rate was observed for FO 
membrane operated at pH 8 and at this pH, the water fouling appears to be more severe. 
This supports our earlier explanation that, at pH 8, the low molecular weight hydrophilic 
compounds could more easily penetrate the membrane causing internal fouling which is not 
affected by physical cleaning. Although at pH 3, a thicker cake layer must have been formed 
on the FO membrane surface due to precipitation of larger molecular weight organic 
compounds; this cake layer must also be porous and loosely attached which could have 
been easily removed by hydraulic cleaning resulting in much higher flux recovery rate. 
Figure 4.8c shows that the water flux recovery rate of the PA-based TFC FO membrane is 
lower than the recovery rate of the CTA FO membrane after they are subjected to similar 
operating conditions.  PA-based TFC FO membrane has much higher permeate water flux 
compared to the CTA membrane; however higher permeate flux also induces higher 
hydrodynamic drag due to convective force and hence increases the membrane fouling 
potential [372]. In fact, the surface roughness of the PA membranes has often been 
considered as the factor responsible for more severe fouling [251] as it provides a greater 
affinity for the foulant to attach and grow [249]. It is therefore not surprising to observe that 
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hydraulic cleaning is not very efficient in removing the foulant from the membrane surface 
by physical cleaning. CTA membrane has much smoother membrane surface and has lower 
fouling tendency and hence the fouling recovery rate is higher. 
The influence on the water flux recovery by physical cleaning for the FO membrane 
operated under different applied hydraulic pressure or under the PAO mode of operation is 
presented in Figure 4.8d. As expected, a lower water flux recovery was observed for the FO 
membrane operated at higher applied pressure which could mainly be attributed to the 
more compact and thin fouling layer formed under elevated hydraulic pressure (similar to 
RO membrane fouling) [384]. Chemical cleaning was therefore conducted using 1% NaOH 
solution at pH 10 to remove the foulant that might have strongly adsorbed on the 
membrane surface. Although the chemical cleaning did improve the water flux recovery by 
about 20% for all the PAO subjected membranes, however, this chemical cleaning could not 
still recover 100% of the initial flux indicating its ineffectiveness in removing the foulant that 




Figure 4.8: Variation of water flux recovery following physical (and chemical for PAO 
experiments) membrane cleaning (i.e. DI water; cross flow rate: 800 mL/min; 15 min) 
according to different operating parameters used during long-term fouling experiments: (a) 
effect of cross-flow velocity (CTA membrane), (b) effect of feed water pH (CTA membrane), 
(c) effect of membrane type (CTA and TFC membrane) and (d) effect of applied pressure 
(CTA membrane). 
4.4.5 Development of effective membrane cleaning strategies  
By taking advantage of the unique water flux pattern observed for the FO operation (i.e. 
spontaneous increase of the water flux at different time interval), a novel intrinsic cleaning 
strategy is proposed by targeting the cleaning cycle at specific time interval during the 
operation. Since it was observed that the cross-flow velocity has a significant impact on both 
the membrane fouling and the water flux recovery, the first cleaning strategy consisted of 
increasing the feed water cross-flow rate or velocity (i.e. double the normal flow rate for 15 
minutes) coinciding with the time at which the water flux starts to increase spontaneously 
but gradually. The main advantage of this strategy is that, the cleaning occurs during the 
operation without stopping the process operation or without changing the feed water or 
draw solution; in a way avoiding the plant down time for cleaning cycles.  
The results in Figure 4.9 show that this targeted cleaning strategy could be effective in 
recovering water flux both for the FO and PAO processes although it may be more effective 
for the PAO mode of operation. In fact, the initial water flux recovered almost to its original 
water flux values when this cleaning strategy was employed (Figures 4.9b and 4.9d) even 
though the DS has been significantly diluted after about 10 hours of batch operations 
(diluted DS recycled back to the DS tank). The flux recovery due to osmotic driving force is 
not expected to be significant compared to its original water flux value in the FO process 
because the DS should have been significantly diluted after several hours of batch 
operations. This explains why the flux recovery for the FO process during the targeted 
increased feed water cross flow rate does not appear to be significant compared to its 
original value. However, for the PAO process, as the membrane surface is physically cleaned 
during the targeted crossflow increase, the increased water flux obtained is mostly due to 
the hydraulic driving force (4 bar) applied in the process. This specific permeate water flux 
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gain at this point has been calculated at 0.31 LMH/bar of applied pressure which is 
significantly lower than the 1.04 LMH/bar flux increase obtained due to applied pressure at 
4 bar by comparing the initial fluxes in Figure 4.9a and 4.9b. This lower specific permeate 
water flux due to applied pressure after 10 hours of operation also indicates that, targeted 
membrane cleaning is not able to fully restore the water flux to its original condition. An 
earlier study on PAO has shown that, the specific water flux gained from the applied 
pressure is higher at lower DS concentration or at lower osmotic driving force [382].  
The other observation made during the FO or PAO operations is that more foulant 
deposition was observed near the feed inlet side of the FO membrane . Therefore, the 
second intrinsic cleaning strategy adopted in this study was to simply change the crossflow 
direction of the feed water from counter-current initially to co-current crossflow direction 
but maintaining the same feed crossflow velocities. The results in Figure 4.9c and 4.9d 
shows that the permeate water flux can also be recovered by simply changing the crossflow 
direction although the flux recovery was observed to be slightly lower compared to the 
targeted physical cleaning at higher crossflow velocities. The second strategy could also be 
quite significant if the operational aspect of reversing the crossflow directions of the feed 
water is not complex because increasing the crossflow velocities of the feed water will 




Figure 4.9: Variation of permeate flux using novel assisted membrane cleaning strategies 
using CTA FO membrane: by increasing the cross-flow velocity for 15 minutes during 
operation (a) in FO mode and (b) in PAO mode operated at 4 bar pressure and (c) in FO 
mode and (d) in PAO mode operated at 4 bar pressure by changing the flow direction from 
counter-current to co-current but by maintaining same feed crossflow rates.  
4.5 Conclusions 
This study investigated the fouling behaviour in the FO and PAO processes during osmotic 
dilution of seawater using wastewater, a concept applicable for simultaneous wastewater 
treatment and seawater desalination by RO process. Results from the long-term FO and PAO 
operations revealed an interesting water flux pattern due to membrane surface fouling in 
which spontaneous increase and decrease in the water flux at regular time intervals of 
operations occurred. This permeate flux peaks and lows, showing a somewhat sinusoidal 
flux pattern, was likely attributed to the formation of a fouling cake layer which on reaching 
a certain thickness is removed by the cross flow shear breaking this cake layer that 
intrinsically contributes to enhanced water flux from time to time. The study also 
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investigated the influence of various process operating parameters such as cross-flow 
velocity rates, feed water pH and types of membranes and their properties and the applied 
pressure on this unique flux pattern. Operating the FO under the PAO mode significantly 
improves the water permeate flux but at the same time, increases the membrane fouling 
rate and severity. A simple physical or hydraulic cleaning was able to restore the initial flux 
by up to 90% for FO mode however, under the PAO mode, chemical cleaning was necessary 
to obtain similar level of flux recovery. Finally, two membrane cleaning strategies were 
proposed and tested that targets the hydraulic cleaning at specific time interval without 
actually stopping the process operation. Increasing the cross-flow velocity at specific time 
was able to significantly recover the water flux and this flux recovery was observed to be 
more significant under the PAO mode of operation although the flux recovery was not 100% 
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In recent years, the impact of climate change, rapid industrial and population growth and 
environmental pollution are worsening the water crisis and water demands [44-46, 52]. 
With the increasing water demands and reducing water supplies, the development of low-
energy seawater desalination technologies for drinking water is very important and has 
gained increasing interest in the last few decades [47, 48]. 
Nowadays, reverse osmosis (RO) process is the most widely used method for desalination. 
Although, the RO performance has significantly improved over the three decades ago, its 
performance still hampered by energy consumption, membrane fouling and limited water 
recovery [36, 333]. Any more efforts towards reducing energy consumption of the RO 
seawater desalination require additional processes. Therefore, any low energy desalination 
technologies could be a candidate for the RO hybrid process to make desalination more 
affordable. 
The emerging forward osmosis (FO) and RO hybrid process has received increasing attention 
as a promising technology for sea/brackish water desalination and wastewater reuse.  
Dilution of seawater with wastewater in the forward osmosis (FO) process provides a 
method to reduce the RO limitations, this process provides a membrane pre-treatment step 
for seawater RO desalination [97, 390]. This process is an opportunity for safe and beneficial 
reuse of impaired water that decreases the osmotic pressure of feed solution (FS) that must 
be overcome to produce freshwater [98, 318]. Moreover, the FO-RO hybrid process reduces 
RO membrane fouling and offers a multi-barrier protection for drinking water production 
[34, 40, 41, 107, 391, 392]. The FO membrane is an effective barrier for removal of wide 
range of contaminants, microorganisms, bacteria and natural organic material. At the same 
time, the FO membranes are mostly at a lower risk of fouling due to the lack of hydraulic 
pressure as it relies on the osmotic pressure difference across the membrane as the driving 
force instead of hydraulic pressure in the RO process [13, 333, 393].  
Likewise, the environmental impact of the hybrid FO-RO system is 25% less than seawater 
RO desalination by reducing electricity requirements, and also by discharging brines with 
lower salinity and lower volumes to the aquatic ecosystem [40, 394]. 
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Applying the hydraulic pressure on the feed side in the FO process has been recently 
introduced as a novel alternative system to overcome the limitations of the FO operations 
such as low water flux and high reverse salt flux [379, 395-397]. The applied pressure cause 
additional driving force to improve permeate flux as well as further dilute the DS beyond 
osmotic equilibrium  also reduce the specific reverse solute flux (RSF) [398].  
Even though, the increasing interest in the last decade in the FO-RO hybrid systems, is still at 
its early stage of development and many challenges are yet to be overcome before 
successful commercial potential.  
A significant challenge in FO-RO hybrid applications is membrane fouling. The membrane 
fouling mechanisms in FO are similar to other membrane processes because all of them are 
involved by hydrodynamic and chemical interactions and influenced by the FS character 
[154, 195, 399].  
Most of previous studies on FO membrane fouling have focused on the single foulants in the 
FS. Nevertheless, when various foulants are presence in the solution, different fouling 
behavior and filtration performance could occur due to the synergetic foulants interaction 
[400, 401].  
However, both side of the FO membrane in this process is in constant contact with natural 
waters: the active layer with wastewater and the support layer with saline water/seawater 
that makes FO membrane fouling even more complicated. Furthermore, different types of 
foulants (organic, inorganic, bio-foulants and colloidal) always coexist in natural waters 
(seawater, wastewater and sewage). The combined fouling could exhibits greatly different 
behavior and involves different mechanisms [208, 401, 402]. 
Change in FS chemistry could affect the interactions between foulant-foulant and foulant-
membrane, for instance, organic fouling may accelerate by presence of inorganic calcium 
ions [210-213, 403]. This study examined the effect of physical (flux level, and cross flow) 
and chemical parameters (FS chemistry and FS pH) on the FO performance during dilution of 
seawater with wastewater. 
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5.2 Major contribution of this chapter and related publications 
In our previous work we have investigated the interesting water flux behavior over the 
operation of the FO process in the osmotic dilution of the seawater using wastewater [404]. 
The objectives of the current study were 1) to understand the effect of solution chemistry 
on limiting flux for on the basis of foulant-membrane and foulant-foulant interactions and 2) 
to compare CTA membrane and TFC membrane in terms of flux performance during 
seawater dilution with wastewater. Finally the influence of applied pressure on the feed 
side to improve the performance of this hybrid process was investigated. This chapter was 
published in International Journal of Environmental Pollution and Remediation. (Fezeh Lotfi, 
Bijan Samali, “Effect of draw solution concentration and operating conditions on forward 
osmosis performance over diluting seawater through wastewater reuse” International 
Journal of Environmental Pollution and Remediation 2018-06-26-1009.) 
5.3 Materials and Methods 
5.3.1  Feed and draw solutions 
The feed solution (FS) consisted of a synthetic wastewater (SWW), and its composition is 
shown in Table 6.1. This composition simulates secondary treated effluent usually found in 
the biologically treated sewage effluent (BTSE) [369]. All samples were filtered through 0.45 
μm membrane to measure dissolved organic carbon (DOC) by using the Dohrmann Phoenix 
8000 UV-persulfate TOC analyser equipped with an autosampler. 
Synthetic seawater (SSW) was used as the draw solution (DS) by mixing 0.6 M sodium 
chloride (NaCl) solution in DI water to obtain a final concentration of 0.6 M (i.e. 
conductivity: 55.1 mS/cm, TDS: 35 g/L, pH: 6.8).  
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Beef extract 1.8 298, 145, 65 
Peptone 2.7 34265, 128, 80 
Humic acid 4.2 1543, 298 
Tannic acid 4.2 6343 
Sodium lignin sulfonate 2.4 12120 
Sodium lauryle sulphate 0.94 34265 





(NH4)2SO4 7.1 - 
K2HPO4 7.0 - 
NH4HCO3 19.8 - 
MgSO4•7H2O 0.71 - 
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5.3.2 Forward osmosis membrane 
A commercial flat-sheet asymmetric cellulose triacetate (CTA) FO membrane (Hydration 
Technology Innovations or HTI, Albany, USA) and commercial thin film composite polyamide 
(TFC) FO membrane (Toray Industry Inc., Korea) were employed in this study. The CTA 
membrane was composed of a cellulose triacetate layer with an embedded woven support 
mesh [16, 19, 370]. The TFC membrane was made of a thin selective polyamide active layer 
on top of a porous polysulfone support layer [136]. 
5.3.3 FO performance tests for seawater desalination and wastewater reuse  
The performance of osmotic dilution of the synthetic seawater with synthetic wastewater 
effluent in the FO process was conducted using a lab-scale FO system (Figure 5.1). The 
experiments were performed in FO mode for 25 hours. The acrylic FO cell comprises two 
rectangular channels on both sides of the membrane (effective membrane area of 2.0.10-3 
m2) which is similar to other publications [231, 404]. The cross-flow velocity for both the FS 
and DS were supplied at 8.5 cm/s (i.e. 400 mL/min or Reynolds number (Re): 455), unless 
otherwise stated, under counter-current flow and active layer facing the FS (FO mode). The 
temperature of the FS and DS was maintained at 25 oC using an automated heater/chiller 
control system connected to a water bath. The initial volumes of both DS and FS were fixed 
at 2.0 L each. Before each experiment, the FO membrane was stabilised for 30 minutes 
using DI water on both sides of the membrane. Once stabilised, the water flux was 
measured continuously by placing the DS tank on a digital mass scale, with a 3-minute time 
interval, which was connected to a computer that automatically records the change in the 
DS mass over time due to permeate flux. 
The influence of hydraulic pressure was assessed by applying different hydraulic pressures 
on the feed side (i.e. 4, 8 and 12 bar) to improve the FO performance. For these 
experiments, two different types of spacers were placed in the draw channel to prevent 




Figure 5.1. Schematic diagram of the laboratory-scale FO-RO hybrid process  
5.4 Results and discussion 
5.4.1  Influence of draw solution concentration and membrane properties on the FO 
performance  
To assess the influence of membrane properties and DS concentration on the FO process in 
the FO-RO hybrid system, the performance of the CTA membrane was compared with thin 
film composite polyamide (TFC) membrane. The water flux of six different NaCl 
concentrations (0.2, 0.4, 0.6, 1, 2 and 3 M) as the DS and DI water as the FS on both CTA and 
TFC membranes are presented in Figure 5.2. The presented results shows quite different 
water flux behavior for the CTA and the TFC membranes [354].  When synthetic seawater 
(i.e. 0.6 M NaCl) was employed as the DS, it resulted in a water flux of 9 LMH and 15 LMH 
for the CTA and TFC membranes, respectively. Besides, for all NaCl concentrations tested, 
the water flux was higher when the TFC membrane was employed. This is related to 
different support layer structure for the CTA and the TFC membrane [205]. The SEM images 
of the support structure of the CTA and the TFC membrane reveal that the support layer of 
the TFC membrane is highly porous with a finger-like structure. That helped in reducing the 




This is the main focus in the membrane fabrication to improve driving force by increasing 
the porosity [229]. Figure 5.2c shows that the increase of the water flux with the increase of 
the DS concentration is nonlinear, especially at higher DS concentration [90, 316]. At higher 
DS the solution viscosity and concentration ICP; which plays an important role in membrane 
flux reduction, increases, consequently increasing the energy consumption [90].  
In this section tried to discern the influence of support structure of the CTA and the TFC 
membrane in the FO performance so the experiments were carried out with DI water as the 
feed. Therefore, the decrease in water flux is only due to the continuous dilution of the DS 
not membrane fouling. The influence of membrane properties in the membrane fouling 
behavior or membrane-foulant interaction presented in the following sections. Moreover, 
the similar water flux behaviors were observed for both membranes for the conditions 









Figure 5.2. Variation of permeate flux with time under different DS concentrations with (a) 
CTA membrane and (b) TFC membrane and (c) Average water flux for different DS 
concentrations 
5.4.2 Influence of feed solution properties  
5.4.2.1 Influence of feed solution chemistry on the FO performance 
Feed properties play a determinant role in the FO performance [231]. The osmotic pressure 
of the FS directly influences the driving force; likewise the presence of various solutes (i.e. 
inorganic, organic) in the FS can affect the foulant-foulant interaction and membrane-
fouling interaction therefore directly affects the performance of the FO process. 
In order to assess the respective contribution of both organic and inorganic compounds to 
water flux decline in the FO process over seawater desalination and wastewater reuse, 
experiments were conducted with feed solutions having different ratio of organic and 
inorganic compounds. The following three solutions were used as FS: 
i. FS (1): SWW with the concentrations as shown in Table 5.1, added appropriate 
quantities of NaCl  
ii. FS (2): SWW with double the concentrations of organic compounds as shown in 
Table 5.1 
iii. FS (3): SWW with double the concentrations of inorganic compounds as shown in 
Table 5.1 
In all these feed solutions the TDS was maintained constant by adding appropriate 
quantities of NaCl. From the results presented in Figure 5.3(a, b), it is evident that 
membrane properties greatly affect the membrane fouling behavior. However, by using DI 
water as FS similar water flux behaviors were observed for the CTA and TFC membranes 
(Figure 5.2).  
By increasing the concentrations of organics and inorganics compounds in the FS (SWW) 
two different scaling mechanisms occurred, bulk (homogeneous) crystallization and surface 
(heterogeneous) crystallization (Figure 5.4). 
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FS (3), (inorganic fouling) with the TFC membrane caused a drastic water flux decline 
compared to the CTA membrane (Figure 5.3), the membrane scaling in this process with TFC 
membrane occurs by surface crystallisation. The specific interaction between foulants and 
the TFC membrane caused lateral growth of scaling on the TFC membrane surface and 
resulting membrane pores blockage and severe water flux decline. 
This may likely related to the tested TFC membrane in this study was mainly negatively 
charged at equilibrium pH ranges that cause more membrane-foulant interaction. In 
contrast; the water flux decline of the CTA membrane remained unchanged for the entire 
duration of the inorganic fouling experiment (Figure 5.3a). This also could be related to 
higher surface roughness of the TFC membrane in compare of the CTA membrane [405-
407].  Furthermore, the TFC and CTA membranes respond differently to inorganic fouling 
due to the variation in surface functional group with presence of carboxylic and hydroxyl 
functional group on the TFC and CTA membranes surface respectively. This shows that 
membranes made of different materials have different mechanisms and exhibit different 
inorganic fouling behavior by affecting the foulant-membrane interactions. 
On the other hand, both the CTA and the TFC membranes experienced initial water flux 
decline with stable water flux behavior for the FS (SWW) containing double concentration of 
organic compounds FS (2). Over this condition bulk crystallization arises by forming the 
crystal particles in the FS (SWW) and deposit on the membrane surface. Moreover, the bulk 
crystallization leading to a decrease in the osmotic pressure of the FS and therefore reduces 
the net osmotic pressure and the water flux across the membrane at higher concentration 
of organic foulants. Besides, the similar water flux behavior of the experiment with FS (2) 
and FS (1) indicate that over this experiment the membrane fouling is mainly controlled by 
foulant-foulant interactions. 
Figure 5.3 b shows that the TFC membrane experienced interesting water flux pattern that 
related to the foulant cake layer deposition and their removal from the membrane surface 
automatically by the crossflow shear rate, which was already observed in our previous study 
[404]. After about 6 h of FO operation, the water flux started to increase gradually, a flux 
gain of about 0.75 LMH after about 3 h and then gradually decreasing within the next 5 h of 
operations. After that, the FO water flux began to severe decline for another 10 h. However 
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this water flux behavior did not observed for the CTA membrane (Figure 5.3 a) this is due to 
the lower water permeability of the CTA membrane compared to the TFC membrane. The 
lower water flux with the CTA membrane, resulting in lower hydrodynamic drag force, 
causes slowly accumulation of foulants on the membrane surface and build-up of fouling 
layer maybe after 25 h of the operation. 
In order to have a further understanding on which specific organic compounds in the FS 
(SWW) are more responsible for the significant decline in the water flux, FO experiments 
were performed by increasing the concentration of either humic acid (HA), beef extract or 
peptone in the SWW to 20 mg/L in the FS (NaCl was added to all solutions to maintain a 
similar initial TDS concentration). The flux decline curves obtained for each fouling condition 
for the CTA membrane are presented in Figure 5.5. 
A faster flux decline was noticed when all three organic compounds concentration was 
increased in the feed solution; however, the degree of influence varies from foulant to 
foulant. For peptone and HA, the influence on the water flux decline was relatively small 
(10-15%), but for beef extract, significant water flux decline (34%) was observed. This is 
likely because beef extract has the lowest molecular weight among all the organic 
compounds (Table 5.1); hence, it can easily penetrate through the membrane pores, 
thereby causing pore blocking and therefore cause more severe fouling and flux decline. 
These shows that different water flux behavior may observe for different wastewater 
(different chemistry; e.g. different type of organic and inorganic foulant with different 
concentration) during wastewater treatment and seawater dilution in the FO process as 
different wastewaters vary significantly with organic foulant types and concentrations. Thus, 
it is essential to understand fouling mechanisms and their mitigation strategies for 




Figure 5.3. Effect of feed solution chemistry on the variation of the permeate flux with time 
during FO experiments with (a) CTA membrane and (b) the TFC membrane. 
 
Figure 5.4. Schematic representation of the crystallization mechanisms during FO process by 




Figure 5.5. Effect of peptone, beef extract and humic acid in the FS on the variation of 
permeates flux with time. 
5.4.2.2 Influence of feed solution pH on the FO performance 
During the FO process the water flux behavior is mostly controlled by the coupled influence 
of hydrodynamic and chemical interactions [225]. Previous studies on the effects of solution 
pH on FO performance have focused on the effect of pH on membrane morphology or 
solution chemistry, meanwhile the coupled influence has to be considered. 
To investigate the effects of FS pH on the permeate flux; three FSs with different pH were 
prepared (i.e. 3, 6.8 and 8). To adjust the pH, 0.01 mol/L NaOH and/or 0.01 mol/L HCl were 
added to the FS until the aim pH was reached. Figure 5.6 shows the effect of pH on the FO 
performance when treating wastewater and diluting seawater in the FO-RO hybrid system. 
The presented results illustrated that, the FS pH did not seem to play a significant role on 
the FO water flux behavior during the experimental pH range (pH 3–8) with CTA membrane 
that might be attributed to the relatively low flux. Meanwhile variation of initial water flux 
was notable by changing the FS pH with the TFC membrane which could be related to higher 
water flux with the TFC membrane. 
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The results show water flux decline at pH 8 and water flux gain at pH 3 with both the CTA 
and the TFC membranes.  This behavior might be attributed to the influence of FS pH on the 
foulant- foulant interaction. In our previous studies [404] it has been shown that the foulant 
in the FS at pH 3 formed large aggregates that is likely due to charge neutralisation. The 
presence of organic compounds with larger molecular weight at pH 3 is likely to deposit on 
the membrane surface and forming a cake layer that cause the significant water flux decline. 
This is likely the reason why at around 15 h and 11 h into operation with the CTA and TFC 
membrane respectively, the flux decline at pH 5.8 is overtaken by the decline at pH 3. 
On the other hand, formations of the small aggregates (at pH 8) with high surface charge 
leading to an increase in the osmotic pressure of the FS and therefore reduce the net 
osmotic pressure and the water flux across the membrane at pH 8. In addition, zeta 
potential measurements of the membrane surface suggested that by increasing the pH, the 
surface of the CTA and TFC membranes become more negatively charged particularly for the 





Figure 5.6 (a),(b) Variation of the permeate flux with time during the FO process at different 
FS pHs with CTA and TFC membranes  
5.4.2.3  Influence of cross-flow rate and pressure in the performance of FO process  
Cross-flow velocity greatly affects the water flux behavior and membrane fouling in the FO 
process [98, 144, 157, 239]. Three different cross-flows of 100, 400 and 700 mL/min 
corresponding to cross-flow velocities of 2.1, 8.5 and 14.7 cm/s respectively, were used to 
study the influence of the cross-flow rates on the water flux. The presented results in Figure 
5.7,  indicate that the initial water flux is diminished at lower cross-flow rates with more 
water flux decline rate over the experiments with both the CTA and the TFC membranes. 
This is likely because at lower cross flow velocity, the shear stress and vortex on the 
membrane surface is reduced. Consequently enhance the effect of external concentration 
polarisation (ECP)  on both sides of the membrane, ICP (internal concentration polarisation) 
is hardly affected by cross-flows [157]. At lower cross flow rates, according to the film 
theory, the boundary layer is wider, which results in lower rate of mass transfer through 
membrane [408, 409]. At lower cross flow rate, water flux reduced notably over the 
experiments due to the formation of fouling layer on the membrane surface with both the 
CTA and the TFC membrane. Meanwhile, at high cross-flow velocities with both the CTA and 
the TFC membrane, the permeate flux significantly increased by reducing the accumulation 
of foulant particles on the membrane surface. The permeate flux with TFC membrane at 400 
ml/min cross-flow velocity after 17 h of operation is overtaken by the permeate flux at 700 
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mL/min which is also most likely associated with the dilution effect at higher cross flow 







Figure 5.7. Variation of the permeate flux with time during the FO process at different cross-
flow rates (a) CTA membrane and (b) TFC membrane. 
Recently, some studies have focused on the concept of introducing an applied hydraulic 
pressure on the feed side of the FO process to simultaneously enhance the permeate flux 
and further dilute the DS beyond the point of osmotic equilibrium [379, 381, 383, 384, 386, 
395-398, 410]. The influence of three different hydraulic pressures (4, 8 and 12 bar) on the 
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FO water flux behavior was tested and the results compared with FO experiment (no 
pressure) (Figure 5.8). As predicted, the permeate flux increased notably by applying the 
hydraulic pressure with a specific flux gains of 5, 7 and 3 LMH/bar at 4, 8 and 12 bar, 
respectively; which are very similar to the values reported in previous studies [411, 412]. In 
addition the reverse diffusion from DS to FS decreased with applied pressure due to the 
increased water flux that drives the draw solutes away from the membrane so limits the 
diffusivity of the DS through the membrane. However, the gaining water flux with increasing 
4 bar pressure at each stage reduced significantly, the gaining water flux from 8 bar 
pressure to 12 bar pressure was just 14%. Meanwhile the gaining water flux from 0 bar 
pressure to 4 bar pressure was more than 55%. On the other hand, more severe water flux 
decline was also observed at higher applied pressure (12 bar), that is related to the faster 
deposition and build-up of fouling cake layer on the membrane surface and more dilution 
effect. In addition, applying hydraulic pressure on the feed side can cause notably difference 
fouling layer structure and membrane cleaning efficiency [98]. However, further studies are 
required to verify the whether these increased flux rates can be sustained over longer 
durations of filtration. This observation indicates that although pressure has a significant 
effect on the water flux gain, it may also cause more fouling with lower recovery rate so 
adopting the appropriate pressure is important. The hydraulic pressure could be more 
suitable for diluting brackish through wastewater reuse when applied at lower 
concentration of brackish water especially when the net osmotic pressure decreases and 




Figure 5.8. Variation of the permeate flux with time during the FO process at different 
applied pressures on the CTA membrane (a). Pictures of the FO cell after operation of the FO 
process at different applied pressures (b). 
5.5 Conclusions 
In this study, influences of different parameters on the FO process in the FO-RO hybrid 
system for simultaneous seawater desalination and wastewater reuse were investigated. 
The results demonstrated two different scaling mechanisms, surface (heterogeneous) 
crystallization and bulk (homogeneous) crystallization occurred by changing the FS (SWW) 
chemistry and different membrane morphology. Surface crystallization with the TFC 
membrane caused a drastic water flux decline by lateral growth of scaling on the membrane 
surface at higher concentration of inorganic foulants. In addition bulk crystallization led to a 
decrease in the osmotic pressure of the FS (SWW) and therefore reduced the net osmotic 
pressure and the water flux across the membrane at higher concentration of organic 
foulants in the FS (SWW). 
This study illustrated that not only type of foulant (organic and inorganic) in the FS may 
resulted different behavior; moreover different organic compounds play differently during 
this process. The water flux decreased 34% when the concentration of beef extract 
increased to 20 mg/L in the FS. This likely because of the particles with lower molecular 
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weight in the FS can penetrate to membrane pores and deposit on the membrane surface 
that leading to cake formation and consequently rapid flux decline. The FS pH could affect 
the interference between different foulants of SWW in the FS that the reason similar water 
flux behavior observed for both the CTA and the TFC membranes. In addition the net 
osmotic pressure and the water flux across the membrane reduced at lower FS pH. The 
cross flow velocities also affect the water flux behavior and membrane fouling, despite, the 
negative effect was more significant with low crossflow velocity. Applying high hydraulic 
pressure on the feed has a significant effect on the water flux gain; it may also cause more 
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6 Forward osmosis membrane fouling and membrane 




Seawater desalination and wastewater treatment technologies greatly reduce the water 
shortages problems, improve water quality and enhance quality of life. Nowadays, reverse 
osmosis (RO) process is the most common technology for desalination. Due to improved 
membrane technology and RO performance, the RO energy consumption has decreased 
significantly and getting close to the minimum energy. The minimum energy is requiring 
energy for the separation of pure water from saline solution. This is independent of the 
employed technology, mechanism or number of process stages. Thus, any more efforts 
towards reducing the energy consumption of the RO process are not efficient anymore. 
Energy consumption of the RO desalination process depends mainly on the salinity of the 
feed solution (FS) and the recovery rate. Therefore, by reducing the salinity of the FS can 
reduce the energy consumption of the RO process which requires additional processes. 
Forward osmosis (FO) is a great candidate as an additional process for the RO desalination, 
during this process water driven by osmotic pressure gradient across the membrane [24, 27, 
34, 40]. Previous studies reported the involvement of FO process in seawater desalination 
[97, 413], wastewater treatment [31, 393, 414] and commercial materials production [126, 
415].  
Compared to pressure driven processes like; RO and nanofiltration (NF), FO exhibits a 
number of advantages such as low capital and operational costs, low membrane fouling 
propensity and high rejection to salts and many contaminants [13, 45, 98, 143, 400, 416].  
FO-RO hybrid process provides an opportunity for safe and beneficial reuse of wastewater 
also it provides a pre-treatment step for RO desalination [97, 390]. Moreover this hybrid 
process reduces the RO membrane fouling and offers a multi-barrier protection for fresh 
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water production [34, 40, 41, 98, 107, 318, 391, 392]. Furthermore, during this process the 
environmental impact is 25% less than seawater RO desalination [40, 394]. 
Fouling is a critical drawback for the FO and all membrane processes, as it increases 
operational and maintenance costs particularly for long term process [45, 157, 333]. Similar 
to other membrane processes, the FO fouling involved by chemical and hydrodynamic 
interactions and influenced by the FS quality [154, 195, 399].  In the FO process individual or 
combined fouling (biofouling, inorganic fouling, organic fouling and colloidal fouling) that 
negatively affect membrane performance could also occur [163, 199, 220, 241, 417]. At the 
same time, the FO membranes are mostly at a lower risk of fouling as it relies on the 
osmotic pressure difference across the membrane as the driving force instead of hydraulic 
pressure in the RO proses [13, 333, 393].  
Previous studies on FO membrane fouling by using model inorganic, organic and colloidal 
foulants during the FO process have reported that, fouling is highly reversible by increasing 
the hydraulic conditions without any chemical cleaning agents [98, 143, 144]. Nonetheless, 
the FO membrane fouling during treating the natural water (wastewater or seawater) that 
contain a variety of foulants was irreversible with simple physical cleaning which requires 
different cleaning strategies or chemical cleaning [321, 418, 419]. Accordingly the 
management of the FO membrane fouling has become a key issue for the sustainable 
development of FO-RO hybrid system particularly for seawater desalination and wastewater 
treatment. Particularly over this process both side of the FO membrane is in constant 
contact with natural waters. Therefore, establishing proper cleaning protocols holds the key 
to achieving sustainable operation of the FO process in real situation and long-term FO-RO 
hybrid process.  
Additional hydraulic pressure on the feed side in the FO process has the potential to resolve 
the low permeate water flux and reduces reverse salt diffusion (RSF) [381, 383, 396, 397]. 
On the other hand, the action of hydraulic pressure in the FO process causes an increase 
membrane fouling and reduce the cleaning efficiency [420].  
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Membrane cleaning efficiency after physical cleaning is related to the fouling layer 
structure, more compact, denser fouling layer results in lower physical cleaning efficiency, 
beside the looser and sparser fouling layer can be almost completely removed [143, 319].  
During FO-RO long-term hybrid system, there is a critical need for a systematic 
understanding of membrane fouling behavior and for the development of strategies for 
fouling mitigation. 
Although significant efforts have been made to understand fouling phenomena in FO, 
fundamental studies on fouling reversibility in diluting seawater with wastewater under 
various wastewater chemical compositions are rather limited. Particularly, there are no 
fundamental studies which investigate the role of operational parameters in fouling during 
the FO-RO hybrid process, which is one of the most important factors to development of the 
strategies for fouling mitigation during long term operation. 
6.2 Major contribution of this chapter and related publications 
The overall goal of the current investigation was to evaluate the membrane fouling during 
the seawater dilution with wastewater in the FO process and to investigate the efficiency of 
the cleaning strategy on fouling control. The foulants can deposit on the membrane surface 
or be trapped in membrane pores and create a fouling cake layer with different structure 
under different operational parameters. Respectively, it is necessary to better understand 
the fouling behavior of the FO membrane and develop efficient and cost-effective control 
strategies of fouling to maintain the long-term performance. We operated FO using 
synthetic wastewater as feed solution that includes different organic and inorganic foulants 
and assessed performances by comparing the water flux behavior, fouling propensity and 
cleaning efficiency. Furthermore, influences of crossflow velocities and FS pH on the 
membrane fouling structure were specifically studied. This chapter was published in Journal 
of Environmental Chemical Engineering (Lotfi, F., B. Samali, and D. Hagare, Cleaning 
efficiency of the fouled forward osmosis membranes under different experimental 




Figure 6.1: Graphical abstract 
6.3 Materials and Methods 
6.3.1 FO membrane and unit configuration 
The cellulose triacetate CTA (FO) membrane coupons were used for the experiments, which 
were cut from an FO spiral wound membrane module (Hydration Technologies Innovations 
or HTI (Albany, USA)) (Figure 6.2). The commercial flat-sheet CTA membrane has an 
asymmetric structure and is made of cellulose triacetate (CTA) layer with an embedded 
woven support mesh [16, 19, 97]. The pure water permeability coefficient (A) and salt 
rejection of the CTA FO membrane were determined in the RO mode using the same 
membrane cell at pressures ranging from 0 to 12 bar. The permeability coefficient A was 
found to be 0.91 L m-2 h-1 bar-1 (2.52 ×10-7 m/s/bar). The other characteristics of the CTA FO 
membrane have been widely reported including in our earlier studies [16, 19]. The TFC 
membrane was made of a thin selective polyamide active layer on top of a porous 
polysulfone support layer [136]. 
A commercial thin film composite polyamide TFC PA membrane (Toray Industry Inc., Korea) 
was selected to compare its performance in terms of fouling and cleaning behavior with the 
CTA membrane.  
A custom-built cross flow membrane unit was adopted. This membrane unit contained two 
same channels on both sides of the membrane for feed and draw solutions with internal 
dimensions of 6.7 cm length, 2.6 cm width, and 0.3 cm depth (effective membrane area of 
2.002 × 10-3 m2). In the FO system no spacers were used in the channel that could accelerate 
membrane fouling. However, when applying the hydraulic pressure, mesh spacers were 
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applied on draw side of the FO membrane to prevent membrane deformation during 
pressure based operation. The FO membrane was installed with the active layer facing the 
FS and the support layer in contact with the draw solution (synthetic seawater). The FO 
mode orientation, where the membrane active layer faces the FS (AL-FS), has been 
demonstrated to be more effective to prevent membrane fouling in FO process than the 
other membrane orientation [13, 141, 155]. 
    
Figure 6.2: SEM images of the active-layer and cross-sectional of the CTA membrane 
6.3.2 Draw solution and feed solution  
The feed solution (FS) consisted of a synthetic wastewater (SWW), and its composition is 
shown in Table 1. This composition simulates effluent organic matter (EfOM) usually found 
in the biologically treated sewage effluent (BTSE) [24]. All samples were filtered through 
0.45 μm membrane to measure dissolved organic carbon (DOC) by using the Dohrmann 
Phoenix 8000 UV-persulfate TOC analyser equipped with an autosampler. 
Synthetic seawater (SSW) was used as the draw solution (DS) by mixing 0.6 M sodium 
chloride (NaCl) solution in DI water to obtain a final concentration of 0.6 M (i.e. 
conductivity: 55.1 mS/cm, TDS: 35 g/L, pH: 6.8).  
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Table 6.1: Composition of the synthetic wastewater used in this study 





Beef extract 1.8 298, 145, 65 
Peptone 2.7 34265, 128, 80 
Humic acid 4.2 1543, 298 
Tannic acid 4.2 6343 
Sodium lignin sulfonate 2.4 12120 
Sodium lauryle sulphate 0.94 34265 
Arabic gum powder 4.7 925, 256 
Arabic acid (polysaccharide) 5.0 38935 
Inorganic Compounds 
(NH4)2SO4 7.1 - 
K2HPO4 7.0 - 
NH4HCO3 19.8 - 
MgSO4•7H2O 0.71 - 
 
6.3.3 Laboratory-scale FO set-up and operation  
The schematic layout of the FO-RO hybrid process is presented in Figure 6.3. The 
temperature of the FS and DS in all cases was maintained at 25 ±1 ◦C with the use of an 
automated heater/chiller control system connected to a water bath. All FO experiments 
were conducted in the batch mode of operation. The feed solution was pumped at a certain 
flow retain to a FS tank in which the solution was circulated inside the FO membrane unit. 
The draw solution was similarly circulated in the opposite side. The cross-flow velocities of 
both feed and draw solutions were fixed at 8.5 cm/s (400 mL/min or Reynolds number Re 
455). The initial volumes of both DS and FS were fixed at 2.0 L each. As the volume of DS 
increased due to permeation, its concentration decreased. Correspondingly, the volume of 
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the FS decreased with time, thereby becoming more concentrated. Water flux was 
measured online by placing the DS tank on a digital mass scale and automatically recording 
the change in mass over time due to permeate flux.  
 
Figure 6.3: Schematic diagram of the laboratory-scale FO-RO hybrid process  
6.3.4 Membrane fouling and cleaning protocols 
Membrane cleaning plays an important role in recovering membrane performance and 
extending membrane life time [143, 307]. Before each fouling experiment, a new membrane 
coupon was installed in the membrane unit and stabilized to obtain a constant flux. The 
stabilization process, takes about 1 h. The membrane in the FO mode was stabilized with DI 
as the FS and SSW (0.6 M NaCl) as the DS. As shown in Figure. 6.4, the baseline test of the 
stabilized membrane was obtained with DI water as the FS and 1M NaCl as the DS before 
the fouling experiment. Following this step, the fouling experiment was performed for 72 h. 
Experimental conditions for the fouling experiments in the FO mode include: different DS 
concentration (0.2, 0.4, 0.6, 1, 2 and 3); different FS pH (3, 6.8 and 8) and different cross-
flow velocities (100 mL/min, 400 mL/min and 700 mL/min). Cleaning experiments were 
conducted immediately following the fouling experiments. The conditions for the cleaning 
experiments include a crossflow velocity of 800 mL/min for 15 min to remove the particle 
from the membrane surface then follow by osmotic backwashing for 20 min to loosen the 
external foulant layer from the membrane. In this section, osmotic backwash was evaluated 
as an alternative strategy to clean the membrane pores. Tests were conducted after long 
term FO experiments with the various operating conditions. 
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During the osmotic backwashing experiments, the FS is replaced with 0.6 M NaCl and DS on 
the other side of the membrane is also replaced by DI water, so the direction of permeate 
flux changed through the membrane. Pure water flux of the cleaned membrane was tested 
after the cleaning experiment in order to determine the flux recovery. The conditions used 
to determine the water flux, after cleaning are similar to those used to determine the initial 
pure water flux for the clean membranes. The adopted cleaning strategy was the 
mechanical forces to detach foulants from the membrane surface and membrane pores. 
 
Figure 6.4: protocols for the fouling and cleaning experiments. 
6.3.5 Membrane fouling characterization 
Fourier Transform Infrared/Raman (FTIR) spectrometer Bruker Vertex 70 & Ram II Module 
and Digital Nanoscope III AFM (Atomic Force Microscope) were performed to identify the 
major functional groups on the membrane surface. Scanning electron microscopy SEM JEOL 
7001F (FEGSEM and EDS microanalysis) was used to visually analyze the fouling on the 
membrane surface. The membrane samples were firstly air-dried in a desiccator and then 
then coated with an ultra-thin carbon layer with a sputter coater. The scans were obtained 
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at an electron acceleration voltage of 15 kV, a working distance of 20 µm, 50 µm and 200 
µm; additionally microanalysis analysis was performed using EDS in conjunction with the 
SEM. 
6.4 Results and discussion 
6.4.1  Role of membrane materials and DS concentration in fouling and cleaning 
Membrane materials has a significant effect on the membrane-particle interactions, thereby 
influencing the water flux behavior, membrane fouling and the efficiency of membrane 
cleaning. In the commercial market, TFC membrane has a much higher water fluxes, better 
solute rejection rates, a relatively large range of pH tolerance and  higher reverse solute 
fluxes (RSF) in compare of the CTA membrane [19, 24, 143, 226, 245, 321, 421-424].  The 
membrane pH tolerance is one of the main factors in membrane cleaning and water flux 
recovery efficiency, moreover it may have a significant affect in the FO performance. 
Previous studies proved different fouling and cleaning behavior for CTA and TFC membranes 
[34–37]. 
We chose the TFC membrane in order to study the possible material effects on FO 
membrane fouling and cleaning efficiency to compare with the CTA membrane. Therefore, 
we tested the water flux recovery of the CTA and the TFC membranes after long term FO 
experiments to elucidate the effects of membrane materials on fouling and cleaning 
behavior.  
In the current study, during the fouling tests, different (NaCl) concentrations (0.2 M, 0.4 M, 
0.6 M, 1 M, 2 M and 3 M) as DS and synthetic wastewater (SWW) as FS was employed that 
caused different water flux level. Figure 3 presents the FO fouling behavior and cleaning 
efficiency at various initial flux (achieved by using different concentrations of DS). The 
presented results suggest that higher DS concentration caused more membrane fouling; 
moreover the TFC membrane surface is more impressionable to foulant adsorption than the 
CTA membrane. This may relate to; the TFC membrane has a much rougher or more 
heterogeneous surface than the CTA membrane [143]. In addition the higher RSF from DS to 
FS in the TFC membrane can affect membrane fouling behavior.  
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Additionally, forward ions from FS to DS increases at elevated water flux that can be 
attributed to the increased foulants build-up within the porous support layer and hence 
enhanced internal concentration polarization (ICP). 
Membrane cleaning (include a crossflow velocity of 800 mL/min for 15 min then follow by 
osmotic backwashing for 20 min) was conducted immediately following a three days fouling 
run. As showed in Figure. 6.5, the water flux recovery reduced by increasing the DS 
concentration (water flux level) this may because higher internal fouling at higher DS 
concentration. 
Moreover, the cleaning efficiency of the TFC membrane is lower than CTA membrane that 
could be related to higher water flux level and higher membrane- particle interaction with 
the TFC membrane. Presented results show that the crossflow velocity greatly affects the 
cleaning efficiency. The adopted cleaning with the CTA membrane was very effective, with 
flux recovery of more than 95% with different concentration of NaCl solution after three 
days. This result suggests that the major cleaning mechanism with the CTA membrane is 
physical removal of the foulant from the membrane surface by the sheer force generated by 
the crossflow. 
On the other hand the water flux recovery after the experiment with 3M NaCl as DS , SWW 
as FS and the TFC membrane was just 82%. This observation indicates that the adopted 
cleaning strategy is not effective with the TFC membrane at higher DS concentration and the 







Figure 6.5: Variation of water flux recovery of the CTA and TFC membrane after physical 
cleaning according to different DS concentration used during long-term FO experiments 
6.4.2  Role of crossflow velocity  
Cross-flow velocity directly influences the concentration polarization (CP), consequently 
affects the water flux behavior as well as generate a shear force on the membrane surface, 
proportionately  affects membrane fouling and water flux recovery [98, 144, 157, 425]. 
Figure 6.6 compared the baseline water fluxes on the fresh membrane and the cleaned 
membrane (the cleaning strategy was crossflow velocity of 800 mL/min for 15 min then 
follows by osmotic backwashing for 20 min) after long term FO operation under different 
cross-flow velocities. Three selected cross-flow velocities were 100, 400 and 700 mL/min 
(corresponding to cross-flow velocities of 2.1, 8.5 and 14.7 cm/s respectively), SSW as DS 
and SWW as FS. However, previously we mentioned that higher water flux causes more 
membrane fouling; at greater cross-flow velocity that provides higher water flux no 
significant membrane fouling was observed. The cleaning strategy was able to fully recover 
the water flux to its original value for the cross flow velocity of 700 mL/min (Figure 6.6). On 
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the other hand, the water flux recovery effectively mitigated with decreasing the cross-flow 
velocity to 100 mL/min.  
 
Figure 6.6: Variation of water flux recovery of the CTA membrane after cleaning (effect of 
different cross-flow velocities) 
This downturn of cross flow velocity attributed to elevate concentration polarization (CP) 
consequently enhanced membrane fouling.  
There is a possible reason for this fouling behavior and water flux recovery that observed 
after long-term FO experiment at different cross flow velocities. A higher crossflow velocity 
generates greater shear stress and vortex at the membrane surface which reducing the 
accumulation of foulant on the membrane surface. Furthermore, a higher cross flow 
velocity enhances the back diffusion also reduces external concentration polarisation (ECP) 
on both sides of the membrane consequently improve the membrane cleaning efficiency. A 
lower cross flow velocity increments the boundary layer thickness and thus the extent of 
ECP. Besides, the hydrodynamic drag becomes predominant at lower cross-flow velocity 
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which forces the particles towards the membrane surface that promote membrane fouling 
following by lower flux recovery.  
Figure 6.7 presents the fouling characterization of the membranes after long term operation 
under three selected cross flow velocities. That further shows that the formation of fouling 
layer on the membrane is more severe with low crossflow velocity (100 mL/min). 
Nonetheless, no significant fouling on the membrane surface was observed after long-term 
(three days) fouling test at the cross-flow velocity of 700 mL/min. 
The SEM images and EDS analysis of the three membrane samples clearly indicate that 
severe fouling at lower crossflow velocity (100 mL/min). Moreover, the Elemental analysis 
ESEM/EDS indicated that the membrane fouling predominantly contained carbon, chloride, 
oxygen, magnesium, phosphorus, and calcium. Interestingly, visual observation of the 
fouling layer on the membrane coupons at different cross flow velocities revealed a higher 
coverage of fouling on the membrane at lower cross flow velocities. Increasing the cross-
flow velocity in the FO process is a proven technique to improve the FO performance by 
enhancing the turbulence and shear force on the membrane surface to prevent foulant 




Figure 6.7; Three CTA membrane coupons after long term experiment with different cross-
flow velocities (100 mL/min, 400 mL/min and 700 mL/min) (a) picture of the membrane 
surface (b) SEM images of the membrane surface (c) the ESEM/EDS analysis of the 
membrane surface 
Figure. 6.8 shows the ATR-FTIR spectra of the active layers of the three CTA membrane 
coupons after long term experiment with different cross-flow velocities (100 mL/min, 400 
mL/min and 700 mL/min). ATR-FTIR spectroscope was used to confirm the chemical changes 
on the membrane surface after experiments with different crossflow velocities. 
The spectrum of the three fouled CTA membrane coupons shows four peaks that attributed 
to both the membrane materials and the fouling layer composition. The acetyl groups 
showed signals at 1700 cm−1 (–C=O) which confirm the CTA membrane structure. At 
wavenumber of 1700 cm−1 the highest absorbance is related to the membrane coupon that 
operated at high cross velocity (700 mL/min) and the intensity of this peak decreased for the 
membrane coupons that operated at lower cross flow velocity. This could be represented 
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that the higher membrane coverage by fouling at lowers cross flow velocity reduces the 
intensity of absorbance of acetyl groups of CTA active layer. On the other hand, the intensity 
of the peaks at 1500 cm−1 and 1600 cm−1 decreased for the membrane coupons that 
operated at higher cross flow velocity. This somehow justified the increase of presence of 
(NH4), polysaccharides and humic acids by reducing the cross flow velocity. That strongly 




Figure 6.8: ATR-FTIR spectra of the CTA membrane after long-term operation of FO at 
different cross flow velocities (100, 400 and 700 mL/min) 
6.4.3 Role of FS pH 
FS properties affect the interference between different foulants or affecting the interactions 
between membrane surface and foulants [147, 150]. The effect of the FS pH on the water 
flux behavior and membrane fouling in the FO process may vary depending on the FS 
composition and the membrane type [143, 147, 149, 218, 226, 273] . However, previous 
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study reported the feed water pH did not seem to play a significant role on FO flux behavior 
[147, 297].  In this study influence of FS pH on fouling behavior and cleaning efficiency were 
extensively evaluated. 
Surface charge of the membrane is pH dependent and zeta potential measurements 
suggested that the CTA and TFC membranes become more negatively charge with increasing 
pH (Figure 6.9) [130, 142, 351, 427-429]. Negatively charged membrane cause molecular 
interaction (membrane-particle) and would promote sorption of cations and the 
interference could eventually lead to membrane fouling [350, 351]. Moreover, it could act 
as a favourable condition for foulant layer formation inside the membrane support layer 
[352]. Accordingly, solution pH may effect on membrane fouling and cleaning efficiency. 
 
Figure 6.9: Comparison of zeta potentials of the CTA and TFC FO membranes used in this 
study over a pH of 3 -10. 
 In order to identify the influence of the FS pH on the membrane fouling and water flux 
recovery after long-term operation of the FO process, three FS pH; 3, 6.8 and 8 were 
selected. The presented results in Figure 6.10, illustrated that by increasing the FS pH, the 
water flux and water flux recovery reduced significantly. The water flux is almost 100% 
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recovered at the lower FS pH (pH 3) while only 83% of the original flux is recovered at the 
higher pH (pH: 8). This could be related to different the particle-particle or membrane-
particle interactions at different FS pH. 
 
 
Figure 6.10: Variation of water flux recovery of the CTA membrane after cleaning (effect of 
different FS pH) 
Figure 6.11b, shows the visual observation of the FS (synthetic wastewater) at three 
different FS pH (3, 6.8 and 8) just after preparation and after three days that stored in the 
bottle. After 3 days the particles in the feed water at pH 3 formed large aggregates and 
settled down at the bottom of the bottle. This observation shows that the SWW (FS) is pH 
dependent and its behavior has great influence on the FO performance. This may due to at 
the lowest pH the charge neutralization is the main mechanism that controls large 
aggregates formation that leads to an increase the molecular weight of SWW particles 
[262]. However, higher FS pH caused increment the solubility of the organic compounds. 
This can explain different water flux under different FS pH; at the lowest pH the formation 
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of large aggregates reduces the osmotic pressure of the FS consequently increases the net 
osmotic pressure and the water flux. On the other hand, at highest FS pH, increasing the 
foulants solubility cause increase in the osmotic pressure of the FS that cause water flux 
decline. 
In addition, assessing the membrane fouling and cleaning behavior are required to 
understand the fouling mechanisms under different FS pH. Therefore, fouling 
characterizations were carried out with SEM images of the fouled membranes surface. 
Figure 11a; indicate the formation of fouling at all different FS pH (3, 6.8 and 8). The large 
regularly shaped and needle-like crystals that typically formed with inorganic fouling 
visualized on the membrane surface at pH 3. The presence of calcium and organic matter in 
FS (SWW) was likely to influence the crystal size, shape, and purity at different solution pH. 
Nevertheless, detailed the fouled membrane examination by SEM analysis revealed 
discernible difference in the morphology and composition of the fouling on the membrane 
surface at different FS pH. The observed crystal morphology and the different water flux 
behavior that have observed in our previous study, suggest the different organic-
inorganic interface and aggregation of crystals in the SWW, followed by particle deposition 
on the membrane surface. By increasing the FS pH the size of the crystals on the membrane 
surface getting smaller and smaller. These results matched well the visual observation 
Figure 6.11b, that could possibly due to the different interaction between particles. 
Consequently FS pH significantly effect on particle-particle interaction, the large aggregates 
at lower FS pH is likely to deposit on the surface of the membrane probably forming a 
sparse and thick and more porous fouling layer which could easily be removed by adopted 
cleaning strategy (Figure 6.10). 
In contrast, at higher FS pH the system attaint the maximum surface contact between 
membrane and particles. In addition, the smaller size of particles in the FS can more easily 
penetrate through the membrane pores thereby causing pore blocking and fouling on the 
membrane surface becomes more compact and tightly held together, thereby resulting in 
lower cleaning efficiency [375]. This observation indicates that FS pH may not have a 







Figure 6.11: (a) SEM images of CTA FO membrane surface (active layer) after long-term 
operation of the FO process at different FS pH (b) the synthetic wastewater used in this 
study at three different pHs (i.e. pH 3, pH 6.8 and pH 8). On the left side are the solutions 
just after preparation and on the right side are the solutions after three days. 
6.4.4 Role of hydraulic pressure  
The permeate flux are limited in the FO process due to internal concentration polarisation 
(ICP), applying hydraulic pressure on the feed side can improve flux limitations during this 
process [384, 386, 396, 426]. Improved flux performance will allow FO to compete with the 
other process as an additional process for the RO desalination. To obtain sustainable 
development of FO-RO hybrid system, the impacts of hydraulic pressure on FO fouling 
behavior and cleaning efficiency have to investigate especially in the context of seawater 
dilution with wastewater which complex fouling normally occurs. 
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Fouling runs were conducted at different applied pressure on the feed side (4 bar, 8 bar and 
12 bar). After the fouling run, cleaning was immediately carried out by crossflow velocity of 
800 mL/min for 15 min then follow by osmotic backwashing for 20 min, the water flux on 
the fresh membrane and water flux on the cleaned membrane were compared. The cross-
sectional SEM images of fouled membrane and variation of water flux recovery at different 
applied pressure (4 bar, 8 bar and 12 bar) are presented in Figure 6.12. However, the 
average water flux has 166 % increased by applying 12 bar pressure, the water flux recovery 
significantly reduced to 72% of the original value. Meanwhile, the water flux is almost 100% 
recovered in absence of pressure. This confirm that increment the applied pressure on the 
feed side cause less cleaning efficiency which might be related to different fouling structure. 
The results confirmed that the applied pressure causes significant difference in the fouling 
layer structure. The fouling layer on the membrane surface is less compact with a loose 
structure under lower hydraulic pressure. In contrast, higher hydraulic pressure produces a 
thin but compact fouling layer on the membrane surface. Total thickness decreased 
significantly with increasing hydraulic pressure. 
The water flux recovery results support the cross-sectional SEM images. The shear force 
generated by the crossflow velocity during cleaning procedure could break apart the fouling 
that loosely accumulates on the membrane in absence of hydraulic pressure. As a result, the 
FO membrane can be easily cleaned by a simple water rinse without the use of any chemical 
cleaning reagents. Meanwhile, the generated shear force is not able to remove the formed 
compact fouling on the membrane surface at higher applied hydraulic pressure. That needs 
chemical cleaning reagents to loosen the compact fouling layer. In other words, operating 
under FO mode may offer an extraordinary advantage of significantly reducing or even 
eliminating the use of chemical cleaning that increases operational and maintenance costs. 
Consequently, along with the mass and thickness of the fouling layer, the density of the 
fouling layer was another important factor controlling the magnitude of filtration resistance. 
Moreover, where the physical cleaning is not effective to restore water flux, a proper 






Figure 6.12: the cross-sectional SEM images of fouled membrane  and variation of water flux 
recovery at different applied pressure 
6.5 Conclusion 
High product water quality and low membrane fouling are the main advantages of FO-RO 
hybrid process in seawater desalination and wastewater treatment. Osmotic backwashing 
strategy in combination with subsequent water flushing was developed and proved to be 
very effective to clean the highly fouled membrane. Osmotic backwash also allowed for 
complete cleaning of the membrane pores. However, still FO membrane fouling is one of 
the major drawbacks of this hybrid process. This work investigated the effects of various 
operating conditions on the water flux recovery performance during seawater dilution by 
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wastewater. The reported results demonstrated the feasibility of changing the 
hydrodynamic operating conditions to reduce membrane fouling and improve cleaning 
efficiency during long term operation. This study proved that membrane materials play an 
important role in controlling membrane fouling and cleaning behavior in the FO process 
because different membrane materials cause different membrane-particle interaction. The 
adopted cleaning strategy (crossflow velocity of 800 mL/min for 15 min then follow by 
osmotic backwashing for 20 min) could fully restore membrane flux at most of applied 
conditions without the use of any chemical cleaning reagents. Besides, the fouling in FO 
processes under lower cross flow velocity (100 mL/min) and at higher pH of FS (pH:8) was 
more severe and implementing the cleaning did not help to restore the water flux to original 
value. Fouling characterization by AFM, SEM and EDX suggested that, the hydrodynamic 
drag becomes predominant at lower cross-flow velocity which forces the particles towards 
the membrane surface that promote membrane fouling following by lower flux recovery. 
Moreover, at higher FS pH the system attaint the maximum interaction between membrane 
and particles. In addition, demonstrated that the application of hydraulic pressure led to 
more severe fouling phenomena and more compact fouling that tightly held together, 
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Many countries are now facing acute water scarcity problems and the impact of climate 
change is further worsening the water crisis. With the rapid increase in the world’s 
population, the water demand is all set to increase further indicating that the water crisis is 
going to become even more severe in the future. Desalination is therefore going to play an 
increasingly significant role in solving the water crisis. There are several state-of-the-art 
desalination technologies however, all these technologies are capital and energy intensive 
process making desalination either unaffordable or not a cost-effective option especially for 
large-scale irrigation purpose. Agriculture sector account for 70% of the world’s total water 
consumption and therefore water shortage could have a devastating consequences on the 
world’s food security. Reverse osmosis (RO) process is currently the most energy efficient 
desalination technology however; it remains unaffordable to many societies in the world 
and certainly not for irrigation use. The high capital and operating costs associated with the 
RO technology is because of the need to operate the process at a  high hydraulic pressure.  
The rapid growth in the world’s population has driven the demand for fresh water, putting 
tremendous stress on already limited fresh water resources. With most fresh water sources 
either unavailable at affordable cost or already over-exploited, the only way we can satisfy 
the increasing demand for fresh water is by improving current water use efficiency and by 
creating new water from otherwise impaired water sources, such as seawater. It has been 
recognised that desalination could play a significant and reliable role in creating a new 
source of water, using the earth’s unlimited saline water sources. However, current 
desalination technologies are generally energy intensive, with energy alone contributing 
about 45% of the total cost of desalinated water. Since the sources of energy in the world 
are mostly fossil fuel based, energy becomes a significant impediment for desalination 
because it results in increased greenhouse gas emissions that have direct consequences for 
global warming and climate change. Energy also becomes a significant issue if desalination 
technologies are targeted for large-scale water uses such as irrigation.  
To address the global water scarcity problem through desalination, extensive investment in 
research to identify new and robust methods of purifying water using lower energy and at 
affordable cost is necessary. If low cost desalination technologies were made available, their 
211 
 
impact on the agriculture sector would be significant for drought stricken countries like 
Australia where saline water is abundant in the form of seawater along coastal areas and as 
brackish groundwater in inland areas. Low energy and low cost desalination technology 
would also make desalination affordable for all the countries facing severe water shortages. 
Given dwindling freshwater supplies and the competition from other beneficial uses, 
desalination for irrigation could become a viable option for the irrigation of high value crops.  
Of the new desalination technologies being investigated, forward osmosis (FO) has recently 
been recognised as one of the most promising and practical low energy technologies. Since 
FO desalination is based on the principle of a natural osmotic process driven by the 
concentration gradient rather than by hydraulic pressure, as in the RO desalination process, 
desalination can be achieved using very low energy. In the FO desalination process, an 
artificially concentrated draw solution (DS) that generates high osmotic pressure is used to 
draw water from the saline water sources through a special membrane. Depending on the 
end-use of the product water, the diluted DS is usually further processed to separate and 
recover the draw solutes. Besides consuming almost negligible energy, FO has other 
advantages such as low membrane fouling potential, unlike the RO process, in which fouling 
is a major operational issue.  
It has been acknowledged that the lack of a suitable DS has limited the application of FO 
desalination for potable water. Since the quality standard for drinking water is high, the 
separation of draw solutes from fresh water requires an additional post-treatment process 
that still requires energy, making the process uncompetitive with the existing state of the 
art RO desalination process in terms of energy and total cost of desalted water.  
This study has identified the FO performance under two different applications: 
1: Where complete separation and recovery of draw solutes is not necessary and the final 
diluted DS can be used directly because it adds value to the end use. Fertiliser drawn 
forward osmosis (FDFO) desalination for fertigation was therefore proposed in the study 
and addresses most of the issues faced by FO desalination for potable purposes.  
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2: Where the FO used for diluting seawater with wastewater to reduce the energy 
consumption of seawater RO desalination. 
Conclusions drawn from specific studies on the FDFO desalination process and FO – RO 
hybrid process are mentioned below. 
7.2 Fertiliser drawn forward osmosis desalination: concept, potential applications and 
limitations 
Forward osmosis is however found ideal when the presence of draw solutes adds value and 
as such the diluted DS can be applied directly without the need to separate the draw solutes 
from the water. Fertiliser drawn forward osmosis (FDFO) process is one of such application 
in which saltwater is converted into nutrient rich water for fertigation using fertiliser 
solution as DS. The FDFO process has been recently recognised and studied as one of the 
most practical applications of FO process for irrigation. The underlying premise of the FDFO 
desalination process is based on the concept that the diluted fertiliser DS after desalination 
can be used directly for fertigation because fertilisers are in any case used for agriculture. 
When fertilisers are used as the draw solutes in the FDFO desalination process, the diluted 
fertiliser solution after desalination can be directly applied for fertigation, thereby avoiding 
the need for separation and recovery of the DS.  
This novel concept of the FDFO desalination process was explained, and the advantages in 
terms of energy need were compared based on the literature. The energy required for FDFO 
for direct fertigation was estimated to be less than 0.24 kW/m3 of fertigation water which is 
not only comparatively lower than the most efficient current desalination technologies but 
is also lower than the theoretical minimum energy required for desalting seawater based on 
the law of thermodynamics. Since FDFO is a low energy process, this particular technology 
can easily be powered by renewable energy, such as solar and wind energy, which exists in 
abundance in many arid and semi-arid countries, including Australia. Since fertilisers are 
extensively used for agricultural production, FDFO desalination does not create additional 
environmental issues related to fertiliser usage. In fact, FDFO desalination could add more 
value to irrigation water, thereby providing greater opportunity for improving the 
efficiencies of water and fertiliser use. It was also shown that FDFO desalination can be 
operated at very high feed recovery rates without significant extra energy use, unlike the RO 
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process in which energy usage increases with the increase in the feed recovery rates. 
Depending on the types of fertilisers used as DS and the feed TDS, the recovery rate would 
theoretically vary; nevertheless, most fertilisers achieved recovery rates higher than 80% 
with seawater.  
It is recognised that that FDFO desalination has practical limitations. A major limitation 
identified in this study was the process limitation of osmotic equilibrium. Based on the 
principles of natural osmosis, the net movement of water across the membrane towards the 
DS cannot extend beyond osmotic equilibrium, and the osmotic equilibrium is limited by the 
osmotic pressure or TDS of the feed solution. This indicates that if the seawater is used as 
the FS, the final diluted DS will still have a concentration (or osmotic pressure) equivalent to 
seawater. It is theoretically not possible to render the diluted DS concentration lower than 
the FS concentration without external influence. A model was presented to explain the 
osmotic equilibrium in the FDFO desalination process, and this osmotic equilibrium is one of 
the factors that limits the amount of water a unit mass of fertiliser can extract from a feed 
of particular TDS. This model was proposed based on the operation of cross flows in 
counter-current flow directions.  
The water extraction capacities of each fertiliser DS were calculated for feed solutions with 
a different range of TDS, based on the limits of osmotic equilibrium. The water extraction 
capacity of the fertiliser DS was found to depend on factors such as the molecular weight of 
the fertiliser compound, its osmotic pressure and the concentrations of the FS. The study on 
eleven selected fertilisers indicates that each kilogram of fertiliser can extract between 425 
and 1090 L of water from brackish water feed with TDS 5,000 mg/L, although this reduces to 
between 9 and 28 L from seawater.  
Based on the water extraction capacity of each fertiliser, the expected fertiliser nutrient 
concentrations in the final FDFO product water were then estimated in terms of N/P/K 
concentrations. By comparing the expected nutrient concentrations with the acceptable 
nutrient concentrations for different crops, it is clear that achieving acceptable nutrient 
concentrations for direct fertigation will be a major challenge for the FDFO desalination 
process. The remainder of the study therefore focussed mainly on investigating processes 
and options that would reduce the nutrient concentrations in the final FDFO product water 
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for direct fertigation. Relevant options are dilution using fresh water sources, the use of 
blended fertilisers as the DS, integrating nanofiltration as either a pre-treatment or post-
treatment process, and using a hybrid system of desalination and wastewater treatment in a 
dual stage FO process. The last option was outside the scope of this study and was not 
included.  
7.2.1 Implications of the hollow fibre forward osmosis process in FDFO process 
The performance of the HFFO membrane module was evaluated under different operating 
conditions such as membrane orientation, crossflow direction and the crossflow rates. 
The performances of the newly developed PA based TFC HFFO membrane module with a 
membrane area of 1 m2 were tested using four different fertilisers and NaCl as DS and real 
BGW FS obtained from one of the salt interception schemes in the Murray Darling Basin. 
The following are the conclusions drawn from this particular study:  
 Membrane charge and its electrostatic interactions with the ions played a significant 
role in the performance of the HFFO module especially when fertilisers containing 
scaling ions are used as DS. Negatively charged PA layer of the HFFO membrane 
favoured sorption of multivalent cations such as Ca2+ ions which likely enhanced the ion 
flux through the rejection layer resulting in the formation of scales and flux decline.  
 Although slight scaling seems to have occurred for the HFFO membrane module using all 
five selected DS however, flux decline was more severe with CAN and DAP fertiliser as 
DS. Scaling occurred inside the support layer of the HFFO membrane when DAP was 
used as DS and only acidic cleaning was able to restore the flux fully. Physical cleaning 
was effective for restoring the water flux of the HFFO membrane module when scaling 
occurred on the active layer side of the membrane. The complex interaction between 
the membrane surface and the solute ions however underscores the importance of 
selecting a suitable fertiliser candidate for the desalination of BGW by FDFO process.  
 The water flux under the active layer DS (PRO mode) of membrane orientation was 
about twice as high as under active layer FS (FO mode) of membrane orientation. The 
lower water flux than expected in the FO mode of membrane orientation was probably 
due to the non-optimised support layer formation in which the finger-like water 
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channels were not fully inter-connected thereby reducing the diffusivity of DS through 
the support layer. 
 Consistent with the lab-scale studies, the water flux increases non-linearly with the 
increase in the DS concentrations, which underscores the importance of selecting an 
optimum initial DS concentration to reduce the pumping energy cost.  
 The water flux decreased exponentially with the increase in the feed TDS however, no 
abrupt decrease in the water flux was observed indicating the absence of membrane 
scaling using SOA was used as DS. 
 A slight increase in the water flux was observed when the cross flow rates of the 
solutions were increased due to enhanced velocity shear and mass transfer on the FS 
side of the membrane that likely reduced the concentrative ECP effects. 
 No significant difference in the water flux between co-current and counter-current 
crossflow directions was observed probably due to the low recovery rate of this HFFO 
membrane module.  
7.3 Forward osmosis performance in forward osmosis and reverse osmosis hybrid 
system  
In the last decade, several hybrid FO systems (i.e. FO coupled with another process) have 
been developed for various applications, including mainly seawater and brackish water 
desalination, wastewater treatment and both (i.e. simultaneously). For the latest, the hybrid 
FO-RO system has attracted increased attention since FO can be used as an advanced 
desalination pretreatment process to dilute the seawater and therefore moderate the 
energy requirement during RO desalination. Besides, the low salinity of most wastewaters 
makes them suitable candidates for this osmotic dilution. The main advantage of this hybrid 
process is that the FO process operates in the osmotic dilution mode (i.e. both the 
concentrated feed and diluted draw solutions are the target) which eliminates the energy 
associated with the DS recovery process. This hybrid process can be further extended if, 
after the RO process, the second FO process is used to further concentrate the wastewater 
which can be then used for agriculture applications (e.g. nutrient recovery) and, at the same 
time, dilute the RO brine for sustainable discharge. 
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In the present study, we investigated the long-term operation of the FO process during the 
osmotic dilution of the seawater using wastewater. This study focused on evaluating and 
understanding the fouling behaviour in the FO process for this specific application. The 
effect of different operating parameters (e.g. cross flow rate, feed water pH, applied 
pressure) on the fouling tendency has also been investigated. Finally, some fouling 
mitigation strategies have also been suggested to optimise the long-term FO operations. 
7.3.1 Factors affecting on the forward osmosis in the forward osmosis and reverse 
osmosis hybrid system 
This study investigated the fouling behaviour in the FO and PAO processes during osmotic 
dilution of seawater using wastewater, a concept applicable for simultaneous wastewater 
treatment and seawater desalination by RO process. Results from the long-term FO and PAO 
operations revealed an interesting water flux pattern due to membrane surface fouling in 
which spontaneous increase and decrease in the water flux at regular time intervals of 
operations occurred. This permeate flux peaks and lows, showing a somewhat sinusoidal 
flux pattern, was likely attributed to the formation of a fouling cake layer which on reaching 
a certain thickness is removed by the cross flow shear breaking this cake layer that 
intrinsically contributes to enhanced water flux from time to time. The study also 
investigated the influence of various process operating parameters such as cross-flow 
velocity rates, feed water pH and types of membranes and their properties and the applied 
pressure on this unique flux pattern. Operating the FO under the PAO mode significantly 
improves the water permeate flux but at the same time, increases the membrane fouling 
rate and severity. A simple physical or hydraulic cleaning was able to restore the initial flux 
by up to 90% for FO mode however, under the PAO mode, chemical cleaning was necessary 
to obtain similar level of flux recovery. Finally, two membrane cleaning strategies were 
proposed and tested that targets the hydraulic cleaning at specific time interval without 
actually stopping the process operation. Increasing the cross-flow velocity at specific time 
was able to significantly recover the water flux and this flux recovery was observed to be 
more significant under the PAO mode of operation although the flux recovery was not 100% 
in terms of the gain in the specific water flux due to applied pressure. 
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7.3.2 Forward osmosis membrane fouling and membrane cleaning in the forward 
osmosis and reverse osmosis hybrid system 
Fouling is a critical drawback for the FO and all membrane processes, as it increases 
operational and maintenance costs particularly for long term process. Similar to other 
membrane processes, the FO fouling involved by chemical and hydrodynamic interactions 
and influenced by the FS quality.  In the FO process individual or combined fouling 
(biofouling, inorganic fouling, organic fouling and colloidal fouling) that negatively affect 
membrane performance could also occur. At the same time, the FO membranes are mostly 
at a lower risk of fouling as it relies on the osmotic pressure difference across the 
membrane as the driving force instead of hydraulic pressure in the RO proses.  
The influences of different parameters on the FO process in the FO-RO hybrid system for 
simultaneous seawater desalination and wastewater reuse were investigated. The results 
demonstrated two different scaling mechanisms, surface (heterogeneous) crystallization 
and bulk (homogeneous) crystallization occurred by changing the FS (SWW) chemistry and 
different membrane morphology. Surface crystallization with the TFC membrane caused a 
drastic water flux decline by lateral growth of scaling on the membrane surface at higher 
concentration of inorganic foulants. In addition bulk crystallization led to a decrease in the 
osmotic pressure of the FS (SWW) and therefore reduced the net osmotic pressure and the 
water flux across the membrane at higher concentration of organic foulants in the FS 
(SWW). 
This study illustrated that not only type of foulant (organic and inorganic) in the FS may 
resulted different behavior; moreover different organic compounds play differently during 
this process. The water flux decreased 34% when the concentration of beef extract 
increased to 20 mg/L in the FS. This likely because of the particles with lower molecular 
weight in the FS can penetrate to membrane pores and deposit on the membrane surface 
that leading to cake formation and consequently rapid flux decline. The FS pH could affect 
the interference between different foulants of SWW in the FS that the reason similar water 
flux behavior observed for both the CTA and the TFC membranes. In addition the net 
osmotic pressure and the water flux across the membrane reduced at lower FS pH. The 
cross flow velocities also affect the water flux behavior and membrane fouling, despite, the 
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negative effect was more significant with low crossflow velocity. Applying high hydraulic 
pressure on the feed has a significant effect on the water flux gain; it may also cause more 
fouling with lower recovery rate so adopting the appropriate pressure is important.  
During FO-RO long-term hybrid system, there is a critical need for a systematic 
understanding of membrane fouling behavior and for the development of strategies for 
fouling mitigation. 
Although significant efforts have been made to understand fouling phenomena in FO, 
fundamental studies on fouling reversibility in diluting seawater with wastewater under 
various wastewater chemical compositions are rather limited. Particularly, there are no 
fundamental studies which investigate the role of operational parameters in fouling during 
the FO-RO hybrid process, which is one of the most important factors to development of the 
strategies for fouling mitigation during long term operation. 
High product water quality and low membrane fouling are the main advantages of FO-RO 
hybrid process in seawater desalination and wastewater treatment. Osmotic backwashing 
strategy in combination with subsequent water flushing was developed and proved to be 
very effective to clean the highly fouled membrane. Osmotic backwash also allowed for 
complete cleaning of the membrane pores. However, still FO membrane fouling is one of 
the major drawbacks of this hybrid process. This work investigated the effects of various 
operating conditions on the water flux recovery performance during seawater dilution by 
wastewater. The reported results demonstrated the feasibility of changing the 
hydrodynamic operating conditions to reduce membrane fouling and improve cleaning 
efficiency during long term operation. This study proved that membrane materials play an 
important role in controlling membrane fouling and cleaning behavior in the FO process 
because different membrane materials cause different membrane-particle interaction. The 
adopted cleaning strategy (crossflow velocity of 800 mL/min for 15 min then follow by 
osmotic backwashing for 20 min) could fully restore membrane flux at most of applied 
conditions without the use of any chemical cleaning reagents. Besides, the fouling in FO 
processes under lower cross flow velocity (100 mL/min) and at higher pH of FS (pH:8) was 
more severe and implementing the cleaning did not help to restore the water flux to original 
value. Fouling characterization by AFM, SEM and EDX suggested that, the hydrodynamic 
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drag becomes predominant at lower cross-flow velocity which forces the particles towards 
the membrane surface that promote membrane fouling following by lower flux recovery. 
Moreover, at higher FS pH the system attaint the maximum interaction between membrane 
and particles. In addition, demonstrated that the application of hydraulic pressure led to 
more severe fouling phenomena and more compact fouling that tightly held together, 
thereby resulting in lower cleaning efficiency.  
7.4 Recommendations and future works  
Using fertiliser as the DS has some process limitations; like the fertiliser nutrient 
concentration in the final product water exceeds the level acceptable for direct fertigation 
of crops. This problem is more significant when the saline water with high TDS is used as a 
source of water for desalination. Therefore, meeting the water quality standards for 
irrigation is perhaps the cornerstone to the success of the FDFO technology for direct 
fertigation.  
The integrated FDFO-NF was observed to be very effective in reducing the nutrient 
concentrations in the final product water; nevertheless, NF is a pressure based membrane 
process and could therefore still suffer from similar problems to the RO process, although 
the energy consumed by the NF process is expected to be significantly lower than that used 
by the RO process.  
For the FDFO desalination process to be an ideal low energy desalination process and 
remain energy efficient in comparison to existing desalination technologies, the FDFO 
desalination process must produce product water of acceptable quality for direct 
fertigation. This requires that the issue of process limitation of the FDFO desalination that 
limits the final concentrations of the diluted fertiliser DS must be addressed, either through 
process modifications or through alternative arrangements.  
7.4.1 FDFO desalination process using pressure assisted osmotic (PAO) process  
It was discussed that the concentration of the final diluted DS from the FDFO desalination 
will have equal osmotic pressure with the bulk feed concentration (state of osmotic 
equilibrium). It was also mentioned that it is theoretically impossible to have a net transfer 
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of water taking place towards the DS from the FS during osmotic equilibrium without 
external influence. Here, an external influence is proposed that can extend the net water 
transfer beyond the point of osmotic equilibrium. When an external hydraulic pressure (ΔP) 
is applied on the feed side of the membrane, water flux can be induced from the feed site 
towards the DS. The advantage with this concept is that the applied pressure does not have 
to overcome feed osmotic pressure (as in RO or NF) due to the state of osmotic equilibrium 
created by the presence of the DS on the other side of the membrane. In fact, the water flux 
could be equivalent to pure water flux if ICP and ECP effects are excluded in this concept.  
7.4.2 The use of osmotic fillers with the fertiliser DS  
In commercial grade fertilisers, other elements in the form of mixtures (either soluble or 
insoluble, organic or inorganic) are found, together with the major macro NPK nutrients 
either as a fillers or as essential secondary nutrients. The presence of additional elements or 
ionic species in commercial fertilisers has the effect of lowering the composition of a 
particular nutrient and the same concept was applied when the use of blended DS was 
proposed in this study. An investigation of the influence of such soluble impurities in 
commercial fertilisers on the performance of the FDFO desalination process in terms of 
water flux and final nutrient concentration was not included in this study. However, the use 
of commercial fertilisers containing these impurities or additional ionic species has a 
potential to help reduce the concentration of particular nutrient in the final FDFO product 
water.  
Likewise, it is also possible to add impurities to the fertilisers and to use their presence as 
mere osmotic fillers. The concept of an osmotic filler has therefore been proposed here for 
application in the FDFO desalination process. An osmotic filler is defined here as an 
additional draw solute that can be used for FDFO desalination, either by mixing it with the 
fertiliser or using it separately. An osmotic filler is proposed mainly as a means to provide 
additional osmotic or ionic species that will help to generate a higher osmotic pressure for 
the fertiliser DS. The presence of an osmotic filler with the fertilisers also reduces the 
percentage composition of the nutrients, and this in turn can help to achieve a lower 
nutrient concentration in the final FDFO product water. The ideal osmotic filler should have 
the following properties:  
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 It should generate high osmotic pressure  
 It should be compatible with the fertiliser solution  
 It should have easy separation from the fertiliser solutes for further recycling and 
reuse  
 It should result in low reverse solute flux in the FO process  
 It should be environmentally benign and should not cause plant toxicity  
 It should be cheap and easily available  
7.5 Other recommendations  
This thesis has shown the potential of FO process in irrigation and in hybrid process for 
seawater desalination and wastewater treatment to reduce the energy consumption. 
However, the future of FO process still has a long way to go before reaching full-scale, 
commercial potential; both in R&D and with regards to public perception.  
Further researches in the FO process have to focus on two areas to improve economic 
viability.  
 Development of a suitable application for FO process  
Development of a suitable application for the FO process that the diluted DS can be applied 
directly without the need to separate the draw solutes from the water like FDFO process. 
Fertilisers were also suggested as DS for seawater and wastewater treatment when the 
diluted DS can be used directly for irrigation.  
 Development of a suitable draw solution  
A suitable draw solution is a key factor for the development of the FO performance. The 
choice of draw solute will directly affect which draw solution recovery method to apply. As 
the driving force of the FO process, the draw solute must exhibit high solubility in water, 
high osmotic pressure and high diffusion coefficient (low molecular weight), governed by 
the theories proposed by Van’t Hoff. Separation and recovery of the DS are one of the major 
challenges facing the development of FO process. The recovery process should not be 
energy intensive; otherwise the FO process cannot be comparable with other pressure-
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driven processes. The development of an adequate and efficient DS coupled with a low-cost 
energy recovery system is crucial to the performance of the process and to achieve success 
for the large scale of the FO process.  
Future work may consider introducing a suitable solution for the FO draw side that could 
separate the draw solutes from the water with a low energy consumption technology.  
The future development of both a suitable FO application for direct use of diluted DS and a 
suitable draw solute will improve the performance of the FO process, making it a viable 
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